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Abstract 
The overall objective of this thesis is to study the optimal configuration. design and 
operating policy of batch distillation processes in different separation scenarios. In so 
doing, this work also aims to provide conceptual insights and compare the performance 
of the traditional regular column against unconventional columns. 
In the first part of the thesis, the optimal operation of extractive batch distillation 
is investigated. A rigorous dynamic optimisation approach based on a detailed model is 
employed. In addition to the regular column, the optimal operation of the process in the 
unconventional middle vessel column is examined. The liquid and vapour stream config- 
urations at the middle section of the column is explored for the first time, resulting in 
improved process performance. The performance of both columns are compared and the 
results show how their relative performances are affected by different feed compositions. 
The second part of the thesis is concerned with the simultaneous design and operation 
of batch distillation processes. The thesis proposes a stochastic optimisation methodology 
based on genetic algorithm and penalty function. Using the proposed methodology, the 
simultaneous optimal designs and operations of the regular column for different design 
scenarios are investigated using rigorous models. Furthermore, the optimal design of the 
unconventional multivessel column for multicomponent separation is studied for the first 
time. The effect of different factors such as objective function, feed composition, relative 
volatility, product specification and number of components on the optimal design of the 
multivessel system is investigated. A comparison of the performance of the multivessel 
system with the regular column is also presented. 
In the final part of the thesis, the feasibility of the genetic algorithm-penalty function 
approach in tackling simultaneous configuration selection, column sizing and operation is 
explored. In the case of binary mixture separation, the regular column was found to be 
more profitable for feeds with a high fraction of the light component whilst the inverted 
column is optimal for heavier feeds. There exists a flip point, the location of which is case 
study specific. For the multicomponent separation case study, the multivessel system is 
found to be superior to both the regular and inverted configurations. 
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Chapter 1 
Introduction 
This thesis is concerned with the conceptual study of the configuration, design 
and operation of batch distillation processes using computer-aided optimisa- 
tion techniques. In this chapter, a general background and some definitions 
of batch distillation processes are presented, followed by the motivation and 
objectives of this work. Finally, the structure of the thesis is outlined. 
1.1 Background 
Batch processing has received renewed attention over the past few decades due to the pro- 
liferation of low-volume and high-value-added chemical and biochemical industries. The 
on-going trend towards custom-made rather than commodity chemicals and the increas- 
ing cost pressures due to an over-capacity problem with high volume continuous plants, 
is likely to increase further the importance of batch processing in the future (Sharif, 1999). 
The separation principle of batch distillation is based on differences in relative volatili- 
ties between the components of a mixture. According to Fair (1988), "if the mixture is 
amenable to separation by distillation, then that is the method most likely to be eco- 
nomically attractive". Although this suggestion might be debatable, batch distillation 
remains irrefutably the most widely used separation unit operation in the 
batch chemical 
processing industry (Kim and Diwekar, 2001). 
It finds widespread applications in the 
18 
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production of fine and specialty chemicals, pharmaceuticals, polymers and biochemical 
products, either for purification purpose or for recovery of valuable solvents. In these in- 
dustries, batch distillation is more suitable than its continuous counterpart due to several 
factors: 
" Batch distillation is a single unit solution in multipurpose production plants. Unlike 
continuous distillation which requires at least n-1 columns to separate a feed of n 
components, a properly designed batch distillation column can separate mixtures 
with any number of components into its pure components. 
" Arguably the greatest advantage of batch distillation is its ability to cope better 
with different separation duties, i. e. varying feed mixture, composition and product 
specification, by simply changing the operating conditions and operating policy of 
the column. 
" Batch distillation may be more suitable in terms of economics and operability for 
small-scale production. For small volume production, the capital cost associated 
with the equipment size of the column, batch or continuous, is low compared to 
other costs such as controls, storage and buildings. Hence, the choice of batch or 
continuous distillation can be made simply on feed pattern, economics and oper- 
ability grounds on a case-by-case basis (Rose, 1985). 
" Batchwise operation provides batch identity, i. e. product tracking and traceability, 
which is imperative in the production of drugs and foodstuffs which has strict 
quality control requirement. 
1.2 Definitions 
In the following sections, different column configurations for the batch distillation process 
and its basic operation are defined. Various ways of distilling non-ideal mixtures are also 
briefly defined. 
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1.2.1 Column Configurations 
The configuration of a column can be classified primarily by the position of the feed 
charge, number of column sections and the points from which products are withdrawn. 
In most industrial cases, the batch distillation column is traditionally utilised in a recti- 
fying mode in what is often termed as the conventional regular column or batch rectifier. 
Unconventional columns were first proposed by Robinson and Gilliland (1950). How- 
ever, these novel unconventional columns are still in theoretical research and pilot plant 
development stages and have yet to be implemented for industrial usage. The different 
column configurations considered in this research are defined below (see Figure 1.1): 
Regular Column 
This traditional configuration consist of a bottom reboiler where the feed is charged, a 
rectifying column section (trays or packed) and a top total (usually sub-cooled) condenser 
system. The products are withdrawn from the reflux drum from the top into a series of 
product accumulator tanks. The overhead composition varies during the operation (most 
volatile first) and a number of cuts is usually made which are either desired product cuts 
or intermediate fractions, or of cuts, that may be recycled to subsequent batches. The 
least volatile component may be recovered as a product in the reboiler at the final stage of 
the operation. This configuration is also referred to as a batch rectifier or batch rectifying 
column. 
Inverted Column 
The inverted configuration was first proposed by Robinson and Gilliland (1950). In 
this stripping mode column, liquid feed is charged to the top reflux drum while the 
products and offcuts are withdrawn from the bottom reboiler. High boiling components 
are withdrawn first, followed by more volatile components. This configuration is also 
referred to as a batch stripper or batch stripping column. 
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Middle Vessel Column 
This configuration was originally proposed by Robinson and Gilliland (1950) and the 
interest in it was rekindled when it was re-introduced by Hasebe et al. (1992). The 
feed is mostly charged into a vessel located between two column sections, i. E. splitting 
the column into rectifying and stripping sections. Products and offcuts can be wwwith- 
drawn simultaneously from both the reflux drum at the top (most volatile first) and from 
the reboiler at the bottom (least volatile first). There can be great variety within this 
configuration, as pointed out by Warter and Stichlmair (1999), defined by the way the 
liquid and vapour streams are arranged between the middle vessel and the rectifying and 
stripping sections. This configuration is also sometimes referred to as a complex column. 
Multivessel Column 
This configuration was proposed by Hasebe et al. (1995) and is an extension of the middle 
vessel column concept. This configuration comprises of three or more column sections 
with side vessels located between the columns. The feed and products can be charged 
to, and withdrawn from, these side vessels, respectively, as well as from the reflux drum 
and reboiler. This type of column gives the greatest flexibility and number of degrees of 
freedom. It can be converted to the regular, inverted or middle vessel column by fixing 
some of the parameters. This configuration is also referred to as a multi-effect column. 
1.2.2 Basic Modes of Operation 
In practice, the operation of a typical batch distillation column can be classified 
into four 
periods, i. e. set-up, start-up period, production and shutdown periods. 
These periods 
are described below: 
Set-up Period 
The column and the ancillary equipments are cleaned and prepared. 
The mixture to be 
separated is charged into the feed drum. 
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Figure 1.1: Different batch distillation column configurations 
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Start-up Period 
In this period, heat is applied to bring the mixture to its boiling point. Part of the 
mixture is vapourised and rises upward through the column. The coolant valve to the 
condenser is opened causing the vapour to be condensed and collected into a reflux drum. 
When the liquid fills the reflux drum to a certain level, the reflux valve is opened, causing 
the liquid to be redirected into the column. Normally, the column is operated under total 
reflux for a period of time, usually until a steady state is approached or until the distillate 
composition reaches a desired product purity. 
Production Period 
The production period starts when the reflux ratio is decreased and part of the distillate 
is withdrawn into an accumulator. The operating policy in this period is the manner 
in which the column is operated, i. e. the choice of values or profiles for the operating 
decision parameters such as the withdrawal policy, column vapour loading policy and, 
if required, solvent addition policy and offcut recycling. The operating policy and its 
duration depends on the requirements of the separation duty and the economics of the 
process. Conventional operating policies include constant reflux ratio and constant distil- 
late composition whilst less conventional policies include optimal reflux ratio and cyclic 
operation. These product and offcut withdrawal policies are described below: 
" Constant reflux ratio 
The constant reflux operation is the most common practice in the industry. Product 
is withdrawn with the reflux ratio fixed at a pre-defined constant value during the 
whole cut. Composition higher than the specification is produced at the beginning 
and thereafter deteriorates. The accumulated product at the end should be at, or 
above, the desired purity. In the subsequent cuts, different (constant) reflux ratios 
may be used. This type of policy is termed as piecewise constant policy. 
" Constant distillate composition 
The distillate composition is held constant during the operation by varying the 
reflux ratio, normally using a controller. In this mode of operation, the reflux ratio 
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is varied continuously to produce on-specification product until a time when the 
reflux ratio has increased to some value considered to be uneconomical. 
" Optimal reflux ratio 
The reflux ratio profile used is optimal with respect to a particular objective func- 
tion (e. g. maximum profit, maximum productivity, minimum time, minimum en- 
ergy consumption rate etc. ) and subject to a set of constraints (e. g. product 
amount and purity). 
" Cyclic operation 
This mode is characterised by a repetition of three steps which make up one cycle, 
i. e. filling-up, transient total reflux and dumping. In the first step, little or low 
reflux back to the column and no distillate withdrawal causes the holdup in the 
reflux drum to increase to a pre-defined level. In the total reflux step, the reflux 
flowrate is set equal to the vapour flowrate into the reflux drum, so that the reflux 
drum holdup remains constant. After a sufficient duration (i. e. until steady state 
or a certain product purity is achieved), the distillate is withdrawn with either 
no reflux or low reflux to the column. The cycle is then repeated until all the 
desired products are separated. The cyclic operation for batch distillation columns 
has mainly been mentioned in the context of research and pilot plant testing (e. g. 
Sorensen, 1999 and Noda et al., 1999). The industrial implementation of this policy 
has so far not been attempted. 
In terms of the column vapour loading policy, the choices include: 
" Constant reboiler duty 
In this policy, the reboiler heat input is typically set at or near its highest capacity 
without flooding the column and held constant throughout the batch processing 
time. Due to the transient state of the composition and holdup in the reboiler. and 
the rate of vapourisation of the components, the vapour rate out of the reboiler 
varies continuously. 
9 Constant boilup rate 
This policy requires the vapour rate out of the reboiler to be kept at a particular 
level throughout by varying the reboiler duty accordingly. 
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" Constant condenser vapour load 
Vapour rate into the condenser is held at a constant value throughout the operation 
by varying the reboiler duty accordingly. 
" Constant distillate or bottom rate 
This requires constant rate of distillate (regular column) or bottom (inverted col- 
umn) throughout by varying the reboiler duty accordingly. 
The latter three policies are more commonly used for theoretical or simulation studies 
rather than in practice due to the greater difficulty involved in their implementation. 
Shutdown Period 
The heat, and subsequently the coolant supplies, are turned off. The holdup in the 
column is collapsed and left to drain into the reboiler drum. The liquid collected is either 
a main product cut or a residual offcut that may be recycled to the next batch. The 
condenser holdup may be mixed with the final top cut or with the reboiler material. 
Further Remarks 
The above operating modes apply primarily to a regular column. For other configurations, 
the operation modes will be a variation of the sequences mentioned above. It is also 
possible to combine the various operating policies for a given separation. Apart from 
the withdrawal and column vapour loading policies, there are other operating decision 
variables, especially for more flexible configurations like the unconventional multivessel 
column (see section 1.3), the choice of which depends on the properties of the mixture 
being separated as well as on economics consideration. 
1.2.3 Distillation of Complex Systems 
Close-boiling and low relative volatility mixtures are difficult and often uneconomical 
to distill, and azeotropic mixtures are impossible to separate into pure components by 
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ordinary distillation. Yet such mixtures are quite common and many industrial processes 
depend on efficient methods for their separation. 
An azeotropic mixture is a non-ideal mixture with a deviation so large that the pressure- 
composition and temperature-composition phase diagrams exhibit a minimum or maxi- 
mum point. At these minima and maxima, the liquid phase and its equilibrium vapour 
phase have the same composition and the dew-point and bubble-point curves are tangent 
with zero slope. These are the defining conditions for a homogeneous azeotrope where 
a single liquid phase is in equilibrium with a vapour phase. Mixtures that form two 
liquid phases are capable of forming heterogeneous azeotropes where the overall liquid 
composition is identical to the vapour composition, but the vapour and liquid surfaces 
are not tangent with zero slopes (Fair, 1997). 
Azeotropes and low relative volatility mixtures can be separated in a distillation column 
by altering the relative volatilities, or in the case of azeotropes, shifting the azeotropic 
point to a more favourable position. This can be done by using appropriate operating 
pressure or by the addition of specially chosen chemicals to facilitate the separation. The 
methods of azeotropic separations can be classified as follow: 
" Extractive distillation 
Extractive distillation is defined as distillation in the presence of a miscible, high- 
boiling, relatively non-volatile component (known variously as solvent, entrainer, 
extractive agent or extractant) that does not form any azeotropes with other com- 
ponents in the mixture. The solvent breaks the azeotrope by altering the relative 
volatilities of the various components, which then permit the sequential withdrawal 
of different cuts, each one rich in one of the components of the feed, from the reflux 
drum at the top. The solvent is retrieved in the bottom stream and may be re-used. 
" Homogeneous azeotropic distillation 
Similar to extractive distillation, a miscible liquid separating agent is added to 
break the azeotrope mixture. However, a light solvent is used and recovered in the 
distillate. 
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" Heterogeneous azeotropic distillation 
In this method, commonly referred to simply as azeotropic distillation, the liquid 
separating agent forms one or more azeotropes with the components in the mix- 
ture and causes two liquid phases to exist over a broad range of compositions. 
The immiscible liquid-liquid phases are then separated according to a distillation 
sequence. 
" Distillation in the presence of ionic salts 
The salt dissociates preferentially in the liquid mixture and alters the relative 
volatilities sufficiently so that the separation becomes possible (e. g. Llano-Restrepo 
and Aguilar-Arias, 2003). 
" Reactive distillation 
The separating agent reacts preferentially and reversibly with one or more of the 
azeotropic components. The reaction product is then distilled from the non-reacting 
components and the reaction is reversed to recover the initial component. 
" Pressure-swing distillation 
A series of columns operating at different pressures are used. A separating agent 
which forms a pressure-sensitive azeotrope can also be added to ease separation. 
1.3 The Batch Distillation Optimal Configuration, Design 
and Operation Problem 
Unlike continuous distillation which is typically studied at steady state for most design, 
operation and control purposes, batch distillation is inherently a dynamic system due 
to temporal variations in composition and holdup, i. e. the amount and composition of 
material remaining in the column change over time as the products are withdrawn in 
the order of their volatilities. As a result, for a tray column, the dynamic mathematical 
model which describe its operation typically comprises of ordinary differential equations 
for material and energy balances, and algebraic equations for the equilibrium relation- 
ships, hydrodynamics and physical properties. 
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Typically, the general problem statement for batch distillation design is the specification 
of the most cost effective batch distillation system for the separation of a mixture (or 
several mixtures) into its components to a specified or minimum degree of purity. The 
system to be specified involves the following decision variables categorised as follows 
(summarised in Table 1.1): 
" Configurational Variables 
- number of column sections 
- initial feed charge distribution 
- product, offcut and solvent withdrawal locations 
- feed, offcuts and solvents input locations (semi-batch) 
" Design Variables 
- batch size 
- transfer unit capacity (number of plates or 
height of packing) 
- column holdup 
- column diameter 
- detailed column dimensions 
" Operation Variables 
- column pressure 
- task intervals duration 
(thus, total batch time) 
- column vapour loading 
- reflux or(and) reboil ratios 
- solvent addition rate 
- additional variables 
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Degrees of Freedom This Summary Remarks Chapter t 
Study 
Configurational Variables 
Number of column sections 
Initial feed distribution 
Withdrawal location 
Input location 
Design Variables 
Batch Size 
Transfer unit capacity 
Column holdup 
Column diameter 
Detailed dimensions 
Operation Variables 
Column pressure 
Task intervals 
Column vapour loading 
Reflux and/or reboil ratios 
Solvent addition rate 
Additional variables 
S, Different column configurations 6 
selection. 
S, Different column configurations 5,6 
selection. 
S, / Different column configurations 6 
selection. 
S, X Solvent addition location specified (4) 
in chapter 4. Semi-batch and off 
cut recycling not considered. 
S Typically based on an a priori spe- - 
cific plant capacity requirement. 
Sý Only tray column sections are 5,6 
considered. 
S 
X Typically based on detailed calcu- 
lation after preliminary design. 
X Typically based on detailed calcu- 
lation after preliminary design. 
,S Typically based on thermophys- - 
ical/chemical properties, safety 
factor and general economic 
heuristic. 
4,5,6 
Constant reboiler duty, constant 4,5,6 
boilup rate and constant con- 
denser vapour load considered. 
Constant piecewise policy 4,5,6 
considered. 
Constant rate considered. 4,5,6 
Extra variables afforded by un- 4 
conventional columns, i. e. inter- 
column stream configuration and 
side heat input 
S specified; J optimised; x not considered 
t chapter(s) in which the variable is optimised 
Table 1.1: Summary of degrees of freedom in batch distillation design 
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Configurational Variables 
Traditionally, these configurational variables are seldom considered in industrial batch 
distillation design where the design engineer invariably starts off the design process with 
a batch rectifier structure in mind. If these fundamental configurational degrees of free- 
dom are explored, novel unconventional columns emerge (as defined in section 1.2.1) that 
might provide performance advantages over the traditional batch rectifier. These con- 
figurational variables are inherent in the highest hierarchy of decision-making, namely - 
where should the feed be placed, where should the products be collected and should more 
than one column section be used? The consideration of these configurational decision 
variables may provide greater gain in the process economics and performance than the 
optimisation of the design and/or operation variables (described below) as in common 
design practices. Furthermore, these novel column configurations can themselves evolve 
additional operation degrees of freedom compared to the traditional batch rectification 
configuration. 
Other configurational decisions look at whether, and where, to introduce the feed inter- 
mitently during the process, either in a semi-batch mode where only part of the feed is 
fed during the process or, to the extreme case of sequential steady state batch distillation 
(Abram et al., 1987 and Mujtaba, 1997) where the whole feed is charged continuously to 
a suitable location in the middle of the column from a feed tank. The input location of 
offcuts from the previous batch and solvent (if needed) can also be considered and may 
be determined optimally. 
Design Variables 
Theoretically, a batch distillation system capable of handling large batch sizes is more 
cost effective due to economy of scale and reduction in total set-up time over a production 
period. However, the nominal batch size is normally dependent on the short or medium 
term inventory requirement of a particular plant. The batch size can be determined a 
priori via optimal capacity and product portfolio planning, or even as a result of a wider 
supply chain optimisation study. 
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The main design variable to be decided upon is the transfer unit capacity, i. e. the num- 
ber of stages or amount of packing. Column liquid holdup also affects the performance 
(e. g. batch processing time) of batch distillation depending on the separation task (e. g. 
degree of difficulty of separation as defined and proven by Mujtaba and Macchietto, 1998). 
It should also be noted that the column diameter and detailed sizing of the trays' in- 
ternal dimensions, condenser, reboiler, reflux drum and accumulator units are normally 
performed during the detailed engineering stage which is after the main decision vari- 
ables (configurational, design and operation variables) have been obtained. For example, 
when the column holdup and column vapour loading have been set, the column diameter 
and tray internal dimensions are then designed to adjust the vapour flow conditions so 
as to take into account foaming, flooding, weeping and entrainment effects. Therefore, 
the inclusion of these parameters in the optimisation framework, although theoretically 
possible, is not typically performed because it serves only to increase the complexity 
and size of the optimisation problem, to a point of very high, and possibly unjustifiable, 
computational cost and to very little benefit. 
Operation Variables 
Operation variables are typically concerned with how a fixed batch distillation column is 
to be operated in order to fulfil the separation task cost effectively. Thus, for an exist- 
ing column configuration and design, the operation variables such as operating pressure, 
tasks intervals, column vapour loading, reflux ratio, reboil ratio and solvent addition rate 
can be optimised. 
The setting of the column operating pressure in practice depends, as a first priority, on 
the thermal sensitivity of the separation mixture. In the case of thermo-sensitive mix- 
tures like high molecular weight material, vacuum operation might be used in order to 
reduce the boiling temperature of the material to below a value at which product de- 
composition occurs. For other mixtures, an optimal pressure can be decided based on 
economic trade-off, e. g. when pressure is raised, the relative volatility decreases resulting 
in the need for more contact stages and higher reflux. Pressurised and vacuum operation 
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Figure 1.2: Additional operational degrees of freedom in complex columns 
are often purposely avoided due to their complexity, their risk factor as well as capital 
and operating penalties incurred by additional auxiliary equipments for pressurisation 
and refrigeration. In practice, the determination of pressure via a rigorous economic op- 
timisation framework is seldom deemed necessary considering the computational effort 
involved and whenever possible, the column is typically operated at atmospheric pressure 
or slightly above it (Smith, 1995). 
As mentioned above, some unconventional column configurations can derive additional 
variables that can also be taken into consideration and used to improve the performance 
of the batch distillation process. For example, complex configurations like multivessel 
and middle vessel columns supply further decisions on how the vapour and liquid streams 
between their side vessels and column sections ought to be connected, as well as whether 
the opportunity for additional heat input and material withdrawal from the side vessels 
should be taken up (Figure 1.2). 
Computer-aided Optimal Configuration, Design and Operation 
This thesis is concerned with the determination of the optimal, i. e. the most economical 
configurational, design and operation variables for a given separation duty, i. e. minimum 
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product purity requirement (the quantity of feed mixture to be separated and operating 
pressure are given, as discussed above). An economics optimality criterion is based on 
production revenue, capital and running costs of the open-loop batch distillation systems 
operating at nominal capacity. Figure 1.3 shows an overview of the batch distillation 
design problem. The separation system may vary from a simple ideal binary mixture 
to complex multicomponent mixtures with azeotropic characteristic. The process con- 
straints may be as varied as a single purified product to a multipurpose scenario whereby 
a single unit is utilised for the separation of different mixtures. 
Note that this study considers the most important and time-consuming period of pro- 
duction (production period described in section 1.2.2) as well as the total reflux duration 
of the start-up period. The simulation of the start-up period where an empty column 
is filled progressively requires either a detailed modelling of the plate hydraulics, or the 
process can be simplified by assuming a certain holdup state during initialisation, e. g. at 
feed composition and the boiling point temperature. The set-up and shutdown periods 
are normally represented by an estimated fixed time duration (typically based on previ- 
ous experience of similar batch sizes). 
Also note that this study does not consider partially fed batch distillation (e. g. semi- 
batch or sequential steady state) nor the steady state design which considers the added 
dimension of inter-batch offcuts recycling. 
A Note on Uncertainty 
Like most unit operations, batch distillation is susceptible to internal uncertainty like pro- 
cess disturbances and external uncertainty such as changing feed and product demand. 
Thus, controllability and flexibility issues may be defined and considered concurrently 
during the optimal design stage. Other operability issues like column availability, safety, 
environment impact, start-up, shutdown and maintainability may also be quantified in 
some way and integrated within the process design optimisation problem. The full in- 
tegration of these process operability issues within the process design stage is beyond 
the scope of this project where the emphasis is more on economic design and operation 
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[Separation 
Mixture(s) Process Constraints 
Design Solution low Objective(s) Methodology 
Optimal Configuration, Design 
and Operation 
---------------------- 
Process Uncertainty 
--------------------- 
--------------------- 
Offcuts Recycling 
--------------------- 
Figure 1.3: Overview of the batch distillation design problem 
in a nominal process, as mentioned above. However, closed-loop design based on dual 
objectives of economics and operability is highlighted as an important direction of future 
research (chapter 7) following the work in this thesis. 
1.4 Motivation and Objectives of This Thesis 
Batch distillation is becoming more important in parallel with the recent increase in the 
industrial production of high value-added and low-volume fine and specialty chemicals, 
pharmaceuticals, polymers and bioproducts. With high demand growth rates, increased 
competitiveness and tightened environmental regulations faced by these industries, there 
is a continuous impetus towards increasing the cost-effectiveness, productivity and effi- 
ciency of the production process (Furlonge, 2000). 
In recent years, one of the most significant efforts in providing cost effective solutions 
involves seeking improvement at the fundamental batch distillation configuration itself, 
resulting in the emergence in academic studies of various novel unconventional columns 
and their alternative operating policies. Another trend that can be seen in both academic 
research and industrial practice is the increasing application of computer-aided tools for 
process engineering studies. 
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The general aim of this work is to gain further understanding of the optimal configuration. 
design and operation of different batch distillation systems by: 
" developing suitable models and applying optimisation methodology for the deter- 
mination of the most profitable configuration, design and(or) operating policy for 
a number of case studies, and 
" investigating the effect of different design scenarios on the optimality in order to 
elicit specific, or possibly general, guidelines for the design and operation of batch 
distillation columns. 
A state-of-the-art literature review in this thesis (see chapter 2) as well as a similar review 
conducted by Kim and Diwekar (2001) have identified some main motivational areas of 
research in batch distillation which directs the work conducted in this research: 
" operation of complex batch distillation processes 
" batch distillation design 
" unconventional batch distillation processes 
1.4.1 Operation of Complex Batch Distillation Processes 
Many separations performed in industry involve low relative volatility and non-ideal 
mixtures like azeotropic systems. Distillation methods for their separation, as defined 
in section 1.2.3, are commonly applied in a continuous multi-column mode in industry. 
However, practical application of complex distillation in the batch mode is still limited. 
For example, the concept of extractive batch distillation has only been explored recently 
in the open literature. Although it is believed that the extractive batch distillation pro- 
cess has been attempted in the industrial setting, no reports on this can be found in the 
open literature. 
The majority of the studies available on extractive batch distillation were concerned 
with background feasibility work, for example, theoretical graphical analysis, as well as 
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a number of works which attempted simulation studies. The inherent dynamic nature 
of the batch distillation process coupled with the added complexity of thermodynamic 
behaviour of azeotropic mixtures and the extra degrees of freedom like solvent addition, 
make for a challenging problem. As a result, simplified models have been used in order 
to reduce the computational effort required for the challenging task of dynamic simula- 
tion and optimisation. However, the assumptions employed can reduce the accuracy, and 
thus, the applicability of the solutions obtained (Furlonge, 2000). The optimal operat- 
ing policy was mostly explored via simulation studies, a method that does not give the 
whole picture of the process when the degrees of freedom interact with each other. The 
research to date, coupled with industrial expectation, point to a need for a more rigorous 
optimisation study of these complex batch distillation systems. 
In this work, a comprehensive optimisation of the operation of an extractive batch dis- 
tillation system is studied based on the feed, products, solvent and operating costs. The 
study takes into account the utilisation of a detailed model and the exploration of a wider 
range of degrees of freedom in order to achieve a more realistic and rigorous study of the 
process (chapter 4). 
1.4.2 Design of Zeotropic Batch Distillation Processes 
The optimal operation of batch distillation for zeotropic mixture separation has been the 
subject of extensive research over the years; as such, they are fairly well-understood and 
well-established. On the other hand, there have been relatively few studies on optimal 
design of batch distillation. This might be due to optimisation difficulties associated 
with the inherent transient property of the batch process and the problem of handling 
discrete design variables, such as the integer number of stages in the column and(or) the 
disjunction encountered in column configuration selection, in addition to the continuous 
operation variables. The complexity of the optimisation problem can increase for un- 
conventional columns, for example, in the case of multivessel columns where the lengths 
of column sections relative to each other are to be determined. The challenge also ap- 
pears in tackling the nonconvexity of the optimisation solution space especially when the 
objective function is a nonlinear economics model which encompasses both design and 
operational economics simultaneously. 
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In industrial practice, the design of batch distillation columns is still commonly carried 
out using an heuristic approach that relies on engineering knowledge and experience 
which starts off with an order of magnitude calculation followed by judgement based on 
iterative calculations and sensitivity analysis aided by repeated computer simulation runs. 
This work aims to present the optimal design of batch distillation processes (chapter 
5) using a stochastic optimisation methodology (chapter 3). The optimisation is also 
expanded to tackle simultaneous optimal column configuration selection, design and op- 
eration (chapter 6). 
1.4.3 Comparison of Unconventional Batch Distillation Processes 
In industry, the batch distillation process is typically operated in the traditional rec- 
tification mode which consists of a single column section with the feed charged to the 
reboiler. In response to industrial impetus for more efficient separation processes, aca- 
demic research on unconventional column configurations and operating policies has re- 
gained considerable activity over the past decade although the introduction of these novel 
processes were first made by Robinson and Gilliland (1950). Nonetheless, the implemen- 
tation of these unconventional columns are seldom seen in industrial practice. This may 
be attributed to the fact that the body of research in this area is still confined to the 
development stages like feasibility analysis, simulation-based sensitivity studies and op- 
timal control studies. Recently, a few experimental works have begun in the laboratory 
and pilot-plant scale (Barolo et al., 1996; Wittgens and Skogestad, 2000; Noda et al., 
2001 and Warter et al., 2002). 
Insofar as works on comparative studies between regular and unconventional columns 
based on optimisation is concerned, the reported work in this area is rather limited. 
Thus, there is a need to initiate more rigorous comparative optimisation studies based 
on the use of a more conclusive economics performance index (instead of the frequently 
used minimum process time, minimum energy consumption or maximum production 
rate indices). There is also scope for better exploitation of the additional degrees of 
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freedom afforded by the unconventional columns and consideration of the influence of 
a wider range of design scenarios (chapters 4 and 5). This study also aims to expand 
on the previous optimal operation works to include the consideration of design variables 
in order to compare optimally-designed unconventional and regular columns for the first 
time based on the economics objective function (chapter 5). 
1.4.4 Summary of Thesis Objectives 
The specific objectives of this thesis are as follow: 
9 To conduct a more rigorous optimisation study on the complex extractive batch 
distillation operation. 
" To investigate the optimal operation of the extractive distillation process in alter- 
native configuration such as the middle vessel column. 
" To compare the optimal operation performances of the different column configura- 
tions. 
" To develop a methodology for optimal design of batch distillation processes. 
" To apply the above methodology to the design of both regular and unconventional 
columns and to conduct a more comprehensive study on the effect of different design 
scenarios on the optimal results. 
9 To compare the optimally-designed regular and unconventional columns. 
" To develop a methodology for automated determination of optimal 
batch distillation 
configuration design. 
" To apply the methodology to both binary and multicomponent case studies and to 
gain insight on the configuration selection under different separation scenarios. 
1.5 Outline of The Thesis 
Chapter 2 presents a critical survey of selected literature on the modelling of 
batch dis- 
tillation followed by a state-of-the-art review on extractive batch distillation, the 
design 
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of batch distillation columns and finally, works on unconventional batch distillation pro- 
cesses. 
Chapter 3 outlines the dynamic models used in this work. The dynamic simulation tech- 
nique as well as the deterministic and stochastic approaches used to solve the dynamic 
optimisation, are presented. 
In chapter 4, a comprehensive optimal operation study on the separation of a binary 
azeotropic mixture using extractive batch distillation is presented. A detailed tray model 
was used and the operating policies of both regular and middle vessel columns were in- 
vestigated for different scenarios and compared. 
In chapter 5, work on simultaneous design and operation of batch distillation is pre- 
sented. The effect of different design scenarios for both regular and multivessel columns 
are studied, followed by a comparison between the two configurations. The optimisation 
in this chapter is tackled using the stochastic approach. 
Chapter 6 attempts the batch distillation configuration design problem by embedding the 
decision on column configuration selection within the stochastic optimisation approach 
used in the previous chapter. Case studies for both binary and multicomponent zeotropic 
mixtures separation are presented. 
Finally, in chapter 7, the overall conclusions and main contributions of this project are 
listed. This thesis concludes with a brief outline of possible future research. 
Chapter 2 
Literature Review 
This chapter presents a detailed literature review on particular areas of past 
research that motivate the objectives of this work, as outlined in chapter 
1. The chapter starts with a classification of batch distillation models fol- 
lowed by a critical chronological review on the research areas of extractive 
batch distillation, batch distillation design methodology and unconventional 
columns. 
2.1 Review of Batch Distillation Modelling 
The theoretical analysis of the elementary simple distillation presented by Rayleigh (1902) 
marks the first theoretical work on batch distillation. The concept of reflux and the use 
of plates and packing materials to increase the mass transfer converts this simple still 
into a distillation column. McCabe and Thiele (1925) presented a graphical analysis of 
the staged distillation column with reflux and thus provided the analytical basis for batch 
distillation operating modes. Smoker and Rose (1940) presented the first analysis of the 
constant reflux operation of batch distillation using the Rayleigh equation in conjuction 
with the McCabe-Thiele graphical method. Bogart (1937) presented the first analysis 
of the variable reflux policy using a similar method as that of Smoker and Rose (1940). 
These early models of the regular column, which relied on analytical and graphical anal- 
ysis, were all limited to ideal binary systems. 
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Modelling Assumptions Simplified Rigorous Detailed Rate- 
Models Models Models based 
Models 
Negligible liquid holdup on the trays V 
Constant molal overflow N/ -V/t 
Negligible vapour holdup N 
Phase equilibrium V 
Perfect mixing V 
Adiabatic operation V V 
f semi-rigorous model 
Table 2.1: Classification of batch distillation models 
Later, the introduction of digital computers to solve models numerically played an im- 
portant role in the gradual relaxation of modelling assumptions and in the handling of 
more complex models (e. g. more components and number of trays). However, the stiff- 
ness of the set of the DAE system describing the batch distillation model 1 coupled by 
its complexity 2, used to render digital simulation of the process a non-trivial task, due 
to the instability of the numerical integration methods used (i. e. explicit integration 
techniques as opposed to implicit) and the initial lack of computational capability (i. e. 
speed and memory), respectively. This led to the development of alternative simplified 
models that attempt to reduce the computational time in a trade-off with the accuracy 
of the model prediction. The range of model abstraction studied in the past literature 
can be broadly classified as follow, according to the assumptions employed 
(Table 2.1): 
" Simplified models 
" Rigorous models 
" Detailed models 
" Rate-based and higher hierarchy models 
'attributed to the large differences in component volatilities or(and) the much greater ratio of reboiler 
to tray holdup, compared to continuous distillation. Thus, the tray 
dynamics are significantly faster than 
the reboiler dynamics. In addition, batch distillation 
display severe transients compared to continuous 
distillation where the variations are relatively smaller. 
2that grows with the number of stages and components. 
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Simplified Models 
The simplification of the models in this category mainly involves tackling the stiffness 
during numerical integration caused by the large time constant difference between the 
reboiler and the trays. The modelling solution (as opposed to integration solution) to 
this problem is based on splitting the system into two levels - the reboiler, where the 
dynamics are slower, is represented by differential equations; whilst the rest of the col- 
umn tray cascade is simplified in some way. For example, the column tray cascade can 
be assumed to be in a quasi steady state where the composition and enthalpy changes in 
the condenser and trays were assumed to be zero (e. g. Domenech and Enjalbert, 1981 
and Bernot et al., 1991). The pseudo stationary cascade model presented by Ruiz Ah6n 
and de Medeiros (2001) is another similar variant where the dynamic response delay 
of the column tray cascade is neglected, thus the cascade model operates in a pseudo 
stationary state where the internal and output variables change simultaneously with an 
input change. Also, in this model, the mass balance and equilibrium set of equations are 
de-coupled from the energy balance equations by relaxing the latter group of equations 
via a McCabe-Thiele approximation. 
In another example, in the short-cut model as proposed by Diwekar and Madhavan (1991), 
the column tray cascade was simplified by developing a more direct relationship between 
the distillate and bottom reboiler compositions based on the Hengestebeck- Geddes' equi- 
fibrium relationship, Fenske and Underwood equations and Gilliland correlation (FUG). 
It assumes negligible tray liquid holdup and constant molal overflow (i. e. negligible sensi- 
ble heats effect and similar latent heats of the mixture components). The short-cut mod- 
els have also been modified to incorporate holdup issues (Diwekar, 1994). Other works on 
short-cut models include Galindez and Fredenslund (1988), Logsdon et al. (1990), Chiotti 
and Iribarren (1991), Al-Tuwain and Luyben (1991), Sundaram and Evans (1993), Zamar 
ct al. (1998) etc. 
Rigorous Models 
Unlike the simplified models where the holdup in the column section is neglected, the 
category of rigorous models considers the stage-by-stage column dynamics, in addition 
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to the dynamics of the major holdups in the reboiler and condenser. The negligible 
tray liquid holdup assumption is relaxed, and holdup on each stage is responsible for 
the dynamics of each stage with differential mass and energy balances being the govern- 
ing equations. The differential energy balance is sometimes simplified to an algebraic 
equation by assuming fast energy dynamics or, in the case of semi-rigorous models, the 
assumption of constant molal overflow is retained. The assumptions retained in this type 
of model include negligible vapour holdup, constant liquid holdup in the trays, phase 
equilibrium and adiabatic operation. Works with this model include Huckaba and Danly 
(1960), Meadows (1963), Distefano (1968), Boston et al. (1980), Mujtaba and Macchietto 
(1996) and Sharif et al. (1998). 
Detailed Models 
Works by Bosley and Edgar (1994), Tomazi (1997) and Furlonge et al. (1999) have in- 
cluded greater details in batch distillation modelling which relaxes the assumptions of 
negligible vapour holdup and constant liquid holdup in the trays. Their models took 
into account variable liquid and vapour holdups by the inclusion of equations describing 
tray hydraulics like liquid weir overflow, downcomer dynamics and pressure drop-vapour 
flowrate relationships. For studies involving optimal control, they found that common 
modelling assumptions such as constant molal overflow and, indeed, constant liquid tray 
holdup, had significant impact on their results. For example, it was found that the 
optimal values of decision variables are significantly affected by the degree of detail in 
modelling, and moreover, the optimal solutions obtained with simpler models were found 
to violate important constraints when they were implemented in detailed model simula- 
tions (Furlonge, 2000). 
Rate-based and Higher Hierarchy Models 
So far, the categories of models described above assume theoretical stages where the 
vapour and liquid streams leaving a stage are in equilibrium with each other. The com- 
mon method of representing non-equilibrium or real trays is to use an efficiency factor of 
some kind, most likely to be either an overall efficiency or the Murphree efficiency which 
can be easily incorporated into the equilibrium set of equations. There have been works 
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that included mass and energy transfer dynamics which are known as non-equilibrium or 
rate-based models (Mehlhorn et al., 1998 and Kruel et al., 1999). In these models, the 
balance equations are written for both liquid and vapour phases within the stage and 
then linked by transport equations around the interface (e. g. Maxwell-Stefan diffusion 
equations for mass transfer). The models mentioned so far assume perfect mixing of the 
fluid in the stages. To relax this assumption, higher hierarchy models consider partial 
mixing (non-uniform composition in a stage). This adds greater complexity to the model 
as the dimension of concentration change increase from one to three taking into account 
the flow pattern in the stage. 
Further Notes 
The basic common assumptions among all the models described above are that the phases 
are prefectly mixed and that the column is operated adiabatically. To the best of our 
knowledge, there has been no report on study effort involving the modelling aspect of 
mixing phenomena and heat loss to the column environment. 
In terms of the thermodynamics models used, many studies have utilised the ideal be- 
haviour or constant relative volatility assumptions. Using rigorous thermodynamics mod- 
els, which take into account both liquid and vapour fugacities as a function of tempera- 
ture, pressure and composition, adds to the complexity of the batch distillation system. 
Nonetheless, these rigorous thermodynamics models are essential for dealing with the 
separation of non-ideal and azeotropic systems. 
2.1.1 Summary 
Over the past four decades, many studies have been conducted on the modelling and 
simulation of the conventional batch distillation column. Hence the dynamic behaviour 
for the regular column is a fairly well understood area. Over the course of computational 
and algorithmic advancement, a wide hierarchy of models have been employed. These 
models have generally been simplified to aid the numerical solution, namely to tackle 
the stiffness of the system of describing equations and(or) to reduce the computational 
times. However, with the advent of more robust solution techniques, the use of simplified 
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modelling techniques, as opposed to using a more robust solution algorithm such as im- 
plicit integrators, to circumvent the numerical solution problem, is no longer warranted 
in most circumstances. 
As a result, the selection of batch distillation models nowadays should be based on the 
purpose of its usage and thus considering the aspects of computational Costs 3 accuracy 
of model prediction and data availability. For example, in feasibility and quick sensitiv- 
ity studies, the usefulness of abstracted models depends on the computational ease with 
which they can be analysed for global behaviours without compromising accuracy. 
In the case of simulation and optimal control studies whereby the tray geometry is avail- 
able, it has been shown that using detailed or rate-based models can achieved better 
prediction of experimental results with reasonable computational effort, thus the trade- 
off between computational cost and accuracy becoming less of an issue (Kreul et al., 1999 
and Furlonge, 2000). However, for problem such as configuration and design optimisation 
studies, the complexity of the model to be utilised is limited by the non-availabiEtY of 
preliminary data such as the detailed column internal dimensions (as described in Section 
1.3) and to some extent, computational cost. 
2.2 Review of The Extractive Batch Distillation Process 
Extractive distillation is an important process in the chemical industries for the sepa- 
ration of azeotropes and components with close boiling points. Continuous extractive 
distillation is a well-known and widespread technology in the chemical industries. In 
contrast, extractive batch distillation is a relatively new process with limited instances 
of industrial implementation. This process offers the advantages of both batch and ex- 
tractive distillations, hence it has been actively studied in recent years. In this section, 
a chronological review of works conducted on extractive batch distillation is presented, 
starting with the work by Bernot et al. (1990) to the latest work by Warter et al. (2002). 
3 Note that some simplified models can be computationally more expensive than the rigorous model, 
for example in the case of quasi steady state model where an iterative solution of nonlinear tray-to-tray 
algebraic equations is needed. 
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Bernot et al. (1990) introduced a graphical technique that can be used to determine the 
sequence of distillate fractions from an initial feed composition of an azeotropic mixture. 
The method involved defining the different batch distillation regions on the state com- 
position map in the limiting case of infinite number of stages and reflux or reboil ratios. 
The method is rapid and easy as the residue curve maps required only minimal com- 
putational effort to generate and minimum knowledge of the boiling points of the pure 
components and azeotropes. Once the batch distillation regions have been defined, the 
sequence of product fractions can be predicted for any initial feed composition depending 
on which distillation regions the composition lies on. A ternary mixture was presented as 
an example in their study. Bernot et al. (1991) extended their method of sequence and 
feasibility prediction to inverted columns and quaternary mixtures. They also showed 
how the analysis of batch distillation regions can help in solvent selection and that the 
separation sequence can be modified by using appropriate solvents. A similar technique 
was also used by Diissel and StichImair (1995) and Salomone and Espinosa (1999). The 
possible drawback of this method, which can be useful for preliminary design, is that 
residue curve maps for mixtures having more than four components cannot be visualised 
and are difficult to represent. 
Although extractive distillation is widely used in industry as a multi-column continuous 
system, Yatim et al. (1993) were the first to consider the application of extractive batch 
distillation via a pilot plant column and a computer model for comparison. They proposed 
and simulated a four steps operating policy for extractive batch distillation of binary 
minimum azeotrope mixtures (with semi-continuous solvent feeding near the top of the 
column): 
Step 1 Total reflux operation without solvent feeding. This establishes the azeotropic 
composition at the top. 
Step 2 Total reflux operation with solvent feeding. This breaks the azeotrope and 
achieves a high purity of the light component at the top. 
Step 3 Finite reflux ratio operation to withdraw the light component. 
Step 4 Finite reflux operation without solvent feeding. The heavy component is with- 
drawn and high purity solvent is left in the reboiler. 
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The model used by the authors included dynamic mass and energy balances, but con- 
stant liquid holdup and negligible vapour holdup in the trays were assumed. Simulation 
results for an acetone- methanol separation mixture using water as solvent were found 
to be in close agreement with experimental data. They achieved a recovery of 82% for 
acetone with 96 mol% purity. It was shown that the termination time of the production 
of the more volatile component due to the deterioration of the distillate quality, can be 
indicated by the steep rises of temperatures on the trays below the solvent feed tray. 
The group added some parametric simulation studies in a later paper (Lang et al., 1994). 
Using a similar model, the effects of various parameters like reflux ratio, solvent feedrate, 
solvent feed tray, reboiler heat duty, batch size and feed composition were investigated 
by varying one parameter individually whilst keeping the others constant. Although an 
optimal operation cannot be determined from these results as the parameters are interde- 
pendent, nonetheless, the parametric analysis demonstrated the significant effects of the 
operation parameters on the separation performance of the extractive batch distillation. 
Lang et al. (2000) investigated the performance of extractive batch distillation for the 
separation of maximum azeotropes. Again, the effects of various parameters were stud- 
ied via simulation whilst the optimum values of the parameters were determined through 
sensitivity analysis. 
Watson et al. (1995) did work similar to Bernot et al. (1991), i. e. development of an op- 
erating policy for separating a highly non-ideal quarternary mixture which involved firstly 
the prediction of product sequence using the graphical method of Bernot et al. (1991) and 
then modifying the sequence via solvent addition (near the top of the column) to favour 
the entrainment of selected components. The thermodynamic analysis of the methanol, 
cyclohexane, ethanol and water mixture using the NRTL physical property model showed 
a complex system of four binary azeotropes and a ternary azeotrope, some of which are 
heterogeneous. They also presented the industrial cyclic operating policy. For this par- 
ticular industrial separation objective, simulations with a rigorous model showed that 
cyclic operation offers simpler implementation and more advantages over extractive dis- 
tillation operation. However, this was a special case where the quantity of some of the 
components in the initial feed mixture was very small and comparable to the tray and 
condenser holdups. Therefore, besides the distillation region, the column holdup has a 
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great influence on product withdrawal and ultimately on the choice of operating strategy. 
Safrit et al. (1995) was the first published work analysing the potential of the middle 
vessel column for extractive batch distillation. In their paper, the graphical analysis for 
continuous extractive columns by Wahnschafft and Westerberg (1993) was applied to 
batch distillation. Using the insight of a pinch point curve technique, they were able 
to explain graphically that the limited recovery of the distillate product (82%) seen in 
the work of Yatim et al. (1993), was due to the column's extractive section becoming 
infeasible during the column operation. They also conclude that it is theoretically possible 
to recover all the distillate product by avoiding the intersection of the still path and 
pinch point curve. They argued that increasing the solvent flowrate (near the top of the 
column) would delay this intersection but this would also require a huge still pot, i. e. 
a total distillate recovery would require an infinite size still pot; however, this problem 
can be overcome by using the middle vessel column. With more degrees of freedom to 
influence the still path, i. e. top and bottom withdrawals and solvent rates, the middle 
still pot can be steered towards the intermediate component to achieve high recovery 
in the distillate. The steering was accomplished by adding an equality constraint into 
their model. The problem of still pot size is also overcome because in this configuration, 
solvents are continuously withdrawn from the bottom. A simulation was conducted for 
both the batch regular and middle vessel columns. The operation for the middle vessel 
was performed in the following steps: 
Step 1 Solvent addition with distillate removal but with no bottom removal. 
Step 2 Solvent addition with bottom and distillate removal. The bottom is recycled 
back to the top part of the column as solvent. 
For the same distillate purity as seen in Yatim et al. (1993), the recovery was increased 
to 99.5%. Safrit et al. (1995) also noted that while the steering of the still path in 
the middle vessel does determine the 'optimal' solvent withdrawal to addition ratio, the 
flexibility of the middle vessel column allows for many other column parameters to be 
optimised. For example, the results of their simulation show that, although the recovery 
has been improved, large reflux and reboil ratios were needed, which resulted in a long 
processing time. This trade-off suggest a need for a thorough optimisation in order to 
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find the most economical performance. 
Safrit and Westerberg (1997) conducted simulation studies to find the sensitivity of the 
column parameters to a profit function, in particular, solvent flowrate and switching times 
between operation steps. They stated that, although the still path steering operation 
policy towards the intermediate component may have been an optimal or near optimal 
way of maximising the product revenue, a more realistic objective function and operation 
policy should include overall costs, e. g. utility consumption, waste costs, inventory and 
capital investment. The operation steps are similar to Safrit et al. (1995) but unlike 
their operation, not all of the acetone was recovered. Hence, a third step is added to 
achieved the desired purity of the intermediate component (methanol) in the still: 
Step 1 Solvent addition with distillate removal but with no bottom removal. 
Step 2 Solvent addition with bottom and distillate removal. The bottom is recycled 
back to the column as solvent. 
Step 3 No solvent addition. Distillate cut is azeotropic mixture. This step purifies 
methanol in the still. 
In this case study, the azeotropic mixture from the third step can be used in the next 
batch, hence this study neglected waste costs, inventory and capital investment in their 
objective function. This work again highlighted the need for a thorough optimal operation 
study involving a wide range of degree of freedoms to find the best economic performance. 
Lang et al. (1995) and Lelkes et al. (1998a) extended the work of Lang et al. (1994) by 
considering other operating policies for the regular column. Instead of constant reflux 
ratio during the last two steps of the operating policy described by Yatim et al. (1993), 
a constant distillate composition policy and a mixed policy of constant reflux ratio and 
constant distillate composition were considered and simulation results were compared 
to experimental results. Improvements in production rate, batch processing time, en- 
ergy and solvent consumption were obtained in some cases. This again highlights the 
need for rigorous optimisation to explore the full potential of extractive batch distillation. 
' 
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Lelkes et al. (1998b) presented a method to assess the feasibility of extractive batch 
distillation for a ternary mixture using a graphical technique. The feasibility, product 
sequence and limiting values of operation parameters were determined by calculating 
feasible profiles of the column sections on the triangular composition diagram. They 
concluded that feasibility and sequence of component withdrawal depend on the location 
of the extractive column section stable node. They found that for a required distillate pu- 
rity, there was a minimum solvent flowrate, minimum number of trays for the extractive 
column section as well as a minimum and a maximum number of trays in the rectifying 
column section. For sufficiently high solvent flowrates there was no maximum reflux 
ratio. They performed a pilot plant experiment which agreed with their proposed feasi- 
bility method. For the same experiment, the feasibility method by Safrit et al. (1995) 
did not yield proper results. When they compared operation of the regular column to 
the middle vessel column, they found that, contrary to the results by Safrit et al. (1995), 
the middle vessel column achieved less recovery under the same conditions. Lelkes et al. 
(1998b) supported their analysis with experimental results while Safrit et al. (1995) con- 
ducted only a simulation study using a short-cut model to back their theoretical analysis. 
Warter and StichImair (1999) also compared the middle vessel column with the regular 
column for extractive batch distillation. For the middle vessel column, novel modifica- 
tions of the stream configuration between the column sections was proposed including 
feeding the liquid stream from the upper column section directly into the lower col- 
umn section. Separation of an ethanol-water mixture using ethylene glycol as solvent 
(fed semi- continuously near the top of the column) in both middle vessel and regular 
columns, having the same number of trays, were simulated. The operating policy was 
similar to Safrit et al. (1995) with constant solvent rate, fitted for every process, and con- 
stant product composition withdrawal. The results showed that the temperature in the 
feed vessel, the solvent demand and the energy demand for the middle vessel processes 
were significantly lower than those of the regular batch column. The comparisons were 
made via simulation without considering the full range of degrees of freedom available to 
each column configuration. Since the reboiler power used for the simulation is the same 
for the regular and middle vessel columns, the energy demand difference reported were 
a result of heat integration. 
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Cheong and Barton (1999a, b, c) analysed the feasibility and operating policy of extractive 
batch distillation in the middle vessel column using the graphical technique, i. e. locating 
feasible distillation regions and plotting column composition profiles. Similarly to the 
previous graphical studies described above, the assumptions underlying their analysis 
were an infinite number of stages and reflux ratio based on a simplified model of negli- 
gible column tray holdup and constant molal overflow. Also similarly to earlier studies, 
they investigated the concept of steering the middle vessel composition by manipulating 
the operation parameters to overcome distillation barriers. An operating policy based on 
a ternary diagram analysis was proposed. 
Milani (1999) conducted an experimental study on extractive batch distillation of acetone- 
methanol in a batch mode of solvent feeding whereby the solvent, i. e. water, was charged 
together with the feed mixture into the reboiler at the beginning of the operation. The 
purity and recovery of the acetone product were measured for various solvent to feed 
ratios. However, the operation of the column was not described, thus the significance of 
the results is unclear. The results showed no distinct trend between the solvent to feed 
ratios and acetone purity, recovery and productivity and no explanation was given. 
Mujtaba (1999) conducted the first dynamic optimisation of extractive batch distillation 
for a regular column. He considered batch mode and semi-continuous mode Of solvent 
feeding as well as full and partial feed charge operations. With product specifications 
fixed by customer demand, the operation can be optimised using the maximum profit 
objective function with switching times, reflux ratio, solvent feed rate and recovery as 
the optimisation decision variables. The overall optimisation problem was decomposed 
to separate independent single period dynamic optimisation (SDO) problems. The de- 
composed SDO are either maximum productivity problems or minimum time problems 
and are applied to each single task period according to the separation problem. In one 
of the examples given, he considered semi-continuous solvent feeding mode with partial 
feed charge for the separation of the acetone- methanol mixture with water as solvent. 
Reflux ratio and solvent feed rate were the resulting optimisation decision variables after 
the decomposition. With this decomposition method, certain maximum time constraints 
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were also needed to avoid exceeding the capacity of the reboiler. The model assumed 
constant molal liquid holdup and negligible vapour holdup in the column trays. 
Phimister and Seider (2000) proposed a new operating policy for the middle vessel column 
called semi-continuous operation where the process cycles through several campaigns of 
re-feeding the intermediate withdrawals. In the case of extractive distillation, the semi- 
continuous policy appears to be more complicated than the other policies studied so far. 
However, there is potential for reducing the overall processing time for a large number 
of batches by eliminating start-up and shutdown periods of operation. Nonetheless, no 
optimisation or comparative study was conducted to investigate this potential as yet. 
Ruiz Ahon and de Medeiros (2001) presented another optimisation study on the extrac- 
tive batch distillation in a middle vessel column based on a profit objective function. 
The separation is to recover ethanol from its nearly azeotropic hydrated form with ethy- 
lene glycol as solvent fed into the middle vessel together with the feed at the beginning. 
The solvent is recovered at the bottom and recycled to the top of the rectifying column 
section during the operation. A simplified pseudo stationary cascade model was used 
which assumed zero column holdup, instantaneous dynamic response in the column and 
a simple McCabe-Thiele approximation to de-couple the MESH equations. Instead of 
separating the mixture into required purities, this fundamental product constraint was 
neglected and replaced by a price function, which meant that all product purities were 
acceptable and have values corresponding to the price function. The unconstrained op- 
timisation (due to the elimination of the purity constraints) was solved using a Simplex 
method. Other decision variables like solvent recycle rate and internal vapour flowrate, 
were specified as constant and not taken into consideration as degrees of freedom. 
Furlonge (2000) also attempted an optimisation study on extractive batch distillation 
in both regular and middle vessel columns based on a profit objective function. The 
separation of ethanol and water using ethylene glycol as the solvent (added near the top 
of the column) was considered. A rigorous packed column model assuming fast energy 
dynamics, constant vapour and liquid holdup in the column and constant pressure was 
considered. The solution is then checked via simulation using a more detailed model 
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(where the assumptions mentioned are relaxed). If it was found to be feasible with re- 
spect to all the constraints, the solution is accepted as the final solution; otherwise, the 
solution is modified in an ad hoc manner in order to restore feasibility. 
Cui et al. (2002) performed an experimental study of the extractive batch distillation of 
a binary azeotropic mixture similar to that considered by Milani (1999) in the middle 
vessel column and matched the experimental data with simulation results of a rigorous 
model. Their experimental and simulation results showed that both the solvent at the 
bottom and the product at the top of the column can be withdrawn simultaneously for a 
long period of time. However, more time was needed for the solvent to reach the required 
purity than the time needed for the more volatile component to reach its desired purity, 
so that the time to withdraw solvent from the bottom is delayed. The operating policy 
was as follows: 
Step 1 Total reflux operation without solvent feeding. 
Step 2 Total reflux operation with solvent feeding. 
Step 3 Solvent addition with distillate removal but with no bottom removal. 
Step 4 Solvent addition with bottom and distillate removal. 
Step 5 Top and bottom offcuts without solvent addition. 
Warter et al. (2002) also performed a pilot plant scale experimental investigation of 
extractive batch distillation operation in both regular and middle vessel columns. The 
separation of an equimolal ethanol-water mixture with ethylene glycol as the solvent 
(added near the top of the column) was considered. The operating policy performed on 
the regular column was similar to the steps of Yatim et al. (1993) but additional offcut 
periods were required after steps 3 and 4. For the middle vessel column, the operating 
policy was as follow: 
Step 1 Total reflux operation without solvent feeding until azeotrope concentration is 
reached in the upper column section. 
Step 2 Solvent addition with distillate removal. 
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Step 3 Purification of product in the middle vessel. This step consisted of a period of 
total reflux with no solvent addition, followed by a period of distillate offcut. 
2.2.1 Summary and Research Statement 
Extractive distillation in the batch mode to separate azeotropic mixtures has been the 
subject of active research over the past decade or so (Table 2.2). Many of the works 
spanning the past decade have been concentrated on the preliminary feasibility issue, 
or determining whether a specified separation is attainable for a given feed mixture 
composition and design and operation parameters. The general characteristic of the fea- 
sibility studies includes graphical-based techniques which looked at the still location in 
the ternary or quarternary composition diagrams in distillation regions demarcated by 
still path and column composition profiles. These studies are also based on simplified 
models and assumptions of infinite number of stages and reflux or reboil ratios. 
Many simulation, and recently, experimental studies (Milani, 1999; Cui et al., 2002 and 
Warter et al., 2002), have also been reported with some work trying to investigate the 
effect of various operation variables on the performance of the process via sensitivity 
analysis. However, this method of analysis does not give the whole picture of the eco- 
nomics of the process since the degrees of freedom interact with each other. In an effort 
to understand the optimal operation of the process, a few optimisation studies have be- 
gun to emerge in recent years using simplified (Ruiz Ahon and de Medeiros, 2001) and 
rigorous models (Muitaba, 1999 and Furlonge, 2000). 
In line with the progression of work in this area, the work in this thesis aims to present a 
more comprehensive optimisation study of the extractive batch distillation process. The 
rigorous study here is based on a detailed model and on the exploration of a wider degrees 
of freedom than previously considered. The effect of different feed compositions on the 
optimal operating policy is also investigated. The optimal operating policy for extractive 
batch distillation in both regular and middle vessel columns are compared (chapter 4). 
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References Column Approach to Feasibility 
and Operating Policy 
Study 
Model 
Bernot et al. (1990) Regular, Inverted Graphical Simplified 
Yatim et al. (1993) Regular Simulation, Experiment Rigorous 
Lang et al. (1994) Regular Graphical Rigorous 
Lang et al. (1995) Regular Graphical Rigorous 
Watson et al. (1995) Regular Graphical, Simulation Simplified, 
Rigorous 
Safrit et al. (1995) Middle vessel Graphical, Simulation Simplified 
Diissel and Stichlmair (1995) Regular, Inverted Graphical Simplified 
Safrit and Westerberg (1997) Middle vessel Simulation Simplified 
Lelkes et al. (1998a) Regular Simulation Rigorous 
Lelkes et al. (1998b) Regular, Middle Graphical, Simulation, Simplified, 
vessel Experiment Rigorous 
Warter and Stichlmair (1999) Regular, Middle Simulation Rigorous 
vessel 
Salomone and Espinosa (1999) Regular Graphical Simplified 
Cheong and Barton (1999a, b, c) Middle vessel Graphical, Simulation Simplified, 
Rigorous 
Milani (1999) Regular Experiment 
Mujtaba (1999) Regular Optimisation Rigorous 
Phimister and Seider (2000) Middle vessel Simulation Rigorous 
Ruiz Ah6n and de Medeiros (2001) Regular, Middle Optimisation Simplified 
vessel 
Furlonge (2001) Regular, Middle Optimisation Rigorous 
vessel 
Cui et al. (2002) Middle vessel Experiment, Simulation Rigorous 
Warter et al. (2002) Regular, Middle Experiment, Simulation Rigorous 
vessel 
This work (2003) Regular, Middle Optimisation Detailed 
vessel 
Table 2.2: Chronological summary of extractive batch distillation literature 
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2.3 Review of Batch Distillation Design 
Although a great number of works have been devoted to studying the operation and opti- 
mal control of zeotropic batch distillation (reviewed by Furlonge, 2000), far fewer studies 
have been conducted on the design aspect. Here, a chronological review of literature 
related to batch distillation design is outlined. 
Diwekar et al. (1989) were among the first to consider the optimal design and operation of 
batch distillation simultaneously via a computer-aided mathematical programming tech- 
nique. A simplified model with the assumptions of constant molal overflow, zero column 
holdup and constant relative volatility, as well as the short-cut approach using the Fenske 
and Underwood equations and Gilliland correlation (FUG), were used. They formulated 
the problem as a constrained nonlinear programming problem (NLP) with the number of 
trays treated as a continuous variable and an economics objective function that included 
product revenue, capital cost and utility cost. Sequential quadratic programming (SQP) 
and Pontryagin's maximum principles were used for the optimisation. 
Similarly, Logsdon et al. (1990) explored the problem of simultaneous optimal design 
and operation of the regular column. The problem was formulated as a NLP by treating 
the number of trays as a continuous variable. The FUG short-cut model was used which 
assumed constant molal overflow, no tray liquid holdup and constant relative volatility. 
The objective function included product revenue as well as capital and utility costs cor- 
relations described in Douglas (1988). The control profiles (i. e. differential equations) 
were discretised using orthogonal collocation on finite elements to obtain a set of al- 
gebraic equations which was then placed as constraints within the NLP problem. The 
NLP utilised a reduced SQP as the optimisation algorithm. Several design scenarios 
were presented. One case study involved optimising the number of trays and reflux ratio 
profile given an initial feed composition, feed charge, boilup rate, set-up time and purity 
constraints. Another case study involved the optimal flexible design and operation of 
a multipurpose column involving two binary mixtures. In this particular case, the ob- 
jective function involved maximising the sum of the individual profits but ignoring the 
downtime for the switching of the feeds. 
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AI-Tuwaim and Luyben (1991) conducted a comprehensive economic analysis for the de- 
sign of a regular batch distillation column using a semi-rigorous model assuming constant 
molal overflow and constant relative volatility. From their multiple simulation results. 
a set of short-cut design and cost correlations were produced. Hence, for given relative 
volatilities, product purities, energy cost, payback period and material of construction, 
the optimum number of trays and reflux ratio can be obtained using the design corre- 
lations. However, the repetitive simulation process of obtaining the design correlations 
data is tedious and computationally expensive and the resulting correlations has very 
limited coverage, i. e. in this case, the correlations are valid only for binary and ternary 
systems, constant reflux ratio policy, equal fractions feed composition, specific economic 
data, etc. 
Diwekar (1992) expanded the work of Diwekar et al. (1989) and presented a new ap- 
proach for the solution of the optimal design and operation problem. A new solution 
algorithm for optimal control was proposed which combines the feature of both Pontrya- 
gin's maximum principle and the NLP technique. The short-cut FUG model approach 
was then unified with the combined techniques to solve the optimal design and control 
problem simultaneously. This approach was claimed to be computationally several times 
faster than that of Logsdon et al. (1990) who used the short-cut FUG model approach 
and the NLP technique. 
Bernot et al. (1993) proposed a step-by-step design procedure to estimate both de- 
sign and operation variables without solving the batch distillation optimisation problem. 
Based on a simplified model with quasi steady state column and constant molal overflow 
assumptions, the concept of dimensionless warped time was used in the model for the 
purpose of decoupling the variation of flows in the model so that the decoupled model 
is only described in terms of variation of compositions. The decoupled model is then 
used to calculate the duration of each cut and number of stage through a complicated 
calculation algorithm which requires pre- specification of the recoveries in each cut as wen 
as heuristically chosen reflux ratios (e. g. R=I. 5R,, -, ). Finally, the vapour flow rate in 
the column is calculated from the dimensionless warped time model with an arbritrarily 
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specified batch operating time. Thus, the design obtained from their proposed step-by- 
step procedure is not optimal. 
Mujtaba and Macchietto (1996) reported another method for simultaneous optimisation 
of design and operation of a multicomponent batch distillation column using a rigorous 
model. The problem was solved by a two-level NLP optimisation algorithm. The a, lgo- 
rithm consisted of an outer loop where the design variable, i. e. number of trays, and 
other operating decision variables, i. e. recoveries in each cut, are optimised based on the 
overall profit objective function, and a number of inner loop subproblems (according to 
the number of separation tasks represented by a st ate-t ask- network (STN)) where oper- 
ating control variables, i. e. reflux ratios, are optimised based on a decomposed minimum 
time objective function. In the outer loop problem, the profit objective function evalu- 
ation is performed which requires a complete solution of the sequence of the inner loop 
minimum time subproblems. The number of trays was relaxed to be a continuous variable 
whilst in the inner loop subproblem, its value would be rounded off to the nearest integer. 
The gradients with respect to that variable, required by the outer loop, were evaluated 
by finite differences using the function and constraint values at the rounded off values 
and its next higher integer value. Control vector parameterisation (CVP) was used for 
the discretisation of the control profiles and SQP for the optimisation algorithm. The 
case study presented includes the single separation duty design scenario and design for 
a multipurpose column. The profit objective function included net product revenue and 
the same form of operating and capital costs correlation used by Logsdon et al. (1990). 
However, unlike Logsdon et al. (1990), the formulation reflects the different importance 
of each duty, which is more realistic when the column is to be designed to handle multiple 
separation duties. For the design of the multipurpose column, the designer specified the 
total available annual processing time and how it is to be allocated among the different 
feed mixtures. 
Salomone et al. (1997) presented a short-cut design procedure by adapting the FUG 
approach frequently used in continuous distillation. For a given separation duty, the 
minimum number of trays and minimum reflux ratio are calculated using the modified 
Fenske and Underwood methods, respectively. Then, extensive simulations were con- 
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ducted to construct a correlation in Gilliland coordinates based on these minima traNýs 
and reflux values. The resulting correlation between number of trays and reflux ratio can 
then be used to select the optimal design pair using economic data. Howeverl their work 
did not proceed to tackle the optimisation. 
Sharif et al. (1998) presented another mathematical programming approach to tackle 
the optimal design taking into account column design and operation parameters using 
a rigorous model. The mathematical formulation led to a mixed integer nonlinear pro- 
gramming problem (MINLP) which was solved via decomposition using an outer approx- 
imation and augmented penalty (OA/AP) solution algorithm. Treating the number of 
trays as a discrete variable required the introduction of a superstructure in the modelling 
that encompasses all possible numbers of trays between a lower and an upper bound. 
The OA/AP algorithm comprised of a continuous primal subproblem involving the op- 
timisation of a column with fixed number of trays and a master subproblem involving 
the solution of a mixed integer linear programming (MILP) problem that determines the 
number of trays to be considered at the next iteration in the algorithm. The primal 
subproblem was solved as a standard NLP, i. e. CVP discretisation and SQP optimiser 
algorithm, whilst the master MILP was solved using a branch and bound algorithm. The 
proposed methodology was demonstrated with a case study involving a sequence of two 
regular columns. 
Instead of considering both design and operation variables simultaneously in a single 
optimisation framework, Kim (1999) started by obtaining the optimal operations, i. e. 
reflux ratio profiles, for a series of columns with fixed number of trays using a NLP tech- 
nique (CVP discretisation and SQP optimiser). Then, capital investment cost, i. e. heat 
exchanger, tray and column costs, is deducted from the optimal operating profits. The 
column having the largest net overall profit is then taken as the optimum design. The 
study used a semi-rigorous model that assumed constant relative volatility and linear 
variation for the vapour flowrate in the column. 
Oldenburg et al. (2002) presented a mixed logic dynamic optimisation (MLDO) approach 
for the optimal configuration and sequencing of two batch distillation units in series. 
i. e. 
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to determine whether the columns were to be operated regularly or inversely and which 
component was to be removed in the first column and which to be fed to the second 
column. The problem was formulated using disjunctive programming whereby the deci- 
sions were represented by boolean variables (true or false) resulting in a MLDO problem. 
The solution approach has similarity with the typical decomposition approach used to 
solve MIDO -a primal dynamic optimisation subproblem with fixed boolean variables 
and a master MILP subproblem which was obtained by transforming the linearised dis- 
junctive program using Big-M constraints (Yeomans and Grossmann, 2000). Although 
the configurational and operation aspects were optimised, it is important to note that 
the number of trays was actually specified. It is unsure whether the proposed MLDO 
approach could be expanded to tackle the number of trays without reverting back to 
some form of MINLP. 
2.3.1 Summary and Research Statement 
Over the past decade or so, although considerable progress has been made in the optimal 
operation of zeotropic batch distillation in the traditional regular column (a compre- 
hensive review in this area has been presented by Furlonge, 2000), far fewer studies 
have dealt with the computer-aided optimal design issue of batch distillation (Table 2.3). 
The optimal design aspect of batch distillation is a more challenging problem as it in- 
volves simultaneous determination of the discrete design variables (i. e. number of stages) 
combined with the continuous optimal control for an inherently dynamic and nonlinear 
process. 
The previous works in this area include step-by-step calculation algorithms which may re- 
sult in non-optimal designs (Bernot et al., 1993 and Salomone et al., 1997) to correlations 
drawn from a series of multiple simulations that can only be applied to a narrow range 
of design scenarios (Al-Tuwaim and Luyben, 1991). Other works attempted to solve the 
design optimisation by decomposing the mixed integer dynamic optimisation problem 
(MIDO) to NLP approaches (Diwekar et al., 1989; Logsdon et al., 1990; Diwekar, 1992; 
Mujtaba and Macchietto, 1996 and Kim, 1999). The majority of the works also utilised 
simplified models with short-cut FUG equations or semi-rigorous models with constant 
molal overflow assumption. Sharif et al. (1998) managed for the very first time to tackle 
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References Optimal Approach 
Design 
Model 
Diwekar et al. (1989) 
Logsdon et al. (1990) 
Al-Tuwaim and Luyben (1991) 
Diwekar (1992 
Bernot et al. (1993) 
Mujtaba and Macchietto (1996) 
Salomone et al. (1997) 
Sharif et al. (1998) 
Kim (1999) 
Oldenburg et al. (2002) 
This work (2003) 
V, NLPt Simphfied§ 
NLPt Simplified§ 
Parametric Semi-rigorous 
simulations 
Combined Simplified§ 
NLP/Pontryagin's 
maximum principlet 
X Step-by-step SimplifiedT 
procedure 
Decomposed NLPt Rigorous 
X Step-by-step Simphfied§ 
procedure 
V/ MINLP Rigorous 
NLP Semi-rigorous 
MLDO Unspecified 
Stochastic Rigorous 
t number of trays treated as continuous; t optimal configuration (number of trays fixed) 
§ short-cut FUG equations; ý dimensionless model 
Table 2.3: Chronological summary of computer-aided batch distillation design literature 
the problem using a rigorous model and by treating the number of stages directly as an 
integer variable in a MINLP formulation. In order to do so, mathematical modification 
had to be introduced to the standard batch distilation model itself in order to convert it 
into a superstructure. 
So far, work on simultaneous optimal configuration and design has not been reported. 
For example - although Sharif et al. (1998) managed to determine the optimal number of 
trays, the configuration of the two sequential columns, i. e. regular mode, considered in 
the case study, had been pre-assumed. For a similar case of two column series, Oldenburg 
et al. (2002) optimised the configuration and sequencing of the columns, i. e. regular ver- 
sus inverted mode, however, the number of trays in the columns were pre-specified. 
In short, there is an impetus for more studies on optimal design, and indeed, simultaneous 
optimal configuration, design and operation of batch distillation, which has yet to be 
solved. Therefore7 this work aims to propose a stochastic optimisation methodology 
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for batch distillation design (chapter 3) capable of handling a wider range of degrees 
of freedom than previously considered in the literature including column configuration 
selection (chapters 5 and 6). 
2.4 Review of Unconventional Batch Distillation Processes 
The traditional batch rectifier is a widely used unit operation in the chemical industries. 
Nevertheless, due to ever pressing need to increase process efficiency and reduce cost, 
a proliferation of studies concerned with investigating alternative batch distillation pro- 
cesses were seen over the past decade. A chronology of works on unconventional batch 
distillation processes is reviewed in this section. 
Chiotti and Iribarren (1991) considered the optimal operation of the inverted column for 
the separation of a binary mixture and compared it with the traditional regular column. 
A simplified model was used with the assumption of pseudo steady state in the column 
section, constant molal overflow, constant relative volatility and negligible vapour holdup. 
For a high purity specification on the heavy product, the inverted column was found to 
be better than the regular column based on a total annual cost objective function. On 
the other hand, the regular column was better when the purity specification on the light 
product was high. 
Muitaba and Macchietto (1994) presented a comparative optimal operation study be- 
tween the middle vessel column and the regular column for the separation of a ternary 
mixture. They considered minimum batch processing time as the objective function and 
a semi-rigorous model with the assumptions of constant molal overflow, constant relative 
volatility, negligible vapour holdup and constant liquid holdup, was used. For a number 
of different scenarios considered, i. e. combinations of various feed compositions, relative 
volatilities and product specifications, it was found that the middle vessel column gave 
better results than the regular column in some of the cases. There appeared to be no 
straightforward guideline to establish the best configuration for a given separation duty. 
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Davidyan et al. (1994) presented a theoretical analysis of the dynamic behaviour of the 
middle vessel column using a simplified model with the assumption of negligible liquid 
holdup in the column section, constant molal overflow, constant relative volatility and 
negligible vapour holdup. The theoretical analysis, based on infinite number of stages, 
highlighted qualitatively the potential advantage of the middle vessel column over the 
regular column in terms of the existence of additional steady states and degrees of free- 
dom in the middle vessel column. A simple comparison of the batch processing time 
between the two columns for a separation of a binary mixture was also conducted using 
the simplified model. The middle vessel column was operated under constant distillate 
and bottom flowrates whilst the regular column was operated under a constant distillate 
composition policy, i. e. decreasing distillate flowrates. For the equimolar binary feed, 
the middle vessel was found to be approximately twice as fast as the regular column. 
Meski and Morari (1995) presented comparison similar to that of Davidyan et al. (1994), 
i. e. the middle vessel, inverted and regular columns were compared in terms of batch pro- 
cessing time for a separation of a binary mixture via simulation on a simplified model. 
Again, the middle vessel column was operated under constant distillate and bottom 
flowrates whilst the regular and inverted columns were operated under the constant dis- 
tillate composition policy. The middle vessel column was again shown to give the best 
performance. They also concluded that the inverted column required longer batch time 
than the regular column due to the non-symmetry of the vapour-liquid equilibria of the 
binary mixture. 
Hasebe et al. (1996) simulated the operation of the middle vessel and regular columns 
using a semi-rigorous model of constant molal overflow, constant relative volatility, negli- 
gible vapour holdup and constant tray liquid holdup. The maximum quantity of product 
collected per unit time, i. e. production rate, was used as the performance index. For the 
separation of a ternary mixture, the middle vessel column was found to be more effective 
than the regular column for cases in which the separation of the heavy component was 
easier, e. g. higher product purity specification for the top product. The reason postu- 
lated was that the stripping column section, which is similar to an inverted column, had 
a lower separation efficiency; consequently, separations in which removal of the 
heavy 
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product was easier than removal of the light product would yield a better performance. 
Sorensen and Skogestad (1996) compared the optimal operation of the inverted and 
regular columns in term of minimum batch processing time for a given product specifica- 
tion. The semi-rigorous model was used with constant molal overflow, negligible vapour 
holdup, constant tray liquid holdup and constant relative volatility. The inverted col- 
umn was found to be superior for cases where the products were to be recovered at high 
purity from a feed low in fight component. Below this high purity product specification, 
the regular column performed better. The regular column was found to be better for 
cases where the products were to be recovered at high purity from a feed rich in fight 
component; below this high purity product specification, the inverted column performed 
better. The explanation given was that, for the regular column, it would have been more 
difficult to transfer a small quantity of light component from the bottom of the column to 
the top. However, there exists a product purity below which the regular column is better. 
Noda et al. (1999) and Noda et al. (2001) compared the performance of the inverted and 
regular columns in term of production rate, i. e. quantity of product collected per unit 
time, by optimising the operation in the cases of total reflux, constant reflux and variable 
reflux policies. They used a semi-rigorous model with constant molal overflow, negligible 
vapour holdup, constant liquid holdup on the trays and constant relative volatility. For 
a ternary mixture case study with different feed compositions and product specifications, 
they found the performance of the inverted column inferior to that of the regular col- 
umn. For both inverted and regular columns, the total reflux policy was found to give 
the best performance, followed by the variable reflux policy and constant reflux policy, 
respectively. 
Furlonge et al. (1999) presented the optimal operation of the multivessel column for the 
separation of an equimolar quaternary mixture and compared its performance to that 
of the regular column. The study was based on a detailed model which considered tray 
hydraulics and variable liquid and vapour holdup in the column. A wide range of opera- 
tion variables were explored and the comparison was performed on the basis of the mean 
energy consumption rate. They found that the mean energy consumption rate of the 
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multivessel column was about half that of the regular column having the same number 
of trays. 
Kim and Diwekar (2000) compared the performance of the inverted, middle vessel and 
regular columns based on three performance indices - product purity and yield, column 
flexibility and thermodynamic efficiency, as defined in their paper. The comparison was 
conducted for a binary mixture separation and for a range of design and operation vari- 
ables using parametric simulation based on a statistical sampling technique. Due to the 
high number of simulations required by this approach, a simplified model was used which 
assumes zero holdup in the column section, constant molal overflow and constant rela- 
tive volatility. A number of observations were drawn from the results but ultimately they 
surmised that the trade-offs between the performances indices should be investigated in 
a multi-objective optimisation framework. 
Ruiz Ahon and de Medeiros (2001) presented an optimal operation study on the inverted, 
middle vessel and regular columns using a profit objective function that included product 
revenue and utility cost. However, instead of distilling the feed mixture into specified 
purities, this fundamental product requirement was neglected and replaced by a price 
function, which meant that all cuts were acceptable and have values corresponding to 
the price function, i. e. an unconstrained optimisation problem. A simplified pseudo 
stationary cascade model was used which assumed zero column holdup, instantaneous 
dynamic response and a simple McCabe-Thiele approximation to decouple the MESH 
equations. The comparative study considered the separation of a quaternary mixture 
with different feed compositions. The middle vessel column was found to give the best 
performance in most cases whilst the inverted column was better in the case of heavy 
feeds compared to the regular column, and vice versa. 
Warter et al. (2002) compared the operation of the middle vessel column and the regular 
column for the separation of a ternary mixture in a pilot plant scale experimental study. 
The middle vessel and regular columns were operated in the total reflux and constant 
reflux policies, respectively. The comparison was made on the practical aspects of the 
operation whereby they claimed that the advantages of the middle vessel column could be 
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References Column Approach to Performance Index 
Comparative Study 
Chiotti and Iribarren (1991) Inverted, Optimal control Total annual cost 
Regular 
Muitaba and Macchietto (1994) Middle Ves- Optimal control Batch time 
sel, Regular 
Davidyan et al. (1994) Middle Ves- Theoretical analysis Batch time 
sel, Regular and simulation 
Meski and Morari (1995) Inverted, Theoretical analysis Batch time 
Middle and simulation 
Vessel, 
Regular 
Hasebe et al. (1996) Middle Ves- Simulation 
sel, Regular 
Sorensen and Skogestad (1996) Inverted, Optimal control 
Regular 
Noda et al. (1999,2001) Inverted, Optimal control 
Regular 
Furlonge et al. (1999) Multivessel, Optimal control 
Regular 
Kim and Diwekar(2000) Inverted, Simulation 
Middle 
Vessel, 
Regular 
Ruiz Ah6n and de Medeiros Inverted, Optimal control 
(2001) Middle 
Vessel, 
Regular 
Model 
Simplified 
Semi- 
rigorous 
Simplified 
Simplified 
Production rate Semi- 
rigorous 
Batch time Semi- 
rigorous 
Production rate Semi- 
rigorous 
Energy consumption Detailed 
rate 
Product purity and Simplified 
yield, design feasi- 
bility and flexibil- 
ity, thermodynamic 
efficiency 
Profit Simplified 
Warter et al. (2002) Middle Ves- Experiment 
Temperature, batch 
sel, Regular time 
This work (2003) Inverted, Optimal design and 
Profit Rigorous 
Multivessel, control 
Regular 
Table 2.4: Chronological summary of comparative unconventional batch distillation pro- 
cesses literature 
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seen in the lower temperature profile in the feed vessel as well as in the shorter start-up 
duration in the middle vessel column. 
2.4.1 Summary and Research Statement 
Numerous comparative studies between the traditional regular column and unconven- 
tional columns have been presented in the literature over the past decade or so (Table 
2.4). These comparative studies play an important role in pushing these novel unconven- 
tional columns to be accepted and adapted as an industrial technology which is a viable 
and cost effective mean to increase batch distillation performance. 
In some works (Davidyan et al., 1994 and Meski and Morari, 1995), the theoretical and 
simulation analysis on the unconventional columns serve well to highlight the fundamen- 
tal understanding of the theoretical flexibility, as well as limitation, of these columns 
compared to the regular column. More practical comparative investigations were also 
conducted by various researchers who compared the optimised operation of the columns 
(Chiotti and Iribarren, 1991; Mujtaba and Macchietto, 1994; Sorensen and Skogestad, 
1996; Noda et al., 1999,2001; Furlonge et al., 1999 and Ruiz Ahon and de Medeiros, 
2001). However, the performance indices compared are often based on a specific aspect 
of the operation, i. e. batch processing time, production rate and energy consumption. 
In addition, the comparative studies were usually performed using simplified and semi- 
rigorous models and for the separation of binary or ternary mixtures. 
One of the aims of this project is to conduct a more comprehensive comparative study 
based on optimisation which considers an economics performance index and the influence 
of different design scenarios. A comparison between the multivessel column and the 
regular column based on optimal design for the separation of various multicomponent 
mixtures, is investigated for the first time (chapter 5). 
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2.5 Concluding Remarks 
Over the past four decades, a great number of studies have been performed on batch 
distillation (over 150 papers according to Furlonge, 2000). The review conducted in thi's 
chapter reveals that over the past decade, these studies have begun to concentrate on 
more complex areas of batch distillation, namely, the tackling of azeotropic mixtures. op- 
timal design and the potential of alternative configurations which form the motivational 
basis of this research. 
From the literature survey, it is clear that in the area of extractive batch distillation, a 
rigorous and comprehensive optimisation study is needed in order to gain further under- 
standing on the optimal operation of this complex batch process. The potential of using 
unconventional columns should be explored by considering an the additional degrees of 
freedom afforded by these configurations and a thorough comparison with the regular col- 
umn should be made on the basis of optimal operations obtained through detailed models. 
In the batch distillation design aspect, there is scope for the use of optimisation methodol- 
ogy for simultaneous configuration selection, design and operation of the batch distillation 
process. The application of such a simultaneous optimisation methodology for the com- 
parison of the various column configurations under different design scenarios is lacking 
in the works reviewed. 
These unaddressed issues drawn from the literature review provide the motivation for 
the main objectives of this research, as outlined in section 1.4.4. 
Chapter 3 
Modelling and Numerical 
Solution Techniques 
In this chapter, the models of the batch distillation process, as used in this 
study, are described, followed by the numerical integration technique used 
for the dynamic simulation. The optimisation solution approaches are then 
presented, i. e. a deterministic nonlinear programming approach used for the 
optimal operation case study in chapter 4 and a stochastic genetic algorithm 
approach used for the optimal design and configuration studies in chapters 5 
and 6, respectively. 
3.1 Batch Distillation Models 
It is evident from the literature survey in the previous chapter that many of the previous 
studies involving batch distiRation based their work on models that simplify the dynam- 
ics of the column section cascade. However, the assumptions employed generafly reduce 
the accuracy, and hence, the applicability of the results obtained. With the advances in 
computational power and solution algorithms, the use of simpfified models in the areas 
of optimal design and optimal operation is no longer justified. As a result, the optimisa- 
tion work in this research is conducted based on detailed and rigorous models, the exact 
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Model Characteristics Rigorous Model Detailed Model 
Mass balance Dynamic Dynamic 
Energy balance Fast Dynamic 
Tray liquid holdup Constant Variable 
Tray vapour holdup Negligible Variable 
Inter-tray flow MESH balance Tray hydraulics and 
pressure-flow relationship 
Total condenser _V/ 
Phase equilibrium 
Perfect mixing V 
Adiabatic operation N/ V 
Thermodynamics model SRK Equation of State SRK Equation of State 
and Wilson modelt 
Model usage Suitable for column design Advanced design stage and 
and quick feasibility optimal operation or retrofit 
or sensivitY studies of existing column 
t in chapter 4 for the liquid phase 
Table 3.1: Summary of models used in case studies 
complexity of which is dependent on the purpose of the case studies presented in this 
thesis, as surnmarised in Table 3.1. 
The rigorous model disposes of the common modelling assumptions such as negligible 
tray holdup, constant molal overflow and constant relative volatility and is characterised 
by the consideration of the stage-by-stage column dynamics which is described by the 
set of MESH (material balance, equilibrium, summation of fractions and heat balance) 
equations. The rigorous model is used for the design optimisation studies presented in 
chapters 5 and 6, and includes the following features: 
* Fast energy dynamics instead of a dynamic energy balance. The need for an ini- 
tial condition for the temperature is eliminated hence making the model easier to 
initialise, 
* Constant liquid holdup on trays and in reflux drum, 
hence not requiring details 
associated with tray hydraulics which are not generally available nor required 
during 
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the preliminary design stage, 
* Negligible vapour holdup hence eliminating the need to specify detailed flow char- 
acteristics during the preliminary design stage, 
* Rigorous thermodynamic models which replace the quite common constant relative 
volatility assumption through the use of liquid and vapour fugacities as functions 
of temperature, pressure and composition, and 
* Total condenser, phase equilibrium, perfect mixing and adiabatic trays. 
On the other hand, for the optimal operation study in chapter 4, where the dimensions 
and dynamic behaviour of an existing column are specified a priori, a more detailed 
model is utilised. The use of a detailed model instead of a rigorous, or more abstracted, 
model can have a significant impact on the accuracy of the optimal solutions obtained 
as demonstrated by Tomazi (1997) and Furlonge et al. (1999). The detailed model used 
includes the following main features: 
* Dynamic energy balance instead of relying on the usual assumption of constant 
molal overflow, 
* Both liquid and vapour tray holdups, their combined value being a function of the 
prevailing pressure and the inter-tray spacing, 
* Tray hydraulics, the liquid flowrate from the tray being determined by the Francis 
weir formula, 
* Pressure drop-vapour flowrate relationship that takes into account both dry and 
wet head losses on each tray, and 
Rigorous thermodynamic models which replace the usual constant relative volatility 
assumption through the use of liquid and vapour fugacities which are functions of 
temperature, pressure and composition. 
Dynamic material and energy balances are also used to model the product accumulators, 
reflux drum, side vessels and reboiler. In each of these, 
both liquid and vapor holdups 
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are taken into account. The condenser model assumes total condensation with no sub- 
cooling. The assumptions retained for both the rigorous and the detailed models include 
no entrainment effects, no downcomer dynamics, adiabatic operation with regards to the 
column's environment, phase equilibrium and perfect mixing. Details of the detailed and 
rigorous model equations are given in Appendix A. 
3.2 Dynamic Simulation Technique 
The mathematical model describing the dynamic behaviour of a batch distillation col- 
umn, consists of a set of differential and algebraic equations (DAE). Implicit numerical 
integration techniques were found to be better suited than explicit techniques as they 
overcome the stiffness problem often exhibited during the numerical integration of the 
batch distillation model (Boston et al., 1980). The backward differentiation formulae 
(BDF) approach (Gear, 1971), which is a class of implicit methods with varying time 
step and order of integration, was employed in this study using the gPROMS software 
(Process Systems Enterprise Ltd., 2000). The time step and order of integration were 
varied automatically during the integration to ensure that the longest possible time steps 
are taken while satisfying the error tolerences imposed by the user. 
3.3 Dynamic Optimisation Techniques 
The general form of the dynamic optimisation problem for batch distillation is outlined in 
Appendix B. In this work, the dynamic optimisation (DO) problem (chapter 4) is solved 
using a deterministic nonlinear programming (NLP) approach whilst the mixed integer 
dynamic optimisation problem (MIDO) (chapters 5 and 6) is solved using a stochastic 
genetic algorithm (GA) approach. The details of both approaches are 
discussed in the 
following sections 3.4 and 3.6, respectively. 
3.4 Nonlinear Programming Approach 
This approach involves transforming the dynamic optimisation 
(DO) problem, which is 
of infinite dimension, into a finite dimensional nonlinear programming 
(NLP) problem 
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u(t) 
93 
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µl 
t 
Figure 3.1: Piecewise constant control variable profile 
via temporal discretisation. It involves the discretisation of the time horizon, tf, into a 
number of NJ control intervals, each of which may be of a different length, Ati: 
Ni 
tf = Atz- 
i=1 
(3.1) 
Ati are allowed to vary in the optimisation, within a range of specified maximum and 
minimum lengths: 
Atýmn < 
'At, 
ý Atýnax i=I,.., Ni 
I-II 
(3.2) 
The control variable, u(t), is then restricted to a predefined form of temporal variation 
(also referred to as a basis function), for instance a simple piecewise-constant form', 
over each discretised time interval. The parameters of the basis function, as shown in 
Figure 3.1, e. g. [11, P2 and P3 for each corresponding control interval, At,, At2 and At3, 
respectively, then become the optimisation decision variables represented by: 
At, t), Vt E [0, tf I (3.3) 
'Other forms of temporal variation include for instance plecewise-linear and polynomial. 
: *o OE t 
Ot At Ot f 
123 
I'm 
3. MODELLING AND SOLUTION TECHNIQUES 74 
with the simple lower and upper bounds for yi: 
Uý" <u ýnax 1,.., Ni (3.4) 2z 
Using the parameters of the control variable (pZ) and the discrete control intervals 
the infinite dimensional dynamic optimisation problem is converted into a finite dimen- 
sional nonlinear programming (NLP) problem which is then solved using a sequential 
quadratic programming (SQP) optimiser. This algorithm, termed the control vector 
parameterisation'(CVP) approach (Vassiliadis et al., 1994a, b), is shown schematically 
in Figure 3.2.1nitial guesses of the parameters of control variables (P), time invariant 
parameters (v), control interval durations (At) and time horizon (tf) are provided in 
the first instance to the algorithm and subsequently the initialisation and integration of 
the model equations is performed (section 3.2) to evaluate the objective function and 
constraints using the choice for the decision variables values as determined by the NLP 
optimiser. This is an iterative procedure which is repeated until an optimal solution has 
been found. 
This control vector parameterisation (CVP) NLP approach is implemented with the 
gPROMS process modelling and optimisation tool (Process System Enterprise Ltd., 
2000). 
3.5 Mixed Integer Dynamic Optimisation Solution Alter- 
natives 
In mathematical terms, the need to consider design and operation simultaneously trans- 
lates into both discrete (e. g. the number of trays) and continuous variables (e. g. reflux 
ratio profile). When configuration decisions are included in the optimisation, additional 
discrete variables are introduced into the problem (e. g. boolean variables, see chapter 
6). 
2 In contrast to this approach, another NLP technique 
termed complete dzScretisation (Logsdon and 
Biegler, 1989) discretises the set of DAEs, objective function and constraints over the whole 
time domain, 
resulting in a set of nonlinear equations. 
Although integration of the DAE is not required, the siZe of the 
fully discretised NLP problem is significantly larger than that of the 
CVP approach and may result in a 
NLP problem which is difficult to solve. 
"q 
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Figure 3.2: Algorithm for the control vector parameterisation approach (Vassifiadis Ct 
al., 1994a, b) 
The optimisation objective function (chapter 5) is nonlinear with a potential nonconvex 
search space. Coupled with a nonlinear dynamic model of the batch distillation column, 
this translates into a complex mixed integer dynamic optimisation (MIDO) problem. This 
type of problem is difficult to solve and there is much ongoing research on developing 
practical solution algorithms. Different solution techniques have been presented for var- 
ious chemical engineering problems where the formulation led to an MIDO optimisation 
problem. For example, Quesada and Grossmann (1992) proposed a branch- and- bound 
(BB) algorithm that requires the solution of the dynamic optimisation problem with 
relaxed discrete variables. The other MIDO solution approaches that have appeared in 
the literature are all based on decomposition principles. One approach is to completely 
discretise the system into a finite- dimensional mixed integer nonlinear program (MINLP) 
using a technique such as orthogonal collocation on finite elements (Avraam et al., 1999-, 
Viswanathan and Grossmann, 1990 and Mohideen et al., 1996). The other approach is to 
decompose the problem into a series of primal problems (typically a dynamic optimisa- 
tion problem that is solved using a control vector parameterisation approach) where the 
discrete variables are fixed, and a master MILP. Different variations of this method in- 
clude outer- approximation (OA) (Duran and Grossmann, 1986), OA/ augmented- penalty 
(OA/AP) (Sharif et al., 1998, who applied it to batch distillation design) and generalised 
Benders decomposition (GBD) (Geoffrion, 1972). 
Image removed due to third party copyright
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Conventional deterministic mathematical programming approaches such as OA and GBD, 
require gradient information for the NLP solver, and therefore, are not robust when solý-- 
ing problems with highly nonlinear functions, stiff models and complex search spaces 
like that exhibited by the batch distillation column design. The batch distillation de- 
sign problem is highly nonconvex, thus convexity conditions required by many of these 
gradient-based approaches to locate the global optimum are not satisfied. AlIgor and 
Barton (1999) proposed an approach where the master MILP is solved on a so-called 
screening model in an attempt to mitigate the effects of nonconvexity. However, the 
approach is case-study specific and requires domain specific knowledge gathered from 
physical laws and engineering insight. Recently, Bansal et al. (2003) proposed a new 
algorithm based on GBD with improved features like dispensing of the need to solve in- 
termediate adjoint problems in order to construct the master problems and independence 
of the type of method used to solve the dynamic optimisation primal problem. The de- 
velopment of global optimisation algorithms for solving MIDO is a formidable task and 
still in its infancy (see chapter 7.2.1). 
In this thesis, the use of a stochastic algorithmic method to solve the batch distillation 
design MIDO problem, is proposed. The application of genetic algorithm to the design 
of chemical engineering systems has been explored only in a limited number of cases and 
has not previously been considered for the design of batch distillation columns. Genetic 
algorithm is generally slower than gradient-based solution techniques when used for solv- 
ing simple optimisation problems. However, the probabilistic nature of the algorithm 
has the potential to be a more attractive solution technique. There are several potential 
advantages to the use of genetic algorithm. 
3.5.1 Advantages and Drawbacks of The Genetic Algorithm Approach 
In this thesis, a non- deterministic algorithm, i. e. genetic algorithm, is used to arrive at 
the optimal batch distillation configuration and design results. 
In terms of these opti- 
misation problems, where discrete variables are introduced 
in addition to the continuous 
variables, only a handful of deterministic works 
has been reported in the literature - 
they ranged from various NLP methods where the 
discrete variable is treated as continu- 
ous, to MINLP method that requires superstructure modelling 
(described in section 2.3). 
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Compared to these approaches, the genetic algorithm approach provides some inherent 
advantages as follows: 
(1) It offers greater robustness as it can handle nonlinear objective functions with 
complex search space topography in a single continuous optimisation run without the 
algorithm terminating due to instability. This is because genetic algorithm is a black box 
or gradient-free search algorithm which means it only requires scalar values of the objec- 
tive function, i. e. it does not require derivative information or a smooth, continuous and 
differentiable search space. In addition, the solutions are manipulated in parallel rather 
than by the sequential adjustment of a single solution performed by more traditional 
methods. This reduces the dependence on search path history, e. g. derivative informa- 
tion, and thus the likelihood of the algorithm failing due to a previous infeasible solution. 
This is important for the batch distillation model which often experiences initialisation 
or integration difficulties due to either highly nonlinear functions, stiff models, sharp 
operational switches, or more likely, infeasible solutions. 
(2) It has global optimisation capability and eliminates the difficult task of guessing 
the initial starting point. The solution obtained by many deterministic methods such as 
direct search and gradient-based search, depends on manual setting of the initial start- 
ing point or the quality of the initial guess, i. e. the location of the starting point in 
the search space. Rather than starting from a single point within the search space, the 
genetic algorithm is initialised with a population of points which is spread throughout 
the search space. Furthermore, the mutation operator subsequently ensures the diversity 
of the population by allowing the algorithm to jump to a new solution and sample the 
entire search space. 
(3) The fitness of the solution set improves over each generation. Since the algorithm 
operates on a population of solutions and the average population fitness of each genera- 
tion improves in line with the best genome fitness, the final population may supply some 
viable alternative designs and operations which are near the optimum solution. This is 
not generally available from deterministic mathematical programming approaches. 
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Genetic algorithm offers the opportunity for parallel processing to reduce computa- 
tional time. 
(5) The approach is practical, flexible and easily implemented. Since only the optimised 
variables and value of the objective function are passed between the algorithm and the 
model, the approach can be applied to different types and complexities of models with 
minimal implementation effort, and different modelling packages can be connected to the 
algorithm. The nature of the approach also means that it can treat continuous variables 
as well as discrete variables like integer and logical variables easily within its genome set 
(details in the following sections), and thus, specially tailored procedures to tackle the 
different types of variables, like that which distinguishes NLP and MINLP techniques, is 
not required. 
The main drawbacks of the genetic algorithm approach are: 
(1) Unlike methods which direct the optimisation search based on the sensitivity of an 
individual solution, the inherent need for a population of solutions in the genetic algo- 
rithm approach may translate to a relatively higher computational cost. Note that a 
possible alternative is to have a population size of one. Since there is only one individual 
or solution, there would be no crossover, but only mutation. This stochastic method is 
recognisable as simulated annealing where the so-called mutation is conventionally called 
random move and the solution typically moves to the next one with a probability func- 
tion. Hanke and Li (2000) reported the use of simulated annealing approach to solve the 
optimal operation problem of batch distillation. 
(2) The optimality (or accuracy) of the final solution is actually, since genetic algorithm 
is stochastic in nature, dependent on the convergence setting. This is one drawback of 
genetic algorithm - the trade-off between the accuracy and computational time, especially 
at the latter part of the optimisation where the growth in fitness is slower than in the 
initial stages (Appendix D). Furthermore, the algorithm itself requires careful tuning 
of a number of parameters (see section 3.7.9 and Appendix C) in order to obtain an 
acceptable performance in terms of its effectiveness and computational efficiency. 
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3.6 Genetic Algorithm Approach 
In chemical engineering, genetic algorithms have typically been applied to the design 
of process plants, albeit only in a limited number of cases (such as Fraga and Senos 
Matias, 1996; Garrard and Fraga, 1998 and Marriott et al., 2000). As in the case of 
this research, the application of genetic algorithms to optimise batch processes has only 
just emerged, for example, Zhang et al. (2003), Sarkar and Modak (2003) and Silva and 
Biscaia (2003) who considered simulated moving bed chromatography, fed-batch reaction 
and batch polymerization systems, respectively. It also emerged recently that Mukherjee 
et al. (2001), parallel to this research, have also attempted to use genetic algorithm to 
optimise the batch distillation process. However, theirs was a unconstrained optimisation 
based on the FUG model with fixed purity values. The amount of distillate in each cut 
is the only variable optimised. In contrast, the application of genetic algorithm for the 
design of batch distillation is presented in this work. The genetic algorit hm- penalty 
function methodology proposed here is discussed in relation to the batch distillation 
problem in the following sections. 
3.7 Background 
Genetic algorithm is an optimisation technique inspired by the theory of biological evo- 
lution which attempts to imitate the process of natural selection. In the natural selection 
process, individuals of high fitness as characterised by their genomes are favoured over 
weaker individuals and are therefore more likely to survive longer, participate in mating 
and produce stronger offspring for the next generation. The fitness of the whole popula- 
tion generally increases from generation to generation. 
In order to translate this strategy into a search technique for the batch distillation op- 
timisation problem - firstly, the design and operation decision variables of the problem 
have to be represented as genes in the genome. Then, a measurement of fitness has to 
be assigned to every genome depending on the quality of its genes. The fitness mea- 
surement corresponds to the optim-isation objective function and the aim is to maximise 
(or minimise) its value over time. The genetic algorithm starts by an automatic random 
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initialisation of a population of genomes. It then employs three operators, i. e. selection, 
crossover and mutation, to evolve the initial population and drive it towards convergence 
at the global optimum. 
3.7.1 Genetic Algorithm Framework 
The optimisation framework proceeds according to the following algorithm: 
(1) 1nitialisation - An initial population is created consisting of random points in the 
search space. 
Fitness function evaluation - The fitness of each genome in the population is evalu- 
ated through the objective function and penalty function. 
(3) Reproduction genetic operators - The search is performed by creating a new popu- 
lation generation from the previous one through the application of genetic operators. 
(4) Convergence criteria - Steps 2 and 3 are repeated until the population converges 
according to a pre-specified optimality criterion. 
The detailed genetic algorithm strategy proposed in the work is described in the following 
sections. 
3.7.2 Genome Coding 
The batch distillation design problem consists of both design and operation decision 
variables which are grouped together to represent a solution genome. Similar to the 
NLP approach described in section 3.4, the control variable, u(t), must be parameterised 
(here, piecewise-constant) and the time horizon, tf, discretised into a number of NJ 
control intervals Ati in order to be represented as separate genes in the genome (Figure 
3.3): 
U(t) ti 
(3-5) 
parameterised 
where v represents the time invariant parameters. Each parameter, or gene, in the genome 
including the control intervals, can have different sets of bounding values, i. e. higher and 
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lower bounds of the decision variables, depending on the design problem. The genome can 
accommodate logical, discrete and continuous decision variables simultaneously, which is 
convenient for the batch distillation optimisation problem that needs to tackle column 
selection, design and operation simultaneously. All the decision variables are represented 
in the genome as direct real values instead of converted binary bits and mapping which 
has been found to be less efficient (Coley, 1999). 
Vi -'- Vi 91 ýli At, ...... Atj 
Figure 3.3: Genome coding 
3.7.3 Steady State Genetic Algorithm 
Similar to the CVP NLP approach mentioned in section 3.4, initialisation and integra- 
tion of the model equations using the choice of the decisions variables represented by 
each genome is required to evaluate the objective function and constraints. However, the 
optimiser in the genetic algorithm is based on a black box (non gradient-based) adaptive 
search technique operating on a population of solution genomes (instead of one solution 
at a time as in the CVP NLP approach). 
A steady state genetic algorithm that uses overlapping populations is used in this study, 
the basic structure of which is shown in Figure 3.4. Firstly, an initial population of a 
specified size, Np, p number of genomes, is generated randomly. 
This is Np,, p different 
combinations of column design and operation variables. Then, in each generation, the 
fitness of each genome is evaluated (refer to section 3.7.4 below). Based on the fitness 
function of each genome, the algorithm creates a new set of temporary genomes via the 
three operators, i. e. selection, crossover and mutation, and adds these to the previous 
population, and at the same time removes the weaker genomes in order to return the 
population to its original size. The amount of new genomes created in each generation 
depends on the percentage of population overlap, P, specified. In this algorithm, the 
new genomes may or may not make it into the next population, depending on whether 
they are better or weaker than the rest in the temporary population. This allows the 
retention of fitter genomes for use in the next generation as weR as provides the opportu- 
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Figure 3.4: General structure of the genetic algorithm 
nity to discard new genomes that are weaker than those of the parent's generation. This 
is done by simply ranking the genomes according to their objective function values. 
3.7.4 Fitness Function: Constraints Checking and Solution Infeasibility 
In many constrained optimisation problems such as the batch distillation optimal design, 
the majority of possible solutions represented by the genomes will prove to fall short 
of the requirement of the constraints. A mechanism is needed to check the constraints 
of the returned simulation results represented by the genome and to map the evaluated 
objective function to an appropriate fitness function in accordance with the magnitude 
of constraint violation, if necessary. In the batch distillation optimal design problem, the 
purity of the products, x, (tf), are checked against the constraints, xý", for each returned 
result and the objective function value is then manipulated using a penalty function to 
obtain a corrected fitness value for each genome: 
n-xi(tf) 
Pi 
if X. (tf) <x min Vi nc 
x 
min 
Ki (3.6) 
otherwise 
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Fl7c Ki when Q>0 
Q (2 - Ki) when Q<0 
(profit) 
(loss) 
83 
(3.. ) 
where Ki denotes the penalty function for each of the n, constraints, pi the penalty power 
coefficient, Q the original objective function value and f the corrected fitness value. Note 
that the terms profit and loss for the objective function refer to the economic performance 
index used in this study (chapters 5 and 6) where a feasible solution (genome) may return 
a negative value (i. e. loss). 
It is also possible for the genomes to represent unrealistic or impractical solutions espe- 
cially when the bounds set for the design and operational variables are generous. For 
example, when the maximum bounds or high values are chosen for the boilup rate, prod- 
uct withdrawal rate and control interval, the reboiler pot may run dry during the task 
causing the simulation to crash due to infeasibility. In this case, a low fitness value is 
automatically assigned to the genome so that the probability of it being promoted to 
the next generation is less than those with feasible solutions. Therefore, the fitness value 
for infeasible solutions should be set well below the fitness of all feasible solutions. This 
can be easily determined by calculating the objective function for the worst case scenario 
using the decision variables bounds. 
3.7.5 Fitness Scaling 
lf during an early generation, one particularly fit genome is created, the fitness- proportional 
selection algorithm can allow a large number of its copies to rapidly dominate the subse- 
quent generations and cause rapid and erroneous convergence towards a local optimum. 
Once the population has converged, crossover of almost identical genomes produces little 
that is new and thus the ability of the genetic algorithm to search for better solutions 
is effectively eliminated. Only mutation remains to explore entirely new space and this 
only performs a slow and random search. 
During later stages of the optimisation, after many generations, the population would 
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Figure 3.5: Fitness proportional selection 
have largely converged but again, there may be little difference between the best and 
the average genomes. Thus there may be insufficient selection pressure to distinguish 
between the high fitness genomes and this will push the population quickly towards the 
global optimum. 
In this work, a sigma scaling technique (Coley, 1999) is used to overcome both premature 
convergence and slow finishing difficulties as described above. Fitness scaling works by 
pivoting the fitness of the population members about the average population fitness 
value using the population standard deviation. The scaling of the fitness score for each 
individual is given by: 
fs=f-U. " - cf') 
(3-8) 
where fS the scaled fitness value, f is the corrected fitness of a genome, f,,,, the average 
fitness value of the population, c is a reasonable sigma multiplier (typically I<c<3; 
default = 2) and f' the population standard deviation. It is this scaled fitness value, fS, 
that is utilised by the genetic algorithm selection operator described below. 
3.7.6 Selection Operator 
In order to obtain good offspring, genomes with higher fitness values should have a greater 
probability of being selected to undergo reproduction, i. e. crossover and mutation. A 
stochastic sampling method called fitness proportional or roulette wheel is used here as 
Chosen genome 
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the selection operator. In this approach, the probability of selection is proportional to 
the fitness value of the genome. The algorithm is summarised as follow (Figure 3-5): 
Sum the fitness value (after fitness scaEng) of all the population genome members, 
fSUM 
* 
Generate a random number R, where R, E [Olfsum]. 
* Add, one at a time, the fitness value of the population members stopping immedi- 
ately when > R,. The last member added is the selected genome. 
The selection operation is applied twice in order to select a pair of genomes to undergo 
crossover. Selection is continued until enough offspring genomes have been created ac- 
cording to the percentage of population overlap specified, P,,. 
3.7.7 Crossover and Mutation Operators 
After the selection operator, the crossover operator in the genetic algorithm is then em- 
ployed to mate the genomes to form new offspring. Due to the fact that the genomes 
hold a mix of discrete and continuous variables and that each gene represents a distinct 
configuration, design or operation variable, the crossover method have to respect the 
structure of the genome, i. e. crossover is only allowed between genes at the same posi- 
tion of the parent genomes and the resulting length of the offspring genomes must not 
be altered. This is done via a uniform crossover technique as shown in Figure 3.6. The 
genes in each genome are only allowed to swap with the gene at the same allele location 
in the other genome with a probability, P,. A random number, R, C [0,1], is generated 
for each pair of genes along the genome and the genes undergo crossover only if R, < P,, 
otherwise the pair proceed without crossover. 
After passing through the crossover operator, the offspring genomes undergo Gaussian 
type mutation with a probability of P,. Again a random number, R" E [0,1], is generated, 
and if R,,, < P, the gene is mutated using a Gaussian function around the current value. 
If the mutated value goes out of the gene's bounding range, i. e. higher and lower bounds 
of the decision variables, it is reset to the violated 
boundary. 
3. MODELLING AND SOLUTION TECHNIQUES 86 
gene al a2 a3 a4 a5 a6 
AAAAAA 
gene bl b2 b3 b4 b5 b6 
bl a2 b3 a4 b5 b6 
Offspring Genomes 
Mutation 
al b2 c3 b4 a5 a6 
bl a2 b3 a4 c5 b6 
Mutated Genomes 
Figure 3.6: Uniform crossover operator and mutation operation 
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3.7.8 Termination Criteria 
lf the genetic algorithm is implemented correctly, the population will evolve over sequen- 
tial generations so that both the fitness of the best genome and the average fitness of 
the population in each generation increase towards the global optimum. There are a 
number of ways to terminate the algorithm. One of the criteria is termination when a 
specified number of generations has been generated and tested. However, the required 
number of generations to obtain a solution is difficult to estimate for a new problem. The 
termination can be based on convergence percentage, i. e. the current best of generation 
is compared to either the N previous best of generation or current generation average. 
Here, termination criteria are combined, namely the algorithm stops when the ratio of 
the current population best to the population average, and to the population best of the 
previous 30 generations, is equal or greater than the convergence percentage, Pconverge i 
specified. 
3.7.9 Genetic Algorithm Parameters Tuning 
The choice of genetic algorithm parameters can play a crucial role in the effectiveness and 
efficiency of the algorithm. The parameters govern the extent of exploration to investi- 
gate new and unknown areas in the search space, and exploitation of knowledge found at 
solutions previously obtained to help find better solutions. Therefore, they influence the 
solution quality and the speed of convergence. There are six parameters (presented in the 
sections above): the population size in each generation, Np, p, the steady state population 
overlap, P, the penalty function power coefficient, pi, the mutation probability, P, the 
crossover probability, P, and the convergence percentage, Pconverge- 
There are general heuristics and rules of thumb (Goldberg, 1989) that can provide good 
initial guesses for these parameters. In this study, a sensitivity analysis is performed 
to study the effect of these parameters on the performance of the algorithm used 
in 
the batch distillation optimal design problem (Appendix C). Parameter optimisation, 
which, however, is often highly computationally intensive, can 
be performed to obtain the 
optimal values of the genetic algorithm parameters. 
The inherent trade-off lies between 
the additional computational time devoted to parameter optimisation and 
tuning, versus 
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Figure 3.7: Schematic diagram of the genetic algorithm implementation 
the additional savings achieved in the objective function value or computational time of 
the algorithm when it is actually applied to the batch distillation optimisation. 
3.7.10 Implementation 
The genetic algorithm is implemented with the library GAB (Wall, 1999) (Figure 3.7). 
The genetic algorithm program operates on the genome populations. During the genome 
evaluation step, the program performs a foreign process call to the gPROMS batch dis- 
tillation model as well as passes the genome over. In the batch distillation model, the 
column configuration, design and operating policy represented by the genome is dy- 
namically simulated using an implicit backward differentiation formulae (BDF) method. 
The objective function, together with the values of the constrained parameters are then 
passed back to the genetic algorithm program where a fitness value is obtained based on 
the penalty function. 
3.8 Concluding Remarks 
In this chapter, the dynamic modefling of batch distiflation and the approaches used for 
dynamic simulation and optimisation in this thesis have been presented. 
The stochastic genetic algorithm framework applied in batch distillation design optimi- 
sation for the first time in this thesis, was found to be a robust and viable way of solving 
the optimal batch distillation design problem and can be used with a range of models 
with different complexities. The proposed algorithm is found to be robust compared to 
other deterministic approaches (used for optimal batch distillation operation) as it 
does 
not rely heavily on information from previous iterations for the search direction or on 
the topography of the search space. The genetic algorithm is also more robust in absorb- 
ing infeasible solutions. However, the genetic algorithm parameters have to be selected 
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appropriately in order to fulfil the problem constraints as well as to avoid premature 
convergence. It is hoped that through this work, application of a stochastic method can 
be seen as a feasible solution choice, in addition to, but not superseding, the extensive 
deterministic algorithms already used traditionally to solve batch distillation problems. 
Applying it for the first time in batch distillation optimisation would allay at least some 
of the initial skepticism of trying out the approach. Note that it is also possible to use 
alternative, or even more tailored, algorithms to describe the evolution, selection, muta- 
tion, crossover, scaling, termination etc. (some of these variations is discussed in Coley, 
1999). The aim here is to investigate the feasibility of using simple genetic algorithms 
which are suited to the batch distillation problem and that are more readily available in 
library codes. 
Some computational consideration for the optimisation approaches are presented in Ap 
pendix D. 
Chapter 4 
Optimal Operation of Extractive 
Batch Distillation 
In this chapter, optimal operations of extractive batch distillation for both 
regular and middle vessel columns are derived based on a profit objective 
function. Detailed models are used for the rigorous dynamic optimisation 
which takes into account a wide range of operation decision variables in- 
cluding reflux ratio, solvent feed rate, input heat duties and the possibility of 
product withdrawals during the process. Optimal feed distribution and liquid 
and vapour stream configurations at the middle section of the middle vessel 
column are also investigated. Separation of a minimum boiling azeotropic 
aceton e-m ethanol mixture using water as solvent and involving different sep- 
aration duties and feed compositions, is presented as a case study. The per- 
formance of the middle vessel column is found to be significantly influenced 
by the middle section stream configurations, with the highest profit value 
achieved when the stream configurations are allowed to vary optimally dur- 
ing the operation. The optimal operating policy for the middle vessel column 
involved the feed being charged predominantly to the reboiler still with low 
holdup in the middle vessel during the operation. 
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4.1 Introduction and Aims of This Work 
Azeotropic and low relative volatility mixtures are commonly encountered in the fine 
and specialty industries, and many chemical processes depend on efficient and econom- 
ical means for their separation. Extractive distillation is widely used in the chemical 
industry and is commonly applied in a continuous multi-column mode. However. due 
to the proliferation of low-volume value-added fine chemical and biopharmaceutical in- 
dustries, and in the current highly competitive climate of changing duty and product 
demand, extractive distillation in batchwise mode provides an economically attractive 
and flexible single column process alternative. 
Graphical and simulation studies so far have demonstrated that the choice of various 
operation parameters has a significant effect on the performance of the process, i. e. Ya- 
tim et al. (1993), Safrit et al. (1995), Safrit and Westerberg (1997) and Warter and 
Stichlmair (1999) (details in chapter 2.2). The use of unconventional columns for extrac- 
tive batch distillation has also been proposed for a few years now, i. e. the middle vessel 
column by Safrit et al. (1995). The advantages of this complex column over the regular 
column, for example with respect to product recovery, were claimed in the literature by 
Safrit et al. (1995) and Warter and StichImair (1999) but were contradicted by Lelkes 
et al. (1998b). There are more decision variables available to this configuration than to 
a regular configuration, which increases the flexibility as well as the complexity of the 
column. Studies so far have mainly involved feasibility and column sequencing, as well as 
comparative studies via simulation. Recently, experimental investigation on a laboratory 
and pilot plant scale has been started by Milani (1999), Cui et al. (2002) and Warter et 
al. (2002). 
Only a few optimisation studies have been found in the literature survey (chapter 2.2). 
These studies have only been tackled in recent years, namely Mujtaba (1999), Ruiz Ahon 
and de Medeiros (2001) and Furlonge (2001). Mujtaba (1999) studied the optimal oper- 
ation of extractive batch distillation in the regular column with the optimisation prob- 
lem decomposed into separate independent single-period dynamic optimisation problems. 
The optimisation study by Ruiz Ahon and de Medeiros (2001) included both regular and 
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middle vessel columns but the work was based on a simplified pseudo stationary cascade 
model, a simpEfied operating procedure, the consideration of only one decision variable. 
namely the product fraction profile, and unconstrained optimisation whereby every cut 
has a value corresponding to its purity. Recently, Furlonge (2000) reported in his thesis 
an optimisation study on the extractive batch distillation on a packed column using a 
rigorous model. To the best of our knowledge, no industrial attempt has been reported 
so far in the open literature to realise extractive distillation in a batch system although 
it is expected that this form of operation does take place. 
In this work, the optimal operation of extractive batch distillation in both regular and 
middle vessel column configurations is presented. The work in this chapter expands on 
previous works by presenting a more rigorous and comprehensive optimisation case study 
of extractive batch distillation, based on the exploration of a wider range of degrees of 
freedom available, including optimal feed placement and optimal stream configuration in 
the middle vessel column. A detailed tray model is used for the first time taking into 
account tray hydraulics and variable holdup that closer reflect the operation practicali- 
ties. The optimal operations are obtained via a dynamic optimisation technique using a 
profitability objective function. 
In the next section, the different column configurations for extractive batch distillation 
and their degrees of freedom are outlined, followed by the introduction of the optimisation 
formulation and the key features of the model used. Next, the solution methodologies for 
the dynamic simulation and the optimisation problem are presented. This is followed by 
the description of a case study involving the extractive separation of a binary minimum 
boiling mixture using both regular and middle vessel columns. Finally, the optimal 
operations of both columns for different scenarios are compared. 
4.2 Column Configurations and Degrees of Freedom 
The regular and middle vessel column configurations for extractive batch distillation are 
shown in Figure 4.1. In the regular column, feed is charged into the reboiler initially. 
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Figure 4.1: Batch column configurations for extractive distillation 
During operation, solvent may be added between the rectifying and extractive sections' 
whilst product and offcuts are withdrawn from the top. The solvent is recovered in the 
reboiler at the end of the operation. The operating policy can be sufficiently described 
by the parameters reboiler heat duty, Qrebý reflux ratio, R(t) and solvent feedrate F,, 1(t). 
The middle vessel column is split into three sections. Similar to the regular column, the 
rectifying section is above the point of solvent addition. Below the solvent feed point, 
the middle vessel is placed between the extractive and stripping sections. Due to the 
flexibility of this column, the feed can be charged either to the middle vessel or to the re- 
boiler, hence three different alternatives can be considered, namely feed placed mainly in 
the middle vessel, feed placed mainly in the reboiler drum and feed optimally distributed 
between these two. Previous studies on this column were always conducted with feed 
placed in the middle vessel. In this study, this assumption is relaxed and feed placement 
is considered as a degree of freedom. Also for the first time, material withdrawal is al- 
'It is also possible to add the solvent further down the column, or even in the reboiler. However, this 
is not considered in the case study presented here. 
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Figure 4.2: Different stream configurations at the middle section of the middle vessel 
column 
lowed into accumulators during the operation from both the reboiler (flowrate F,, b(t)) 
and the middle vessel (flowrate F,, (t)). 
Most studies so far on middle vessel column involved only a fixed middle section stream 
configuration. However, there are several combinations of vapour and liquid streams con- 
nection possible between the column and middle vessel as shown in Figure 4.2. Studies 
on middle vessel columns concentrated mostly on configuration A. The reason for this 
may be due to the practicality of this configuration where the whole liquid stream, as 
a result of weir overflow of the bottom extractive tray, is diverted into a middle vessel. 
The liquid stream from the middle vessel is fed back into the column at the top strip- 
ping tray, the rate of which, L,, (t), can be optimised. This configuration can operate 
without heat addition in the middle vessel and can be easily constructed by modifying 
an existing regular column. However, there is also an opportunity to introduce heat- 
ing at the middle vessel, and an additional vapour stream originating from the vessel 
is possible. Furthermore, the liquid stream leaving the bottom extractive tray and the 
vapour streams leaving the top stripping tray can be directed in different ways (at least 
one stream must be fed to the middle vessel). These degrees of freedom lead to the 
different middle vessel configurations shown in Figure 4.2. Warter and StichImair (1999) 
compared the extractive batch distillation operations in configurations A and C via a 
RD2 : -- RD2 ý RD 2 
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Column Configuration Feed Location Optimisation Decision Variables 
-D - Regular Reboiler drum Qreb, R(t), F,, I(t) 
Middle vessel Optimally Qreb, R(t), Foi(t), Lm, (t), Freb(t), Alreb(0), 
distributed M,, (O), RD2(t), RD3(t)) Qmv(t), Fmv(t) 
Table 4.1: Summary of decision variables considered 
simulation study. In this study, the effect of the middle section stream configuration on 
the optimal column operation and performance is investigated. The liquid and vapour 
split fractions, RD2(t) and RD3(t), are also treated as degrees of freedom in this study. 
Together with the initial feed distribution in the reboiler and middle vessell Mreb(O) and 
M,,, (O), reboiler and middle vessel heat duties, Qreb and Q,, (t), reflux ratio, R(t), sol- 
vent feedrate, F,, I(t), and both middle and bottom withdrawals, F,, (t) and Freb(t)l the 
optimisation determines all degrees of freedom available and hence the best operating 
policy for the given feed composition and product requirement without any prior specifi- 
cation on feed placement or middle section stream configuration. The degrees of freedom 
for both columns are summarised in Table 4.1. 
4.3 The Extractive Batch Distillation Operation Problem: 
Optimlisation Formulation 
The purities of the main products are normally driven by customer demand and dis- 
tillation is undertaken to achieve these specifications. The optimal operation of batch 
distillation is dictated by the economics of the process, i. e. to achieve the greatest profit 
at the shortest possible duration. The optimisation problem considered here aims there- 
fore to find the operating variables (see Table 4.1) which maximise the operating profit 
per unit time. The profit can be calculated by taking into account sales revenue, inven- 
tory cost, utifity cost, waste cost and capital investment interest. If the operation of a 
column is to be considered, the capital investment costs associated with any existing col- 
umn are fixed a priori and thus would not be involved in any operating trade-off (unlike 
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optimal design studies where this parameter must be included to account for the inter- 
action between column sizing and the operation performance afforded by a particular 
column size). Here, the cost of waste is neglected in the objective function, i. e. assuming 
any waste cuts being relatively valueless compared to the value of the desired products. 
Since a significant fraction of the solvent used may be recovered at the end of the batch 
at a purity equal to, or higher than that of the fresh solvent, only the make-up solvent 
is included in the objective function: 
Prof it = 
Sales revenue - Feed cost - Solvent cost - Reboiler duty 
Batch processing time 
Mathematically, the optimisation problem can be written as: 
X: Nc make-up t 
max 
i-, 
CzHA, i(tf) - 
CfeedHfeed 
- 
C,, IHsol CQ fýf QT(t)dt (4.2) 
tf 
subject to 
Model equations (equality constraints), 
(ýj X, t, U) -- 0 (4.3) 
Control variables bounds, 
U rrun < UO :ý Umax (4.4) 
0-0 
Products purities (inequality constraints), 
min Vi=1,.. j Nc 
(4.5) XA, i(tf) ý! XA, i 
Recovered solvent purity (inequality constraint), 
XA, sol(tf) 
ý! Xfeed, sol 
(4-6) 
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Product and solvent recovery (inequality constraints), 
H A, i(tf )> jymn 
Hf 
eed, i 
I 
HA,,, l (tf 
F,, l(t)dt 
Vi = I,.., Nc 
rrun 
Sol 
97 
(4.7) 
(4-8) 
If solvent feedrate is much higher than the distillate flowrate and withdrawals, the pos- 
sibility exists that the reboiler drum may overflow, leading to operational problems. To 
prevent this situation from arising, a constraint is placed on the liquid level (1reb) in the 
reboiler drum during the optimisation, 
Ireb (t) < 
Vreb Vt C [O, tf] 
Areb (4.9) 
where CiXfeed7C,, j and CQ represent the unit costs of product i, feed, solvent and 
heating, respectively, HA, i, Hf eed and H 
make-up the amounts of product i, feed and Sol 
make-up solvent, respectively, QT(t) the total reboiler and middle vessel heat duty, tf 
the total batch processing time, XA, i and XA,,, l the recovered product and solvent purity, 
respectively, Xf eed, sol the purity of the solvent feed, 11reb and Areb the reboiler volume and 
cross-sectional area, respectively, and Iln-Lin and 11"' the minimum product and solvent z. Sol 
recovery, respectively. H make-up is defined as: Sol 
H make-up = 
Itf 
F,,, I(t)dt - HA, sol(tf) Sol 
(4.10) 
where F,, I(t) is the solvent feedrate, and 
HA,,, I(tf) is the amount of solvent recovered at 
the end of the batch. 
4.4 Solution Methodology 
The control vector parameterisation (CVP) NLP as described in chapter 3 is used here. 
In order to use the CVP technique, a feasible solution of the model equations must ex- 
ist for every possible value which the optimisation decision variables may take. This is 
not a trivial requirement. In the middle vessel column for instance, the reflux 
flowrate 
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(L,, ) from the middle vessel is allowed to vary within certain bounds in the optimisa- 
tion. Since the reflux flowrate ma exceed y the inlet flowrate (L", ) to the M middle vessel 
(which depends on the column equations), the liquid holdup (M,,,, ) in the middle vessel. 
determined by the equation: 
dMmv in 
dt - Lmv - Lmv (4.11) 
may fall below zero. This situation is physically unrealistic and must be avoided. A 
technique (Furlonge et al., 1999) is employed whereby the above mass balance is modified 
to: 
dM, v 
-L 
in 
- L' (4.12) dt mv mv 
where L' is the effective reflux flowrate related to the control variable L,, via: mv 
- 
mmv mmin 
e M* (4.13) mv 
where M* and Mmin are constant holdup values. These are chosen such that, for 
(M,,,, (t) - M'-"') > M*, the above equation reduces to L' v '-ý M, L,,. 
On the other 
hand, as Mmv(t) , Mmin, Lmv tends to zero. Hence, assuming that the initial holdup 
value Mmv(O) > Mmin, Mv(t) can never become negative for any control profile of 
Lmv(t). 
Similarly, effective liquid withdrawal rate, F,,,, (t), and effective middle vessel heat duty, 
Q,,,, (t), are also used. The same technique is also employed to prevent the reboiler drum 
from going dry using an effective liquid flowrate leaving the reboiler drum, Feb(t), and 
an effective reboiler heat duty, Qreb, 
4.5 Mathematical Model 
In this study, a detailed model is used. The level of abstraction used disposes of the com- 
mon modelling assumptions such as negligible tray holdup and constant molal overflow 
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which may have a significant impact on the optimal solutions obtained as demonstrated 
by Tomazi (1997) and Furlonge et al. (1999). The main features of the detailed model 
are presented in chapter 3.1. 
Dynamic material and energy balances are also used to model the accumulator, reflux 
drum, vessels and reboiler. 1n each of these, both liquid and vapor holdups are taken 
into account. The condenser model assumes total condensation with no subcooling. The 
model assumptions retained include no entrainment effects, no downcomer dynamics, 
adiabatic operation with regards to the column's outer environment, phase equilibrium 
and perfect mixing. The implementation and simulation of the model are presented in 
Appendices A and E, respectively. 
4.6 Optimal Operation of Regular and Middle Vessel Columns 
Separation of an acetone- methanol mixture using water as solvent, a well known indus- 
trial application, is considered. Many studies, from Yatim et al. (1993) to Milani (1999), 
have presented this mixture and solvent as their case study, therefore the same is used 
here for easy comparison. The mixture forms a minimum boiling azeotrope at 55'C with 
about 0.8 mole fraction of acetone (Gmehling and Onken, 1977). The feed composition is 
50 mol% each and the batch size is taken to be 100 mol plus 5.7 mol initial total holdup 
on the trays and the reflux drum. 
The product specification for the acetone cut is 93 mol% whilst the specification for water 
is 99 mol%, matching the initial purity of the solvent so that the recovered cut can 
be 
re-used in successive batches. For the methanol-rich cut, it is either treated as an offcut 
or as a product with a specification of 93 mol% imposed on it. If it is treated as an 
off, cut, it has negligible sale value. The cost parameters needed in the objective 
function 
are given in Table 4.2. 
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Cost Parameters 
Sale price of acetone, C, ($/mol)l 1.358 
Sale price of methanol, C2 ($/MOI)l 0-606* 
Cost price of feed, Cf eed 
($/MO1)1 0.298 
Cost price of water, C,, l ($/mol)' 0.0038 
Heating cost, CQ ($IMj)2 0.019 
1: taken from Mujtaba (1999); 2: taken from Sinnott (1993) 
* 0.001 when treated as offcut 
Table 4.2: Cost parameters for case study 
Accumulator Volume, v 0.0151 m3 
Reflux drum Volume, v 0.000079 m3 
Reboiler drum Cross-sectional area, Areb 0.03 m2 
Volume) Vreb 0.012 m3 
Middle vessel Volume, v 0.012 m3 
Trays Number of trays, N 30 
Volume, Vk 0.00012 rn 3 
Weir height, hweir 0.006 m 
Weir length, Iweir 0.018 m 
Plate area, Ak 0.00196 m2 
Total hole area, Aholes 0.0002244 m2 
Wall correction factor, Fw 0.98 
Aeration coefficient, # 0.6 
Tray vapour flow coefficient, a 0.003 
Scale parameter, ýp 1.0 
Condenser Vapour flow coefficient, -y 0.04 
Table 4.3: Column dimensions and other characteristics 
4.6.1 Column Specifications 
The regular and middle vessel tray column configurations were shown in Figure 4.1. 
Both columns have the same number of trays. The condenser pressure in both cases 
is atmospheric. Table 4.3 shows the column dimensions and other characteristics. The 
typical values of coefficients such as wall correction factor, aeration coefficient, tray and 
condenser vapour flow coefficients were obtained from Perry and Green (1984). 
The rectifying section of the regular column consists of 6 trays. Below the point of solvent 
addition, the extractive section consists of 24 trays. Depending on the specifications, two 
or three overhead accumulators are used to collect the acetone product, methanol prod- 
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A1,2- A,,, A2,1- A2,2 
(J/mol) (J/mol) 
acetone(l) methanol(2) -478.6693 2281-5109 
acetone(l) water(2) 1440.6960 6201-5804 
methanol(l) water(2) 347.2201 2178-3820 
Source: Gmehfing and Onken (1977) 
Table 4.4: Wilson binary interaction parameters 
uct and offcut. The recovered solvent is taken to be the final content of the reboiler drum. 
Similarly, the rectifying section of the middle vessel column consists of 6 trays. Both the 
extractive and stripping sections consist of 12 trays each, making the total number of trays 
equivalent to that of the regular column. An overhead accumulator is used for collecting 
the acetone product and another accumulator is made available for a possible offcut. 
The methanol-rich cut is produced in the middle vessel rather than being withdrawn 
overhead. The recovered solvent is taken to be the final content of the reboiler drum 
together with the liquid withdrawn to the bottom accumulator. 
4.6.2 Thermophysical Model 
Thermophysical properties including density, enthalpy and fugacity are calculated using 
the Multiflash (Infochem Computer Services Ltd., 2000) physical properties package in- 
terfaced to gPROMS. The pressure range of the system is 1 bar with no liquid-liquid 
heterogeneity, hence the Wilson model is chosen for the polar liquid phase while the 
Soave- Redlich- Kwong Equation of State is used for the vapour phase. 
The Wilson binary interaction parameters were obtained from Gmehling and Onken 
(1977), as shown in Table 4.4. The consistency of the parameters were checked 
by 
performing simple boiling point flash calculations at atmospheric pressure and 
the results 
obtained matched closely the values given by Safrit et al. 
(1995). 
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Decision Variables Bounds 
Qreb (kW) [0-5 20] 
Q r,,, (t) (k W) [0-5 20] 
R(t) [0.5 1] 
RD2(t) [0 
RD3(t) [0 
F,,, I(t) (mol/s) [0 , 0.1] L,, (t) (M01/8) [0.1 
, 1] 
F,, (t) (MOI/8) [0 0-5] 
Freb(t) (molls) [0 0-5] 
M,, (0) (MOI) [10 
, 
90] 
Mreb(O) (MOI) [10 90] 
At (S) [10 2000] 
Table 4-5: Decision variable bounds 
4.6.3 Initial Conditions 
The start-up period of operation, i. e. starting from when the column is initially dry and 
cold feed is placed in the reboiler drum, is not simulated. Ratherý it is assumed that the 
initial liquid composition throughout the column is that of the feed (50 mol%), and the 
liquid is at its boiling point (i. e. 330 K). This was shown by Sadotomo and Miyahara 
(1983) to be a reasonably accurate approximation for tray columns. The initial liquid 
holdup on the trays is 0.19 mol to allow liquid flow over the weir from the very beginning 
of the operation. The reflux drum and all accumulators are assumed to be empty at the 
start. 
4.6.4 Bounds on Decision Variables 
For a fixed column design, the operation is likely to be most profitable when operated 
at maximum available reboiler heat duty to provide maximal column vapour loading 
(without flooding) and shorter process time. Thus, the optimal time-invariant reboiler 
heat duty is determined. All other control variables are allowed to vary in a piecewise- 
constant manner. The bounds placed on the optimisation decision variables are shown 
in Table 4.5. 
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Case Separation Duty Middle Stream Recovery 
Study (purity) Configuration Constraint 
(Figure 4.2) 
Acetone (93 mol%) 
Solvent (99 mol%) 
A >20 
Acetone (93 mol%) 
Methanol (93 mol%) 
Solvent (99 mol%) 
A, B) C) D >20 
and Optimal 
Table 4.6: Summary of optimisation cases considered 
4.6.5 Case 1: Single Product 
The separation duty involving only one main product (acetone) and solvent recovery is 
considered first (Table 4.6). The operating duration is divided into four time intervals 
for both regular and middle vessel columns, the durations of which are allowed to vary 
in the optimisation. In the case of the regular column, all of the feed is initially charged 
to the reboiler drum. The reflux ratio, R(t), the reboiler heat duty, Qreb, and the solvent 
feedrate F,, I(t) are optimised. The column is operated under total reflux (i. e. R(t) = 1) 
in the first interval. All other decision variables in this interval, and all decision variables 
for the subsequent intervals, are free to be determined by the optimisation. The acetone 
product cut is collected in the first overhead accumulator during the first three intervals. 
In the last interval, a methanol-rich offcut is withdrawn into the second accumulator 
whilst the solvent concentrates in the reboiler. 
The simplest and most Practical middle vessel column configuration (configuration A, 
Figure 4.2) is considered with three different feed locations, namely feed placed mainly 
in the middle vessel (90%), feed placed mainly in the reboiler drum (90%) and 
feed 
optimally distributed between these two. The reflux ratio, R(t), the reboiler 
heat duty, 
Qrebý the solvent feedrate, FI(t), the reflux flowrate from the middle vessel, L,, 
(t), and 
the bottom product withdrawal flowrate, Freb(t), are optimised in an three situations. 
Similar to the regular column, only the reflux ratio in the first interval is set to total 
reflux, the rest of the decision variables are optimised throughout 
the duration of the 
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Column Regular Middle Vessel 
Feed Location a a b C 
Reboiler/Middle vessel (mol) 100/- 90/10 10/90 90/10 
Operating profit ($1hr) 149.8 122.5 111.8 122.5 
Batch processing time (min) 16.6 18.9 21.5 19.0 
Heat consumption (MJ) 19.9 20.2 22.4 20.3 
Acetone recovery (%) 93.0 89.3 91.3 89.7 
Methanol recovery - - - - 
Solvent recovery (%) 69.9 52.0 52.7 52.2 
Solvent used (mol) 78.2 94.8 96.4 95.4 
Feed location a: reboiler drum; b: middle vessel; c: optirmsed 
See Appendix F for product purities 
Table 4.7: Summary of optimal results for case study I 
operation. The acetone product is collected in the first top accumulator while high 
purity solvent recovery is collected in the reboiler and bottom accumulator. A summary 
of the optimisation results for case study I is given in Table 4.7 (see Appendix F for 
product purities)- 
Optimal Operating Policy for Regular Column 
Although four control time intervals were allowed in the optimisation, the optimal oper- 
ating policy suggests that only three steps are required to fulfil the separation duty. As 
can be seen from the reflux ratio profile in Figure 4.3a, the first step is a short period 
of total reflux operation (102 s duration) with solvent introduced right from the very 
beginning of the process. Thus, the first period of total reflux without solvent addition, 
as proposed by Yatim et al. (1993), is found here to be redundant for this case, reducing 
the minimum number of operation steps required to three. The acetone composition in 
the distillate rises steeply and above the azeotropic composition (80 mol%) during this 
period (Figure 4.3b). The reboiler holdup dips slightly before rising 
due to the introduc- 
tion of the solvent. 
In the second period of operation, withdrawal of the acetone product cut occurs. 
The 
OPTIMAL OPERATION OF EBD 105 
Reflux Ratio 
1.0 
0.9 
0.8 
0.7 
0.6 
0.5 
0.4 
Solvent Flowrate (mol/s) 
TO. 12 
0.10 
0.08 
0.06 
0.04 
0.02 
-j 0.00 
1500 
Liquid Holdup (mol) 
120' 
--------- - 
110 
100 
90 
80 
70 
601 
50- 
0 500 
Composition (mol/mol) 
1.0 
0.8 
0.6 
0.4 
0.2 
0.0 
1000 1500 
Time (s) Time (s) 
(a) (b) 
(a) - reflux ratio; --- Fsol (b) -- reboiler holdup; --- composition of acetone in distillate; 
... composition of solvent in reboiler 
Figure 4.3: Case I optimal results for regular column 
withdrawal period is relatively lengthy compared to the first period due to the high reflux 
ratio required to maintain a high distillate composition. This reflux ratio is maintained 
at the same value (0.884 and 0.883) in the two intervals (of 251 S and 428 S). Solvent 
feedrate (0.1 mol/s) and reboiler duty (20 kW) at the maximum bounds are chosen. 
The reboiler liquid holdup increases gradually as solvent addition exceeds the product 
removal rate. 
In the final period of operation (212 s duration), solvent feeding terminates and solvent 
purification takes place. This involves the withdrawal of a methanol-rich cut overhead. 
Intuitively, a low reflux ratio is used in order to reduce the length of time taken, particu- 
larly since no specification is placed on the purity of the methanol-rich cut as it is treated 
as a waste cut. The reboiler liquid holdup drops sharply as an offcut is withdrawn into 
the second accumulator at the top, until the purity specification on the solvent in the 
reboiler (99 mol%) is reached. The total batch processing time is 993 s. 
500 1000 
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Optimal Operating Policy for Middle Vessel Column 
The optimal operation of the middle vessel column with feed mostly charged to the re- 
boiler drum (Table 4.7, case a) is found to be quite similar to the optimal operation of the 
conventional regular column. Again, only three operation steps are required (Figure 4.4). 
The first total reflux period (277 s) is much longer than that of the regular column. 
Again, the maximum allowable solvent feed rate is introduced to the column from the 
very beginning. A high reflux flowrate from the middle vessel is selected which maintains 
a low liquid holdup in the middle vessel (Figure 4.4c). Note that the effective reflux 
flowrate, L' , is lower than its control value, L due to the low middle vessel holdup M mvý 
(refer to Equation 4.13). This is a result of the mathematical technique used to prevent 
the vessel from going dry (as described in section 4.4). 
In the second period of operation, the acetone cut is withdrawn at a reflux ratio of 0.881 
followed by 0.855 (two intervals of 439 s and 232 s, respectively). The solvent feedrate 
is kept at the maximum allowable value during this period. The middle vessel liquid 
holdup is kept fairly constant and at a low value. As shown in Figure 4.4d, the methanol 
composition profile in the middle vessel profile rises steeply towards the end of this period. 
In the final period (183 s duration), purification of the solvent in the reboiler drum 
occurs. Again, the reflux ratio is lowered to accelerate the removal of the offcut. The 
reflux flowrate from the middle vessel, L, is decreased substantially, causing the liquid 
holdup in the middle vessel to rise and the methanol purity in the vessel to deteriorate. 
This is because no specification is imposed on this cut, hence an the decision variables 
are selected to speed up the concentration of the solvent in the reboiler. Note that, 
although bottom product withdrawal is allowed throughout the duration of the process, 
no bottom cut was withdrawn and the solvent concentration in the reboiler only reaches 
its specification at the end of the process. 
Next, consider the case where the feed is charged to the middle vessel (case b). The 
optimal operation policy involves an initial total reflux period without solvent feeding 
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Figure 4.4: Case I optimal control variables, holdup and composition profiles for middle 
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Figure 4.5: Case I optimal control variables, holdup and composition profiles for middle 
vessel column with middle charge (case b) 
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(Figure 4.5). During this period, a high reflux flowrate from the middle vessel is selected 
which causes most of the liquid holdup in the middle vessel to be transfered to the re- 
boiler (Figure 4.5c). By the end of the first period, the distillate composition reaches the 
azeotropic. point. Then, maximum solvent feedrate is introduced into the column until 
the distillate composition approaches the purity specification. Hence, the combined total 
reflux period is longer (396 s) compared to the previous case (277 S) but the extra time 
is spent transfering material from the middle vessel to the reboiler. 
Finally, the initial feed distribution was determined (case c). As expected, the optimal 
feed placement is in the reboiler, i. e. 90 mol, and the control variables profiles are 
practically identical (within the optimisation accuracy) to those of case a (Table 4.7). 
Comparison of Regular and Middle Vessel Column 
For the middle vessel column, the optimal operation for feed charged to the reboiler drum 
(case a) performed better than for feed charged to the middle vessel (case b). This was 
confirmed by the optimal feed location results (case c). The operating profit for case b 
was about 9% lower than that of cases a and c due to the additional interval required 
at the beginning of the operation to transfer the holdup from the middle vessel to the 
reboiler. 
The optimal acetone and solvent recovery of the regular column were found to be higher 
than that of the middle vessel column. Also, the operating profit of the regular column 
was 18% higher than that of the simple middle vessel column configuration (case a). 
This was in part due to the longer total reflux period in the middle vessel column. In 
this specific case study, where recovery of the intermediate component (methanol) was 
not considered, the middle vessel did not offer any functional advantage compared to the 
regular column other than acting as a low level holdup throughout most of the operation 
duration. 
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4.6.6 Case 11: Multiple Products 
In this example, the less volatile component methanol is also recovered, at a purity 
specification of 93 mol%, in addition to the specifications of acetone and solvent (Table 
4.6). For the regular column, results from the first case study suggest that four control 
intervals are sufficient to fulfil the extra methanol specification. The methanol rich cut 
is collected in the final accumulator with an additional accumulator made available after 
the first acetone accumulator to collect a possible offcut. For the middle vessel column, 
all the different stream configurations are now considered (Figure 4.2). The methanol rich 
cut is purified in the middle vessel and an additional accumulator is also made available 
for a possible offcut from the top. Therefore, the number of time intervals is increased to 
five for all the middle vessel configurations. The optimisation results are discussed below 
(summarised in Table 4.8). 
Optimal Operating Policy for Regular Column 
The first period for the regular column is a short total reflux operation (99 S) with 
solvent feeding at the maximum rate (Figure 4.6). The acetone composition at the top 
rises steeply from that of the feed to well above the azeotropic point (Figure 4.6c). In the 
second period of operation (648 s), withdrawal of the first product cut of acetone occurs. 
This is done rather slowly with a high reflux ratio to maintain the distillate at a fairly 
constant level of just above the required 93 mol%. As shown in Figure 4.6b, the liquid 
holdup of the first accumulator increases at a constant rate with a final acetone recovery 
of 90.4% with 93.0 mol% purity. At the end of the second period, the composition 
change in the distillate is very sharp with the methanol profile shooting upwards almost 
instantaneously to well above the purity specification of 93 mol%. Hence, an offcut is 
not required in the optimal policy as shown in Figure 4.6a where the offcut interval 
touches the minimum bound of 10 s. In the third period (211 s), solvent addition 
ceases and a lower reflux ratio is chosen to speed up the relatively easy separation of 
the remaining methanol from the solvent in the reboiler. As shown in Figure 4.6b, the 
second accumulator fills up much faster than the first accumulator. 
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Optimal Operating Policy for Middle Vessel Columns 
Five different configurations of the middle vessel column were investigated in this case 
study (Figure 4.2). For each configuration, the variables which were determined by the 
optimisation include the reflux ratio, R(t), solvent flowrate, F,, I(t), reflux from the middle 
vessel, L,, (t), reboiler and middle vessel heat duties, Qreb and Q,, (t), withdrawals from 
the reboiler and middle vesselý Freb(t) and F,, (t), the initial feed placement, M,, (O) 
and Mreb(O), and duration of the process intervals, At. In addition, the split ratios of the 
liquid and vapour streams at the middle vessel section, RD2(t) and RD3(t), were allowed 
to vary in the optimal case (refer to Table 4.1). 
For the most practical configuration A (Figure 4.7), the optimal feed location is the re- 
boiler drum. The total reflux period with solvent addition is followed by the acetone 
removal period at reflux ratios of 0.907 and 0.867. After a brief period of offcut, the 
solvent feed is stopped and another total reflux period resumes. Reflux flowrate from 
the middle vessel is reduced, allowing the methanol cut to accumulate and purify in the 
middle vessel. At the same time, the solvent is being purified in the reboiler drum. There 
was no withdrawal from the reboiler nor from the middle vessel. 
In configuration B, a heat input is introduced at the middle vessel and vapour is allowed 
to flow between the middle vessel and the bottom extractive tray. The optimal operating 
policy is similar to that of configuration A. The introduction of heating at the middle 
vessel, albeit at only 4.5% (0.9 MJ) of the total heat consumption, improves the perfor- 
mance of the separation in terms of lower processing time and overall heat duty as wen as 
improvement in product recoveries. The objective function increased by 18% from 201.4 
$1hr to 238.0 $1hr compared to configuration A (Table 4.8). 
In configuration C, the vapour stream from the stripping section is fed to the middle 
vessel instead of to the extractive section. Of course, from a practical point of view, 
diversion of vapour between the trays into a heated middle vessel is difficult, unlike the 
liquid stream which may be easier to split via the downcomer. Nonetheless, in order 
to pursue a purely theoretical scenario, the model assumes the vapour stream as 
being 
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Column Configuration Regular Middle Vessel 
A B C T- D Optimal 
Operating profit ($1hr) 270.8 201.4 238.0 257.9 278.7 
_ 
291.1 
Batch processing time (min) 16.0 18.1 16.3 16.0 15.1 14.7 
Total heat consumption (MJ) 19.1 21.0 20.0 19.6 18.5 18.0 
Total heat consumption 
to middle vessel (MJ) - - 0.9 0.5 2.9 2.1 
Acetone recovery (%) 90.4 79.3 83.7 87.9 90.0 91.5 
Methanol recovery 94.6 86.7 88.4 90.0 89.9 90.4 
Solvent recovery (%) 73.4 88.1 85.3 84.6 83.4 82.8 
Amount solvent used (mol) 73.4 83.6 74.6 73.2 67.8 66.0 
Optimal feed location (rnol) - 90/10 90/10 90/10 90/10 89/11 
(reb oiler/ middle vessel) 
See Appendix F for product purities 
Table 4.8: Summary of optimal results for case study 11 
driven by the usual inter-tray pressure difference. With this configuration, the column 
performance improved further with better processing time, overaU heat duty and product 
recoveries. The profit is 28% higher than that of configuration A. 
A more practical approach to investigate a possible improvement to configuration B, is 
to allow the direction of the liquid stream from the extractive section to be determined 
by the optimisation, i. e. configuration D. The downcomer flow could be split using a 
simple valve connection with the ratio being the decision variable, RD2. The optimal 
split ratio is at a high value (0.8) during the initial total reflux and acetone withdrawal 
periods. In other words, the liquid stream is diverted to the stripping section bypassing 
the middle vessel during the solvent addition periods. This behaviour may be explained 
by the fact that the solvent-rich stream would be directed towards the reboiler where 
eventually it would be purified, instead of being forced through the middle vessel where 
it may contaminate its content. During the final step, where methanol is purified 
in the 
middle vessel, the liquid stream switches its direction completely 
into the middle vessel. 
Configuration D has an operating profit 17% higher than that of configuration B and 
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38% higher than configuration A. 
Lastly, for the optimal configuration case (Figure 4.8), all operational degrees of freedom 
available to this column were examined including the optimal stream configurations be- 
tween the middle vessel and the column i. e. both the vapour and liquid streams split 
ratios. The optimal feed placement is in the reboiler drum as shown in Figure 4.8c. The 
control variables profiles show that only three operating steps are required, i. e. a short 
period of total reflux with solvent feeding, a top withdrawal period with solvent feeding 
and finally another total reflux period without solvent feeding. There is a very short 
offcut period (10 s, lower bound) before the final total reflux step. 
Figure 4.8a, b illustrates the optimal operating steps of the middle vessel column. In the 
first total reflux period (93 s), solvent is introduced at the maximum allowable flowrate. 
The heat duty in the middle vessel and reflux flowrate from the middle vessel are at their 
maximum bounds of 20 kW and 1.0 mol/s, respectively. This keeps the liquid holdup 
in the vessel low (Figure 4.8c). The entire vapour stream from the stripping section is 
directed to the middle vessel instead of to the extractive section. Similar to previous 
observations, the liquid stream, which is rich in the added water solvent and adsorbed 
methanol, is directed straight down to the stripping section, by-passing the middle ves- 
sel. As shown in Figure 4.8d, the acetone composition in the middle vessel improved and 
contamination by the solvent is kept low. 
In the second period (75 s and 492 s, durations), solvent feeding is continued at a high 
flowrate while the acetone product is being withdrawn at a fairly high reflux ratio. Only 
a minimal amount of heat duty is needed in the middle vessel (1.1 W, then 0.5 kW, 
lower bound). During this period, the composition of the middle vessel is kept fairly 
constant and so are the liquid holdups of the reboiler drum and middle vessel. This is 
because the rates of solvent addition and product removal are similar. Following a neg- 
figible offcut period (10 s, lower bound), the final period (213 s) involves simultaneous 
purification of the methanol product and the solvent. Solvent feeding is terminated. No 
top offcut withdrawal is necessary as the column is switched back to total reflux mode. 
Purification is done by the middle section stream configuration. All the Equid from the 
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column, and most of the vapour stream, is diverted to the middle vessel where methanol 
is being accumulated. At the same time, the water solvent is being recovered in the 
reboiler drum at its original purity. No withdrawals were taken from either the middle 
vessel or the reboiler throughout the process operation. 
By allowing both streams to vary in an optimal way, the operating profit increased by 
45% from that of the simple configuration A in our case study. The batch processing 
time and energy consumption decreased by 19% and 14%, respectively. 
Comparison of Regular and Middle Vessel Columns 
For the middle vessel column, Safrit et al. (1995) have proposed a middle vessel steering 
operating policy which involved a period of solvent addition with no bottom removal but 
with distillate removal (acetone), followed by a period of normal distillate and bottom 
(water) removal. During the latter period, the reflux and reboil ratios were calculated 
in order to maintain the distillate and bottom purities while the middle vessel is being 
steered towards the required methanol composition. They claimed that the advantage is 
high distillate recovery of up to 100% by overcoming the need for infinite reboiler size in 
the regular column. However, they observed high reflux ratio and reboil ratios towards 
the end of the operation. Thus, the proposed policy may not be attractive from an eco- 
nomic point of view due to requirements such as high number of trays, high utility costs 
and long processing times. They used a simple model assuming pseudo steady state on 
the trays and ignoring holdup effects hence the operational feasibility is doubtful. An- 
other study proposed by Lelkes et al. (1998b) has since refuted the study by Safrit et 
al. (1995) and even obtained the opposite result where the maximum recovery obtained 
using the batch rectifier was higher than that obtained with the middle vessel column. 
From an industrial point of view, a comparison of operating procedures is best made via a 
detailed optimal control problem based on the economics of the process which takes into 
account all revenues and related costs. The optimal economic operation is seldom the 
maximum production operation, maximum revenue operation nor minimum processing 
time operation alone. The results of our study suggest that the middle vessel did not 
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take up the functionality of being steered proposed by Safrit et al. (1995). In fact, the 
optimal feed location in this case study is the reboiler rather than the middle vessel. The 
optimal middle section stream configuration in the first two steps (Figure 4.9) resulted 
in the holdup of the middle vessel remaining low thus did not exhibit any advantageous 
functionality over the regular column. Only in the final step did the middle vessel use 
this option to accumulate the methanol cut and this is due to the product location being 
pre-specified. 
In this specific case study, it was found that the operating profit of the middle vessel 
column can be improved by 45% from that of the simple configuration A by allowing 
both liquid and vapour streams configuration to vary during the operation. The middle 
vessel column with a flexible middle section stream configuration also performed 7.5% 
better than the conventional regular column in terms of operating profit. The middle 
vessel has a slightly shorter batch processing time, heat duty and acetone recovery while 
the regular column achieved better methanol recovery. It should, however, be noted that 
the profitability depends on the selling price of the products and other costs. 
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Figure 4.10: Operating profits for different feed compositions 
4.6.7 Case III: Effect of Different Feed Compositions 
In the previous case studies, an equimolar mixture of the binary azeotropic feed was used. 
To the best of our knowledge, all studies of extractive batch distillation so far, including 
feasibility methods, simulation experiments and optimisation as reported in the Etera- 
ture review (section 2.2), involved only equimolar mixtures and hence their conclusions 
are valid only for these mixtures. Here, the optimal operating profits and operations for 
both regular and middle vessel columns using different feed compositions, are presented. 
Both the simple configuration (configuration A) and optimal stream configuration of the 
middle vessel are used in our investigation. The production of both feed components and 
solvent recovery were taken into account as in case study 11. The results are displayed in 
Table 4.9 and the operating profits are as shown in Figure 4.10. 
As can be seen from the results (Table 4.9), when the molar ratio of a particular com- 
ponent is large in the feed mixture, the recovery of that component improves for both 
columns. The change in the amount of solvent used is small (18 - 47%) as compared to 
the change is feed composition (200%). In the case of the regular column, which has a 
fixed solvent feedrate capacity, this is because the extension of the total period of solvent 
feeding (total reflux and acetone withdrawal periods) was not significant as a result of 
lower reflux ratios used for feed with more acetone. 
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Column Regular Middle Vessel Middle Vessel 
Simple Configuration Optimal Configuration 
Feed composition t 0.25, 0.50, 0.75, 0.25, 0.50, 0.75, 0.25, 0.50, 0.75, 
(molf raction) 1 
1 0.75 0.50 0.25 0.75 0.50 0.25 0.75 0.50 0.25 
Operating profit ($/hr) 175.0 270.8 373.7 143.7 201.4 284.4 244.2 291.1 373.3 
Batch processing time (min) 17.3 16.0 15.5 16.9 18.1 17.5 11.4 14.7 15.3 
Heat duty (MJ) 18.3 19.1 18.6 17.2 21.0 21.1 13.0 18.0 18.8 
Acetone recovery 77.0 90.4 97.1 58.0 79.3 88.5 71.0 91.5 97.5 
Methanol recovery 98.7 94.6 83.8 93.3 86.7 64.2 94.8 90.4 74.4 
Solvent recovery (%) 69.9 73.4 76.7 82.7 88.1 90.5 69.1 82.8 88.1 
Amount solvent used (mol) 68.3 73.4 80.9 61.2 83.6 90.0 39.8 66.0 83.1 
Optimal feed location (mol) - - - 84/16 90/10 90/10 72/25 89/11 86/14 
(reboiler/rriiddle vessel) 
Amount withdrawn from 0.0 0.0 0.0 0.0 0.0 5.0 
reboiler (mol) 
Amount withdrawn from 0.0 0.0 0.0 0.1 0.1 0.2 
middle vessel (mol) 
t acetone- methanol mixture 
See Appendix F for product purities 
Table 4.9: Summary of optimal results for regular and middle vessel columns using 
different feed compositions 
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Using the regular column to separate the various feed compositions, the optimal operat- 
ing profiles are similar, each with negligible offcuts. The main difference is the duration 
of the total reflux period. More time is needed to reach the purity specification for feed 
mixture with lower concentration of acetone (172,99 and 61s for the feed compositions 
25,50 and 75 mol% acetone, respectively). However, the total durations of the with- 
drawal steps of the operation are quite similar (865,859 and 8678, respectively) as the 
durations of the acetone withdrawal periods and the methanol withdrawal periods coun- 
terbalances each other for the various feed compositions. Thus, the optimal processing 
time of separating different feed compositions varies only insofar as the total reflux period 
at the beginning for a column with a maximum feedrate capacity. 
For feed composition with a higher acetone fraction (0.75,0.25), the longer period of 
solvent addition results in a greater amount of solvent added, and it would be intuitively 
assumed that the maximum reboiler still holdup would be greater. Contrary to that 
prediction, the maximum still holdup actually decreases as shown in Figure 4.11. This is 
because as the acetone composition in the feed increases, the rate of acetone withdrawal 
is faster due to lower reflux ratio. For the case of feed composition 75 mol% acetone, 
the withdrawal rate is actually greater than the rate of solvent addition. This causes the 
reboiler holdup to decrease rather than increase. Hence, for some separation duties, the 
capacity of the reboiler is not an operation limitation to batch extractive distillation and 
in such cases, greater quantities of feed may be processed. 
For the middle vessel column, the optimal feed placement is in the reboiler for all feed 
compositions for this case study. The operating procedures are similar - beginning with 
a period of total reflux with solvent feeding followed by an acetone withdrawal period, 
offcut with solvent feeding stopped and finally, a period of methanol concentration in 
the middle vessel. For feed mixtures richer in acetone, the initial total reflux period and 
the methanol concentration period gets shorter while the acetone withdrawal periods 
becomes longer. 
Similar to the observation in the regular column, although more solvent is used for sep- 
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Figure 4.11: Case III reboiler liquid holdup profiles in the regular column for different 
feed compositions 
arating a feed mixture rich in acetone, the maximum holdup in the reboiler is the lowest 
for the feed with 75 mot% acetone. In fact, similar to the regular column, the holdup 
was below the initial charge throughout the operation. Unlike the previous two cases, 
accumulation of volume is not required in the middle vessel during the methanol concen- 
tration period with the middle vessel reflux valve fully open (L,,,, maximum)- 
In comparison, the regular column performed better than the simple middle vessel column 
for all three feed compositions investigated. Interestingly, a linear function can be seen 
as shown in Figure 4.10, especially for the regular column. However, for feed with a low 
fraction of methanol, the advantage of the middle vessel column with optimal stream 
configuration over the regular column is reduced, up to a point whereby the operating 
profit of the regular column began to overtake that of the middle vessel column. This 
trend is in accordance with intuition as when the feed to be processed approaches pure 
acetone, the functionality of the middle vessel, i. e. to collect methanol, would diminish 
and thus it would not be expected to perform better than an straightforward batch 
rectifier. Hence, it can be assumed that the performance of a column configuration over 
another is dependent on the composition of the feed mixture and that in certain cases, an 
0 400 800 1200 
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advantage in performance may sometimes be reversed at some different feed composition, 
as found in our example. The same observation was also found by Sorensen and Skogestad 
(1996) when they compared the operation of the regular and inverted columns. 
4.7 Conclusions 
In this chapter, a study on optimal operation of extractive batch distillation operation 
involving a binary acetone- methanol azeotropic mixture with water as solvent was pre- 
sented. Both conventional and complex columns with flexible stream configurations were 
considered and several comparative case studies presented. The dynamic model took into 
account variable liquid and vapour holdups, tray hydraulics and rigorous mass and energy 
balances. A rigorous nonlinear programming technique was used for optimisation and 
all the operational control variables available to both columns were taken into account 
including reflux ratio, solvent feedrate, heating duties, stream ratios and withdrawals. 
The effects of feed distribution and stream configuration were also investigated. 
For the middle vessel column, the results of this study indicate that the operation is most 
economical when the feed is placed at the reboiler. The holdup of the middle vessel was 
kept at a low level throughout the first two steps thus did not exhibit any functional 
advantages over the conventional regular column in the specific case studies. The batch 
rectifier performed better than the simple configuration middle vessel column in terms of 
operating profit for various feed compositions. However, the performance of the middle 
vessel column can be improved by optimising the liquid and vapour stream configuration 
at the middle section. Nonetheless, in practice, the switching of the streams during the 
process is more difficult to implement compared to the more practical simple configura- 
tion. 
The example highlighted the need for thorough consideration when comparing the eco 
nomical. advantages of different column configurations and before making general conclu- 
sion as the performance of a column may be influenced by various factors such as feed 
composition. 
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The results obtained are specific to this case study in terms of mixture type, compo- 
sition, feed amount, operation objective, pricing, column design as well as parameters 
specification, bounds and constraints. Thus the guidelines drawn from this study are 
based on these conditions. However, this work shows that rigorous comparative optimi- 
sation case studies are now possible with current numerical and computer technology and 
can be beneficial if applied during column and operational design for batch extractive 
distillation. 
Chapter 5 
Optimal Design and Operation of 
Batch Distillation 
In this chapter, the simultaneous optimal design and operation of both reg- 
ular and multivessel columns based on an economics performance index are 
investigated. Rigorous models are used for the mixed integer dynamic op- 
timisation which is solved by adopting a stochastic search technique based 
on a genetic algorithm and penalty function strategy (chapter 3). Given a 
set of design specifications and separation requirements, the optimal number 
of stages, column vapour loading, reflux profiles, product recoveries, time in- 
terval of each distillation task, process allocation and number of batches are 
obtained for the regular column. Several design case studies are presented and 
a comparison of optimal designs for various design scenarios such as different 
production time, capital costs, process allocation and mixture characteristics, 
are investigated. Further case studies are also presented to highlight the effect 
of objective function, feed composition, relative volatility and product speci- 
fication on the optimal column section configuration and feed distribution of 
the multivessel system. Finally, a comparison of the optimum performance 
of the multivessel system and the conventional regular column is presented. 
The combined energy efficiency and production rate of the multivessel system 
is found to be greater than that of the regular column and the benefit is more 
prominent when separating mixtures with more components. 
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5.1 Introduction and Aims of This Work 
Although batch distillation is widely used in high-value and low to medium scale pro- 
duction, such as those found in the fine and speciality chemical and pharmaceutical in- 
dustries, the development of design methods for batch distillation remains a challenging 
task. There is a lack of studies on optimal design, which might be due to optimisation dif- 
ficulties associated with the inherent transient property of the batch process, the greater 
complexity supplied by the complex configurations, such as the multivessel column, as 
well as the problem of handling discrete design variables, such as number of stages, in 
addition to the continuous operation variables. Furthermore, the batch distillation op- 
timisation problem normally entails the solution of model and objective function with 
nonlinearities as well as a nonconvex solution space. The task is also further complicated 
when the batch column flexibility as a multipurpose separations unit has to be taken into 
consideration at the design stage. 
Design of batch distillation columns is still being carried out using heuristic approaches 
which rely on intuition, engineering knowledge and experience, starting with an order 
of magnitude calculation followed by repeated calculations either by hand or aided by 
a computer. With the emergence of greater computational power and better solution 
algorithms, computer-aided optimisation approaches using mathematical programming 
techniques is beginning to be used to tackle the simultaneous design and operation of 
batch distillation columns. However, to the best of our knowledge, only works by Di- 
wekar et al. (1989), Logsdon et al. (1990), Diwekar (1992), Mujtaba and Macchietto 
(1996), Sharif et al. (1998) and Kim (1999) are available in the open literature (details 
in chapter 2.3). In summary, most of these works involved the use of short-cut meth- 
ods and decomposition of the mixed integer dynamic optimisation (MIDO) problem into 
various NLP and MINLP techniques. The nonconvexity of the search space can cause 
these gradient-based sequential search methods to converge into arbitrary local optimal 
designs, and this has been the case for many optimal control studies using standard NLP 
techniques. 
The batch distillation design studies so far have concentrated on the conventional regu- 
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lar column and the problem has mostly been tackled using simplified and semi-rigorous 
models (except the works by Mujtaba and Macchietto, 1996 and Sharif et al., 1998) and 
subsets of the available degrees of freedom. The design of columns with complex configu- 
ration, such as the multivessel system, has not been attempted. So far, the analysis of the 
multivessel system had tended to focus exclusively on the operation of the system, i. c. 
the different operating policies and their on-line control schemes implementation. Despite 
the fact that the column section length and configuration of the multivessel system itself 
has a major impact on the separation performance, no design study has been reported in 
the open literature, neither in terms of the effect on the separation process nor in terms 
of optimisation that takes into account this key design decision variable. The optimal 
design of the multivessel system should be considered since the main drawback of the 
multivessel system is the high capital cost associated with the greater number of column 
sections needed in the system. The total combined column section lengths can be several 
times that of a regular column. Thus, it is important to take into account the trade-off 
in capital cost so that the comparison between the regular and multivessel columns can 
be more conclusive. 
The objective of this work is to study the simultaneous optimal design and operation of 
both the regular and multivessel batch distillation columns in different scenarios by apply- 
ing the stochastic genetic algorithm and penalty function optimisation solution approach 
proposed in chapter 3. The work also aims to highlight the effects of different design 
scenarios, i. e. production time, capital costs, process allocation, objective function, feed 
composition, relative volatility, product specification and number of components, on the 
optimal design and operation of batch distillation. An economics comparison between 
optimally designed regular and multivessel columns is also presented for the first time. 
In the next section, the batch distillation design problem is presented which include the 
definition of the optimisation problem and the formulation of the objective function. 
Next, the mathematical modelling of batch distillation and the optimisation solution 
technique are introduced. This is followed by case studies demonstrating how the ap- 
proach can be used to obtain the optimal designs of regular and multivessel columns, 
respectively, for different design scenarios. Finally, the performance of the regular and 
multivessel. columns are compared. 
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Design Alternatives 
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Capital Investment Costs 
Operational Alternatives 
----------- M-1 xtu r-e- -M --- ------ --- 
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Operating/Utility Costs 
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---- ---- 
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Number of Batches IN NbI N b2 NbM 
10 
Figure 5.1: Batch distillation design problem 
5.2 The Batch Distillation Design Problem 
5.2.1 Problem Definition 
128 
The objective in batch distillation design is to determine the most economical column 
specification capable of fulfilling all separation requirements intended for the unit. The 
design and operation issues are inherently interdependent, and thus they need to be 
considered simultaneously (Figure 5.1). This interdependency is fundamental as the 
operation of batch distillation is linked to the reflux ratio profile and column vapour 
loading, operation parameters which need to be set as a basis for a particular design. 
For continuous distillation, the design Emits are based on these parameters being fixed 
at the minimum and infinite values, resulting in the highest and lowest investment costs, 
respectively. However, in the batch mode, even with constant operation parameters, the 
system is dynamic, hence, a straightforward analytical calculation of the column design is 
not possible (unlike for continuous distillation where the design can be calculated based 
on its steady state condition). 
-ddd 
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Furthermore, the lowest capital cost design does not necessarily make for the most eco- 
nomical solution due to the low performance and high operating costs associated with 
a high reflux column. The optimal condition might be achieved by balancing the addi- 
tional performance obtainable against investment in a bigger column. For example, it is 
possible for a given set of separation requirements to be met using a column with the 
minimum number of trays for a particular reflux ratio profile, or alternatively, using a 
column with more trays operated over a shorter period of time at a lower reflux ratio 
profile. Also, operating at high vapour loading would reduce batch time but would con- 
versely incur an increase in reboiler and column investment costs as wen as utility cost. 
Thus, the design problem involves several complicated economics trade-offs between the 
capital investment and operating costs, subject to the separation requirements. 
The trade-off problem is further complicated when the batch distillation column is de- 
signed for separation of multiple mixtures. In industry, batch distillation is commonly 
used as a flexible multipurpose unit and there may be a need for the same column to 
be used for a wide range of feed mixtures or at different stages in a single production 
process. In this multipurpose scenario, the optimal number of stages and optimal control 
of each of the duty are different and therefore a third dimension is added whereby the 
design has to take into account the trade-offs among the various duties. Production time 
allocation, i. e. the relative importance of a particular mixture with regard to the oth- 
ers, would also influence the final optimal design solution. For example, if a particular 
separation is performed much more frequently than others, the ultimate design tends to 
be biased toward this weighting. The design also depends on the characteristics of the 
mixtures, such as the difficulty of separation, and the price structure of the separated 
products. In this work, the process time allocation of different mixtures may be given or 
can be treated as an extra degree of freedom and incorporated into the optimal design 
problem. Thus, the optimal design variables, the different optimal operating policies of 
each mixture, as well as the optimal allocation of process time among the mixtures, will 
be solved simultaneously. 
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5.2.2 Objective Flinction 
The general design objective of a batch distillation system is to obtain the most eco- 
nomical column design and operating policy that will satisfy all specified separation 
requirements. A performance index has to be defined in order to obtain the overall opti- 
mality of the design, which can then be used to compare column configurations. Furlonge 
et al. (1999) utilised the mean rate of energy consumption as the performance index for 
their optimal operation study, defined as: 
Mean energy consumption, E= 
Total energy consumption per batch 
Total batch time 
t 
Q(t)dt 
tf + t, 
(5-1) 
where Q(t) is the instantaneous rate of energy consumption in the reboiler and tf and 
t, are the batch processing and set-up times, respectively. By restricting the perfor- 
mance measurement to a single quantifiable aspect of the operation, in this case the 
energy consumption rate, the full optimal potential of the system could not be explored. 
This might not be the ideal performance measurement in most real industrial scenarios 
whereby, in addition to minimising the energy consumption, there is a perpetual incen- 
tive to increase production yield and to minimise batch time, i. e. to increase the number 
of batches. Thus, a more comprehensive performance index should take all three factors 
into account: 
Index -- f (Product yield, Batch time, Energy Consumption) 
(5.2) 
The performance index above can be translated into an economics model of sales revenue 
and operating cost using monetary units based on a production time scale, e. g. hourly 
or annually. For an optimal design study, whereby the optimum number of stages, N, 
is to be included, an additional capital cost term has to be included to account for the 
trade-off described in the previous section (section 5.2.1). The economical design will be 
a trade-off between lower capital and operating costs against higher production revenue, 
thus the objective function must be formulated to encapsulate all of these costs. The 
performance index for the design of a batch distillation column as used in this study is 
an overall profitability function given by: 
OPTIMAL DESIGN AND OPERATION OF BATCH DISTILLATION 131 
Profit, P= 
Sales revenue - Feed cost - Operating cost - Capital cost (5-3) 
Total batch time 
In this work, the economics models for the operating cost and capital cost are based 
on Guthrie's correlation (Douglas, 1988). The main operating cost in batch distillation 
is utilities cost, C,, t.., whilst the main capital cost, C,,, p, includes the installed column 
shell, C. 5h, and the installed 
heat exchangers costs, C,,. In this type of economics model, 
the costs are correlated from values in a base case (BC) distillation column, for example 
from the pre-determined costs associated with installing a carbon steel column of a certain 
size with hydrocarbon feedstock. Introducing correlation coefficients Ki, 1ý2 and K3 for 
the shell, heat exchangers and utilities costs, respectively, the values of which can be 
calculated according to the base case distillation column system, the profit function of 
Equation 5.3 is given by: 
ENc CiHA, i(tf) - CfeedHfeed p- i=l 
tf + ts . 
(KiN 0.802VO. 533 + K2 VO. 65 KY (5.4) 
where Ci and Cf ced represent the unit costs of product i and 
feed, respectively, H, and 
Hf eed the quantity of on- specification product 
i collected and feed, respectively, V the 
column vapour loading, and the economics correlation coefficients, K1, K2 and K3, given 
by: 
K., 
Csh, BC (5-5) 
N 0.802TrO. 533 
BC 'BC 
Cex, BC K2: 
V0,65 
(5.6) 
Bc 
K3 = 
Cuty, BC (5.7) 
VB C 
The detailed derivation of the objective function is given in Appendix G. In this work, 
the same economics correlation function is used for both the regular and multivessel 
columns, although it can be also expected that the capital cost of a multivessel system 
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might perhaps be marginally higher due to additional construction or pipework associ- 
ated with more column sections. In the multivessel system, the variable N is the total 
number of stages of all column sections, N= ENs Ni. i=1 
The objective function can be expressed as an annualised profitability, based on the total 
time available for processing per year, TA: 
PA 
X: 
zN=ClCi-ffi(tf) - 
CfeedHfeed 
TA - 
(KiN 0.802VO. 533 + K2 VO. 65 K3 V (5.8) 
tf + t, 
or 
Nc 
PA CiHi(tf) - Cf eedHf eed B- 
(KiN 0.802VO. 533 + K2 VO. 65 K3 V (5-9) 
where B is the total number of batches processed per year, calculated as: 
B 
TA 
tf + t, 
(5.10) 
In a flexible processing scenario, a multipurpose batch column unit is used to separate a 
number of mixtures. In this study, the objective function for the design of a multipurpose 
column is given by: 
Ei_l Ci,, -,, Hi, m (tf, m) - Cf eed, mHf eed, m j: N .. 1 
ýC 
PA 
'M =(=1 tf, M+ts, m 
) 
om 
) 
TA 
- KiN 
0.802VO. 533 
- 
K2 VO. 65 
- 
K3V 
where 0, is a parameter proposed by Mujtaba and Macchietto (1996) as a simple mech- 
anism to describe the degree of influence, or importance, a particular mixture has on the 
optimal design of a multipurpose unit. It is defined as the fraction of total production 
time, T, allocated to each particular mixture, m: 
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TM 
(5.12) TA 
As a result, 
Bm - 
Om TA 
(5.13) 
tf, m + ts, m 
where B, is the number of batches processed per year for each mixture, m. 
5.2.3 Optimisation Formulation 
The aim of the batch distillation design problem is to maximise the objective function, 
i. e. the profitability performance index, P, defined above, subject to the column model 
equations and all the separation constraints. In this work, it is assumed that the purities 
of the main products are driven by customer demand and distillation is undertaken to 
achieve these minimum specifications. The optimisation problem is then: 
Given N,,, mixtures to be separated, each with NC,, components, minimum 
(where x,,, refer to the recovered product products purity specification X"n 
i of mixture m), the price structure of the feed and products, Cfeed, m and 
C,,., as well as the total production time available per year, TA, determine 
the optimum set of design variables, Ud, optimum operating control variables, 
u,, m, and production schedule among the mixtures, 
0, E [0,1], so as to max- 
imise the objective function P (Equations 5.4,5.8,5.9 or 5.11). 
In mathematical terms, the optimisation problem is posed as follow: 
max Ildiuo, - 10m 
subject to 
(ýýM) XMI tl U) =0 Vrn = 1, .., Nm 
(5.14) 
(5-15) 
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Xz. "M(tf) 
ý: Xipn I'm Vi= 11-1 Nc; m=1,.., Nm 
u rrun < Ud <U max d-d 
u min < Uo, m u 
max 
O, M - O, M 
(5.16) 
(5.171) 
(5.18) 
where Equation 5.15 represents the basic mathematical model for the de- 
scription of a batch distillation process, x is the vector of state variables (i. e. 
holdups, concentrations, temperatures and pressures), u denotes the vector of 
decision variables (design and control variables, Ud and u,,,, respectively) and 
t is the process time. Equation 5.16 represents the product purity constraints 
on all main cuts which must be satisfied for all the mixtures. Equations 5.17 
and 5.18 represents the physical and oPtimisation bounds of the design and 
operating control variables, respectively. 
The set of design variables includes the optimal number of trays and the batch size, i. e. 
Ud : --- f N, Hf eedl. The operating control variables includes the column vapour loading 
and the interval durations of each main and offcut periods for each mixture, t, -,,, and 
the corresponding reflux ratio profiles, i. e. u,,, = fVR(ti,, )}. Thus, indirectly, the 
total batch time for each mixture, tf,,, the recovery of each product and offcut and the 
withdrawal rate profiles, can be obtained in an optimal manner. The optimal column 
vapour loading, V, can subsequently be used to determine the diameter of the column 
(e. g. using Guthrie's correlation D oc \/-V) as well as the heat exchanger loading. 
Due to the set-up time between batches, t, larger batch sizes, Hfeed7 Win inevitably be 
favoured since a greater quantity per batch can be processed for a given production time, 
resulting in fewer number of batches and greater reduction in set-up time. The longer 
the set-up time, the stronger is the tendency towards larger batch sizes. Furthermore, 
at high production rates, the trade-off caused by higher capital costs becomes insignifi- 
cant compared with the revenue component, as the capital cost typically increases with 
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capacity by an exponent of less than I due to economy of scale (as in the case of the 
design objective function defined in Equation 5.4). Hence, the design scenario whereby 
the batch size is specified a priori is considered in this study. From a practical point of 
view, this is an acceptable design scenario as the design engineer would typically have a 
desired batch capacity suited to a particular plant inventory and short or(and) long term 
scheduling. Therefore, the optimal batch size could be determined separately via optimal 
capacity and product portfolio planning, or based on a supply chain optimisation study, 
perhaps prior to the individual unit design. 
In a multiple separation duties scenario, when the optimal process allocation, 0,, is 
treated as a degree of freedom, the optimisation would supply decision support on the 
ranking of the duties for maximum profitability, i. e. the duration of time allocated to each 
particular duty, in addition to the optimum column size and all the operating policies. 
5.3 Solution Methodology 
In mathematical terms, the consideration of design and operation simultaneously trans- 
lates into both discrete (e. g. the number of stages) and continuous variables (e. g. reflux 
ratio profile). The optimisation profit performance index (section 5.2.2) is nonlinear with 
a potential nonconvex search space. Coupled with a dynamic and nonlinear DAE model 
of the batch distillation column, this leads to a complicated mixed integer dynamic op- 
timisation (MIDO) problem. This type of problem is difficult to solve and there is much 
ongoing research on developing practical solution algorithms (chapter 3.5). In this work, 
a stochastic algorithmic method based on genetic algorithm is used to solve the opti- 
mal design MIDO problem (chapter 3-6). Here, the use of a framework consisting of a 
steady state genetic algorithm and a weighted penalty function to handle the problem 
constraints (product purities), is used. 
5.4 Mathematical Models 
The mathematical model of the dynamic batch distillation system 
is a set of differential- 
algebraic equatio][Is (DAE). The optimisation 
framework proposed in this study can be 
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utifised in conjunction with any level of model abstraction and the choice of model is 
dependent on the level of detail or accuracy required at a particular design stage as 
well as the computational cost available. In the optimal design case studies presented 
in this chapter, rigorous models built on first principles are used (details of the model 
are presented in chapter 3.1). Note that the semi-rigorous model and detailed model 
are also used in design scenario III (section 5.6.3) and design scenario I (section 5.7.4). 
respectively. 
The models are constructed using the gPROMS modelling tool (Process Systems Enter- 
prise Ltd., 2000). The model equations are presented in Appendix A. Thermophysical 
properties including density, enthalpy and fugacity required in the rigorous model are cal- 
culated using the Multiflash (Infochem Computer Services Ltd., 2000) physical properties 
package interfaced to gPROMS. The Soave- Redlich- Kwong (SRK) Equation of State is 
used for both the vapour and liquid phases. 
5.5 Case Studies 
Optimal design cases studies for the regular and multivessel batch distillation systems 
are discussed in the following sections 5.6 and 5.7, respectively. The configurations are 
compared in section 5.8. 
5.6 Optimal Design of Regular Columns 
In this section, several optimal design case studies for the regular column are presented. 
Optimal design of a regular column with single separation duty involving multicomponent 
mixtures is considered in sections 5.6.1 and 5.6.2 and optimal design for a flexible regular 
column with two separation duties in section 5.6.3. 
5.6.1 Design Scenario 1: Multicomponent Mixture Separation 
The objective in this case study is to find the optimal 
design and operating policy for 
a regular batch distillation column with a single separation 
duty of a multicomponent 
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Available annual production time, TA (h/year) 
Batch set-up time, t, (s) 
Operating pressure, P (Pa) 
Batch size) Hf eed (MOI) 
Reflux drum holdup, Hrd (MOI) 
I'tay holdup, Htray (MOO 
8760 
1800 
101 325 
2930 
43.95 (1.5% Hf eed) 
7.325 
Feed composition, Xij eed (molf raction)t 
Cyclohexane, X1, f eed 0.407 
n-Heptane, X2, f eed 0.394 
Toluene, X3, f eed 0.199 
Product purity specifications, (molfraction)t 
First product, xi(if) 
Second product, X2(tf) 
Final product, X3(if) 
0.895 of cyclohexane 
0.863 of n-heptane 
0.990 of toluene 
Cost, Ci ($/MOI)t 
Cyclohexane, C1 0.034 
n-Heptane, C2 0.026 
Toluene, C3 0.024 
Feed, Cfeed 0.002 
Waste negligible 
t set to values given by MUitaba and Macchietto (1996) 
Table 5.1: Column specifications and operating conditions for case study I 
mixture. A rigorous model is utilised with the thermodynamical properties described by 
the SRK Equation of State. Table 5.1 gives a summary of the column specifications and 
operating conditions. 
Figure 5.2 shows the schematic of the batch distillation process. The batch 
distillation 
operation is separated into five control intervals, starting with a total reflux period 
fol- 
lowed by a cyclohexane product withdrawal period, an offcut period, a n-heptane product 
withdrawal period and finally another offcut period to purify the toluene product 
in the 
reboiler. The minimum product purity specifications are 
89.5,86.3 and 99.0 mol% of 
cyclohexane, n-heptane and toluene, respectively. 
Given these specifications, the aim is 
to find the design and operating policy for the separation duty that would give a max- 
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Decision Variables Bounds 
N 
V (krnol/hr) 
R(ti) 
, ýýktl, 2,4 
(S) 
At3,5 (8) 
[4 
, 30] 
[0.6 6.0] 
[0.4 1.0] 
[1000,15000] 
[0 
, 15000] 
Table 5.2: Decision variables bounds for the case study I 
Optimum Profit Optimal Genome 
($/yr) N, V, R(tl)t, R(t2), R(t3)j R(t4), R(4)i ýýktl i ýýkt2) ýý4 
97942.9 291 6.00*1 1,0.86,0.84,0.84,0.99,1100,5700,100,4400,500 
f set as total reflux; * on bound 
Table 5.3: Optimisation solution vector for design scenario I 
imum annualised profit. The cost coefficients for the total annual cost were based on a 
carbon steel column and hydrocarbon feedstock using cost data as shown in Logsdon et 
al. (1990) resulting in the coefficients Ki, K2 and K3 (Equation 5.4) having the values 
of 1500,9500 and 180, respectively. 
The design and control variables considered are the optimum number of trays, N, the 
optimum constant condenser vapour load, V and optimal reflux ratio profile, i. e. the 
values of the normalised reflux ratios, R(ti) (except for R(ti) which is set at I for total 
reflux), and the durations, Ati, of each of the five (i - 5) task intervals. The bounds for 
each variable are given is Table 5.2. 
Optimal Solution 
The optimum solution genome is shown in Table 5.3. The optimal design variables, num- 
ber of trays and condenser vapour load, are found to be 29 and 6.0 kmol/hr, respectively, 
whilst the optimal operating policy is shown as the distillate composition profiles 
in Fig- 
ure 5.3. Assuming non-stop year round production (TA = 8760 
hr/yr), a profit of 97 942 
$/yr is achieved. 
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Condenser Vapour 
Load, Vy 
Total Condenser 
Reflux Drum 
Accumulators 
Reflux Ratio, R(t) 
IIý 
First Offcut Second Offcut 
Number of Product Product 
Trays, N [Cyclohexane] [n -Heptane] 
Feed/ Final Product [Toluene] 
Reboiler 
Figure 5.2: Schematic of batch distillation for the case study I 
A column size of 29 trays, close to the maximum bound, is found to be optimal in this 
particular case study. The greater performance obtained from a bigger column achieved 
a revenue of 187 502 $/yr which is enough to offset the annual capital investment cost of 
88 480 $/yr for a 29-tray column. This situation is obvious for a production plant where 
the products are of high relative value. If the design is based on a longer return outlook, 
c. g. biennial or longer, the possibility of a bigger column being more profitable in the 
long run increases. Similar explanation holds for the condenser vapour load, V. For a 
specified amount of distillate, the batch time is inversely proportional to V. Alterna- 
tively, for a given batch time, the amount of product is directly proportional to V. Since 
the utility and capital costs grow with V by an economic factor less than 1, a column 
with large V will be favourable. 
The optimal operation consists of a short total reflux period (1100 s) during which the 
composition of the distillate rises steeply to well above the required purity of 89.5 molV(, 
-. 990 
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Composition (mol/mol) 
1-0T --P-1 ------------ 
0.8 
0.6 
0.41 
0.2f i 
0. ot-,. 
0 5000 10000 
Time (s) 
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-40.5 
15000 
-- reflux ratio, --- cyclohexane ,-- n-heptane, toluene 
Figure 5.3: Optimal reflux ratio and distillate composition profiles for case study I 
of cyclohexane (Figure 5.3). Then the cyclohexane product is withdrawn for a period 
(5700 s) with a reflux ratio of 0.86 until the purity in the first accumulator falls below 
specification. Despite the non-sharp product changeover, the offcut period is very brief 
(100 s). This is followed by the n-heptane withdrawal period (4400 S). Finally, there is 
a short period of slight offcut or close to total reflux (R(h)= 0.99) to obtain the final 
toluene product remaining in the reboiler. The purities obtained are 90.1,86.5 and 99.0 
mol% of cyclohexane, n-heptane and toluene respectively, which satisfy the separation 
specifications. 
The computational statistics of the stochastic optimisation and the evolution profile of 
the solution is presented in Appendix D. 
5.6.2 Design Scenario 11: Effect of Design Parameters 
At this point, it would be interesting to see the effect of another design scenario on 
the optimal design and operating policy. In the previous scenario, the production was 
run continually all year round without any stoppages. Here, a more realistic annual 
production time, T4, with a 20% downtime (0.8 x 8760 = 7008 hr operating time) is 
Reflux Ratio 
Tl-O 
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Design Scenario 1 11 
Production time per annum, TA (hr) 8760 7008 
Capital costs coefficients, Ki, K2 1500,9500 2250) 14250 
Utility cost coefficient, K3 180 270 
Table 5.4: Alternative design scenarios 
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assumed, taking into account labour and maintenance work. Also, a 50% inflation of the 
capital and utility costs is assumed in order to study the effect of higher costs on column 
sizing. The new design scenario 11 is shown in Table 5.4. 
Optimal Solution 
A feasible solution would be to use the same column and operating policy optimised 
for the previous scenario 1. The separation duty purity constraints would be satisfied as 
previously and the profit can be calculated (Table 5.5). Due to production downtime, 
the number of batches processed per year would be reduced from 2318 to 1855, giving 
a revenue of 150 002 $/yr. The higher capital cost and utility cost are 132 720 $/yr 
and 1620 $/yr, respectively (from Equation G. 13 plus G. 14 and Equation G. 15 in Ap- 
pendix G). This gives an annualised profit of 15 662 $/yr which is the maximum value 
achievable for a column with 29 trays, and serve as a base case for scenario 11 because 
any better alternative design and operating policy must be able to provide at least this 
amount of annualised profit. 
The genetic algorithm is used to search for possible better solutions for design scenario II. 
As shown in Table 5.5, the new column design consists of 17 trays and vapour flowrate of 
6.0 kmol/hr whilst the new operating policy is shown in Figure 5.4. The smaller column 
has lower efficiency than the base case column, i. e. higher reflux ratios across all the task 
intervals and longer offcut periods to satisfy the purities requirement, causing an overall 
longer process time (Figure 5.4) and thus a decrease in number of batches per year (Nb --::: 
1627) compared to the base case. However, the smaller column also reduces the capital 
investment cost and the overall offset has resulted in a higher profitability than the base 
case. In other words, the IT% loss in production revenue (from 150002 to 124 524 $/yr) 
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Design Scenario 
Optimised Design Base Case Design ed Design 
Number of trays, N 29 29 17 
Condenser vapour load, V (kmol/hr) 6.0 6.0 6.0 
Batch processing time, tf (hrs) 3.28 3.28 3.81 
Number of batches, Nb 2318 1855 1627 
(including t, ) 
Purity constraints, xi (mol%) [90.1,86.5,98.9] [90.1,86.5,98.9] [89.6,86.4,99.0] 
Production revenue ($/yr) 187 502 150 002 124 524 
Capital Costs ($/yr) 88 480 132 720 102 390 
Utility Costs ($/yr) 1080 1620 1620 
Profit ($/yr) 97942 15 662 20 514 
Table 5.5: Optimal designs of regular column for different scenarios 
is positively offset by a greater reduction (23%) in the cost of installing a smaller and less 
efficient column. The net profit for the revamped design and its corresponding operating 
policy is 20 514 $/yr, a 30% increase from using the base case column with 29 trays. 
5.6.3 Design Scenario III: Multiple Separation Duties 
In this case study, the design of a column with multiple separation duties (two binary 
mixtures) is considered. The aim is to obtain the optimal column design, i. e. number 
of trays and condenser vapour load, as well as optimal operating policies for each of the 
separation duty, in a scenario whereby the column is used to separate mixtures with 
different thermodynamic characteristics. Here, the ease of separation of one mixture is 
greater than the other as given by the specification of relative volatilities 
Table 5.6 gives the summary of the column specifications and operating conditions. A 
similar design scenario as that described in Mujtaba and Macchietto (1996) is consid- 
'The semi-rigorous model with constant molal overflow and constant relative volatility is used 
here so 
that the different characteristics of the mixtures can be easily set using the relative volatility parameter 
and the resulting solution trend obtained. 
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Composition (mol/mol) Reflux Ratio 
1.0 ----------- 1.0 
0.8 0.9 
0.6- --0.8 
Y, 
0.4 0.7 
0.2 
0.6 
0.01 ------------- 
-0.5 
0 5000 10000 15000 
Time (S) 
- reflux ratio of scenario 11; ....... reflux ratio of scenario 
1; 
--- cyclohexane; -- n-heptane; toluene 
Figure 5.4: Optimal reflux ratio and distillate composition profiles for different scenarios 
ered. The two binary feeds are of equimolar composition. The separation requirements 
is to obtain 95 mol% of the lighter components for each mixture, both having the same 
selling price of 20 $/krnol, thus the only difference between the mixtures is the ease of 
separation. A total production time of 8000 hr (9% downtime) is allocated per year to 
be distributed between the two separation duties (0, ). The column set-up time for each 
batch is 1440 s. Figure 5.5 shows the schematic of the batch distillation process whereby 
each operating policy consists of two time intervals. The same values as in the previous 
case studies are used for the coefficients K1, K2 and K3 as well as the genetic algorithm 
parameters. The bounds for each variable are given in Table 5.7. 
Optimal Solution 
Table 5.8 and Table 5.9 show the optimal column design and optimal operating policies 
for different cases of process allocation scenario. Cases A and B represent the optimal 
designs when the column is used exclusively to separate a particular mixture. The op- 
timal number of trays for separating the mixture with a relative volatility of 1.5 is 21 
(case A), close to the maximum bound, whilst a column with 12 trays, the minimum 
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Total Available annual production time, TA (hr/yr) 8000 
Batch set-up time, t, (s) 1440 
Operating pressure, P (Pa) 101 325 
Batch size, Hf eed 
(MOI) 10000 
Reflux drum holdup, Hrd (MOI) 100 (1.0% Hfeed) 
Tray holdup, Htray (M00 3.0% Hf eed 
Number of mixtures, N,,, 2 binaries 
Relative volatilities, 
Mixture 1 1.5,1.0 
Mixture 2 2.5,1.0 
Feed composition, Xij eed (rnolf raction) 
Xl, f eed) X2, f eed of mixture 1 0.5,0.5 
Xl, f eed) X2, f eed of mixture 2 0.5) 0.5 
Product purity specifications, (molf raction) 
First product of mixture 1 0.950 
First product of mixture 2 0.950 
Cost, Ci ($/Mol) 
Cl, C2 of mixture 1 0.020,0 
Cl 
i 
C2 of mixture 2 0.020,0 
Cf 
eed of both mixtures 0.002,0 
Similar to values given by Mujtaba and Macchietto (1996) 
Table 5.6: Column specifications and operating conditions for case study III 
Decision Variables Bounds 
Nt 
V (kmol/hr) 
Om 
R(ti, m) 
Ati'm (S) 
[12 
, 22] 
[5 
, 15] 
[0 , l] [0.4 1.0] 
[100 18000] 
Bounds similar to that given by Mujtaba and Macchietto (1996) 
Table 5.7: Decision variables bounds for the case study III 
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Condenser Vapour 
Load, V .< Total Condenser 
Reflux Drum 
Number of 
Trays, N 
Product of Mixture I 
R(t 
,I 
R(t 21 
------------- 
Product of Mixture 2 
R(t 1,2 R(t 2,2 
-r ----- ------------ I 
Mixture I Mixture 2 
(m=2) 
Figure 5.5: Schematic of batch distillation with multiple separation duties for the case 
study III 
bound, is found to be optimal for the separation involving the mixture with a relative 
volatihtY of 2.5 (case B). The solution is in accord with engineering intuition, i. e. a 
smaller column can be used to satisfy purity specification for a mixture with greater ease 
of separation. The results also show that it is more profitable to allocate production time 
to an easy- to- separate mixture (247 333 $/yr) rather than to the more difficult separation 
(55 702 $/yr). This is because, in addition to lower capital cost for a smaller column, the 
operating policy is also economically more advantageous in case B, i. e. greater ease of 
separation allowing for lower reflux ratios and thus lower batch times (1.25 hr compared 
to 2.47 hr) and greater number of batches processed per year (4848 compared to 2785). 
In addition to more batches, a greater amount of product is collected per batch in case 
B (4-364 kmol) than in case A (3.767 kmol), as well as in total (10 491 kmol and 21 156 
kmol per annum for case B and case A, respectively). 
-90 
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Case Process Allocation Vapour Load Optimal Number Profit 
[011021 V (kmol/hr) of 'Iýrays, N PA ($/yr) 
A [1,0] 10.0 21 55 702 
B [0, l] 10.0 12t 247 333 
ci [0.5,0.5] 10.0 18 146 001 
C2 [0.5,0.5] 10.0 16 144529 
C3 [0.5,0.5] 14.9 (optimised) 16 204498 
D [0,1] (optimised) 10.0 12t 245 361 
minimum bound 
Table 5.8: Optimal process allocation and column design for two separation duties 
Case Batch Times (hr) Amounts of Product Number of Batches Total Production 
[tl, 
l +t2,11jt1,2+t2,21 (kmollbatch) Nb, l Nb, 2 (Total) (kmollyear) 
A 2.47 1 - 3.767 1- 2785 - 
(2785) 10 491 
B - 1.25 - 4.364 - 4848 (4848) 21 156 
C, 3.00 1.19 3.931 4.258 1176 2509 (3685) 15 306 
C2 2.78 1.03 3.986 3.908 1259 2802 (4061) 15 969 
C3 2.22 0.92 4.090 4.641 1525 3038 (4563) 20 337 
D - 1 39 625 04 0 4472 (4472) 20 683 . . 
Table 5.9: Details of optimal operating policies for two separation duties 
Cases CI, 2,3 represent the design scenario whereby a single column is used for different 
separation duties. When the production time is distributed equally between the two mix- 
tures (01 - 02 = 0.5), a column with 18 trays 
is found to be optimum with a profit of 146 
001 $/yr. The batch processing time for the easy separation is 1.03 hr compared to 2.78 
hr for the more difficult separation. An interesting observation can be seen when case C, 
is contrasted to case A and B whereby a column of 18 trays seems to be a compromise 
between the optimum 21 trays in case A and the optimum 12 trays in case B. This is 
reflected in the operation where, as a result of using a smaller column (18 instead of 21 
trays), the batch time has decreased for the more difficult duty (2.78 hr compared to 2.47 
hr) whereas on the other hand, the batch time has increased slightly (1.03 hr compared to 
1.25 hr) for the easier duty when a larger than necessary column is used (18 instead of 12). 
Case C2 highlights the possibility of alternative solutions for a particular design scenario. 
OPTIMAL DESIGN AND OPERATION OF BATCH DISTILLATION 147 
The profit objective function is very close to case C, (difference of 1.0%). Therefore, 
there is an option of choosing either a column with 18 trays (case Ci) that processes 
4601 batches per year, or a smaller column size of 16 trays (case C2) which offsets the 
9% decrease in the total number of batches processed (4601 to 3685) with a 9% saving 
in the capital cost (51 978 to 47 293 $/yr). The results highlight the complexity of the 
batch distillation optimisation problem, i. e. the existence of different optimal design and 
operation solutions with very close objective function values (tolerance of 1%). Due to 
the closeness of the objective function values, it is plausible for the genetic algorithm to 
return either solutions. It is demonstrated here that, although the genetic algorithm ap- 
proach has the potential for global optimisation, in practice, a global optimum can only 
be guaranteed when a very large population and a very tight convergence criterion is used. 
In case C3, the condenser vapour load, V, is optimised along with the other variables. 
Similar to the observation in case study 1, a high condenser vapour load (14.9 kmollhr, 
close to the maximum bound) maximises the objective function. The capital and utility 
costs associated with high condenser vapour load is insignificant relative to the greater 
performance and production gained from the faster separation and higher number of 
batches. 
Finally, in case D, the process allocation parameter, 0, is relaxed as a degree of freedom. 
In other words, the algorithm is free to make the decision on how much importance should 
be placed on each mixture so as to maximise profit, in addition to determining the column 
design and its associated operating policies. It can be expected from the previous cases 
that the highest profit can be obtained when all the available production time is allocated 
solely on the easier separation (case B), which is duly confirmed in case D. The optimal 
number of trays, 12, and objective function is the same as case B (-0.8%). However, 
interestingly, there are alternatives within the operating policy, i. e. 4848 batches per 
year collecting 4.364 kmol per batch (case B, with single batch processing time of 1.25 
hr) compared to 4472 batches (376 less) but collecting slightly higher 4.625 kmol per 
batch (case D, with single batch processing time of 1.39 hr). The total production for 
case B is 21157 kmol/yr whilst for case D it is 20683 kmol/yr (2.2% less), which account 
for the slightly lower profit. 
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5.7 Optimal Design of Multivessel Columns 
In this section, the optimal design of unconventional multivessel batch distillation systems 
is presented. In the following section (section 5.7.1), the body of work found in the 
literature with regards to this novel configuration is briefly discussed. This is followed 
by a degrees of freedom analysis and a simulation sensitivity study in sections 5.7.2 and 
5.7.3, respectively. Optimal design case studies are then investigated in sections 5.7.4, 
5.7.5 and 5.7.6 where the effect of different factors such as the performance index, product 
purity requirement and feed composition on the optimal design is explored. 
5.7.1 Background 
In industry, the batch distillation process is generally operated in the conventional rec- 
tification mode which consists of a single column with the feed charged to the reboiler. 
Novel modification of the batch distillation configuration, such as the multivessel system, 
can offer a significant increase in the flexibifity and efficiency of the process, and thus, 
there has been increased industrial interest in the further study of the potential of this 
system. 
The multivessel system was first proposed by Hasebe et al. (1995) whereby the concepts 
of inverted column and middle vessel column (Robinson and Gilliland, 1950) were ex- 
tended to what they termed as the multi-effect, or multivessel, distillation system. Since 
then, the multivessel system has been shown, via both simulation and experimental stud- 
ies, to offer better performance than the conventional regular column system with the 
same number of stages (e. g. Hasebe et al., 1995; Hasebe et al., 1997 and Furlonge et al., 
1999). The performance indices used for the comparison included maximum production 
rate and minimum mean energy consumption. 
Hasebe et al. (1999) attempted to compare the operation of the multivessel system with 
the continuous distillation system. They used different performance indices for the mul- 
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tivessel system (production rate divided by vapour flowrate) and the continuous system 
(sum of product flowrates divided by the sum of vapour flowrates) and found that the 
separation performance of the batch multivessel system is comparable to the continuous 
process from the viewpoint of energy consumption. 
Recently, several control strategies for the multivessel system have also been proposed. 
Simple level controllers can be used to maintain constant vessel holdup (Hasebe et al., 
1995). Wittgens et al. (1996), Skogestad et al. (1997) and Wittgens and Skogestad 
(2000) proposed and demonstrated via a pilot-plant, an on-line feedback control strategy 
capable of compensating for feed composition variation. The strategy involves maintain- 
ing the temperature at some location in the multivessel column section by manipulating 
the reflux flowrate out of the corresponding vessel above, thereby adjusting its level to the 
correct value. Their simulation results indicate that the temperature controller achieved 
the same steady state product compositions in the vessels independent of the initial feed 
composition, the system was thus able to tackle feed composition disturbances. Noda et 
al. (2000) later presented a more complex on-line feedback control strategy to optimally 
operate the multivessel system. The on-line system consists of four subsystems, namely 
a composition measuring subsystem using a near-infrared analyzer, a composition esti- 
mation and model update subsystem, an optimisation subsystem, and finally, a control 
subsystem. 
In this study, an optimal design study of the multivessel system is presented. The overall 
purpose of this investigation is to provide a better understanding of the optimal design of 
the multivessel system, and more specifically, (i) to show how optimal design and the use 
of a more general economics performance index, affects the overall optimal performance 
of the system and (ii) to highlight the effects of factors such as feed composition, relative 
volatility and product purity specification on the optimal design and operation of the 
system. 
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5.7.2 Degrees of Fýreedom 
The multivessel system configuration comprises a set of sequentially connected column 
sections and holdup vessels (total reflux configurations shown in Figure 5-6). In the basic 
set-up, only the vessels at both ends are served by utilities for reboiling and condensing 
purposes. Conceptually, this novel system can be viewed as either a partitioning of a 
batch rectifier into separate column sections, or alternatively, it can be viewed as an ar- 
ray of multiple batch rectifiers joined together in series. Likewise, the layout of this novel 
batch distillation system can be implemented practically in either a horizontal or vertical 
manner (Figure 5.6). In the horizontal format, the column sections are in series with 
the vessels at ground level. Reflux pumps are then needed to bring the liquid from the 
vessels to the top of the column sections. In this case, one can easily put several column 
sections in series to meet the separation requirements for a given mixture. Alternatively, 
the column sections can be stacked on top of each other, where the liquid then flows by 
gravity and there is no need for pumps. With the existence of additional holdup vessels 
in the multivessel. system, there is also the freedom to introduce heating on each vessel. 
The main feature of the multivessel system is that it allows for the separation of all the 
components simultaneously (Nc components needing NC -I column sections). For the 
separation of a binary feed mixture (NC = 2), only a single column is needed (Nc -1= 1) 
and thus, the multivessel system reverts to the regular column. Therefore, the usage and 
analysis of the multivessel system is conducted in the context of multicomponent sepa- 
rations. Potentially, the benefit of the multivessel system could be even more prominent 
if used for separating mixtures with a higher number of components as will be demon- 
strated in this work. 
The multivessel system offers a greater number of degrees of freedom than a conventional 
regular column system, in terms of both design variables and operation variables. For a 
regular column, the designer has to decide only on the length, or number of stages, for 
a single column section, N, whilst for the multivessel system, the length of each column 
section, Ni, and the initial feed distribution among the vessels, Mi(O), have to be decided 
upon. The column section configuration, Ni, and the initial feed distribution. . 11i(O). 
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Vessel N 
Vessel N Vessel 3 Vessel 2 Vessel I 
Left: vertical stack format Right: horizontal ground level format 
Figure 5.6: Two schematic layouts of total reflux multivessel batch distillation systems 
depend on the separation duty such as feed composition, relative volatilities and product 
specifications. 
In terms of the operation decision variables, the multivessel system also offers more de- 
grees of freedom than a regular column; however, it can either be more difficult or easier 
to operate depending on the actual number of operation decision variables utilised. In 
this work, the optimisation is focused on the total reflux constant holdup policy. It is the 
simplest operating policy in terms of theoretical analysis as wen as practical implemen- 
tation. The total reflux holdup policy is also desirable for its high product yield due to 
no offcut. From a design study point of view, the focus on the simplest operating policy 
allows for the benefit of the system design to be highlighted more clearly. In other words, 
the benefit of the multivessel system can be distinctly studied from the aspect of optimal 
alteration of the system configuration itself rather than due to the extra operation de- 
Vessel I 
Column 
Section N 
Column Section I 
Vessel 2 
Column Section 2 
Vessel N- I 
Column Section N 
Column Column 
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Operating Policies Design and Operation Decision Variables 
Product withdrawal variable holdup 
Total reflux variable holdup 
Total reflux constant holdup 
Ni, A (0), Q (t) or V (t), Mi (t), Fr (t), t 
Ni, Mi(O), Q(t) or V(t), Mi(t), tf 
Ni, Mi(O) = Mi(tf), Q(t) or V(t), tf 
Table 5.10: Classification of multivessel system operating policies 
grees of freedom available. Of course, vessel holdup and product withdrawal can also be 
optimised if needed later on and the various operating policies compared (Hasebe et al., 
1997 and Furlonge et al., 1999), i. e. especially when the degree of performance increment 
they afford is needed to decide whether a correspondingly more complex operating policy 
and control system is justifiable. 
For the most complicated policy, i. e. product withdrawal variable holdup policy (Table 
5.10), the operation decision variables are the heat duty, Q(t), (or condenser vapour load, 
V(t)), vessels holdup profiles, Mi(t), product withdrawal flowrate profiles, FW(t), and i 
batch processing time, tf. In the total reflux policy, the products are not withdrawn 
during the process, i. e. FW(t) are set to zero. Within the total reflux policy, the vessel i 
holdups, Mi(t), can either be constant or allowed to vary. In this study, the most practical 
operating policy of having the vessel holdups constant throughout the duration of the 
process is considered (Mi (t) = Mi (0), Vt E [0, tf ]) - 
5.7.3 Simulation Experiment: Effect of Column Section Length and 
Configuration on Separation Performance 
The length of the multivessel column sections is an important design decision variable, 
the effect of which has, so far, not yet been investigated and included in any optimisation 
studies in the open literature. As the column section lengths are a trade-off 
between 
economics and operation performance, optimum values exist. 
Figure 5.7 illustrates what the trade-off may look Eke. A multivessel system consisting 
of four vessels and three column sections used to separate a quaternary and equimolar 
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Figure 5.7: Composition of the main lightest distillate for different total column length 
mixture (methanol, ethanol, n-propanol and n-butanol) is considered. Figure 5.7 shows 
the total reflux purity profiles of the lightest product (methanol) in the top vessel (reflux 
drum) for different column section lengths, i. e. 15,30,45,60 and 90 stages in total (using 
an equilibrium model with 1000 mol feedstock, 2.5 mol constant tray liquid holdup and 
1.6 mol/, s condenser vapour load). lf the desired purity of the product is specified as 95 
mol%, it can be seen from Figure 5.7 that the system with 15 stages does not achieve the 
specification. The system with 30 stages achieves the specification at its steady state, 
which makes it the cheapest feasible system design in terms of capital cost. However, 
longer column sections, for example, the one with a total of 45 stages, can reduce the 
batch processing time considerably, as shown in Figure 5.7 where it can be seen that the 
composition profile reaches the 95 mol% specification much sooner. As the total column 
section length increases further, the magnitude of the batch time saving reduces. At the 
end of the scale, a further increase in total column sections length barely affords any 
batch time saving at all (see systems with 60 and 90 stages). 
The example shown in Figure 5.7 demonstrates that the optimal column sections length 
is a function of the separation duty (i. e. product specification), and that their values 
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have an impact on capital cost and operating costs (i. e. batch time and energy con- 
sumption). At one Emit, systems with short column sections (e. g. :ý 30 stages) were not 
able to satisfy the products specification whilst, at the other Emit, systems with very 
long column sections (e. g. > 60 stages) were redundant in terms of unnecessary capital 
cost spending. In between (e. g. 30-60 stages), the optimal column sizing is a trade-off 
between capital cost and operating cost; thus, this is where the optimum design fies. 
In addition to the total column sections length, the configuration (i. e the individual col- 
umn sections length in relation to each other) of the multivessel system also influences 
the separation performance. To illustrate this, the separation of a quaternary multi- 
vessel system with different column section configurations (5: 10: 10,10: 5: 10,10: 10: 5 for 
top: middle: bottom column sections, respectively) but equal total number of stages, was 
simulated and the results are shown in Figure 5.8. In each sub-figure, the product pu- 
rity profiles in each of the four vessels are shown (dashed line) and contrasted against 
the configuration with equal column section length of 10 each (solid lines). The graphs 
indicate that the separation performance, or specifically, the product composition pro- 
files are significantly affected by the system configuration. It can also be surmised that 
the final product purities achieved in a particular vessel are most significantly influenced 
by the column sections directly connected to it, for example, in the quaternary mixture 
separation example considered here, it is found that the lightest product purity is most 
directly affected by the top column section length, the second lightest product purity is 
most directly affected by the top and middle column sections length and so on. 
Figures 5.7 and 5.8 highlight that both the total length of the column sections as well 
as their configuration in relation to each other, can significantly influence the separation 
performance of the multivessel distillation system, and thus, there is a need to include 
the section lengths in an optimisation study for a better understanding of the interaction 
between the system design and operation. 
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Top: ---5: 10: 10 configuration; 
Middle: --- 10: 5: 10 configuration; 
Bottom: --- 10: 10: 5 configuration; All: - 10: 10: 10 configuration; 
0 reflux drum; 0 vessel 1; A vessel 2; 0 reboiler 
Figure 5.8: Product composition in each vessel for different column sections configura- 
tions 
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5.7.4 Design Scenario 1: Effect of Performance Index 
The multivessel system separation scenario with three column sections as presented bý 
Furlonge et al. (1999) for the separation of a quaternary mixture is considered here. 
They considered a laboratory size distillation column with given column diameter and 
internal tray dimensions. The model used to describe the system was the detailed type 
and takes into account variable liquid and vapour holdups that are determined by tray 
hydraulics and detailed pressure drop equations (see chapter 3.1). 
For fixed column section diameters, the capital cost of the column shell is directly pro- 
portional to the number of stages (C., h oc N). Since one of the aims here is to compare 
the results of Furlonge et al. (1999), hence, utilising the same reboiler and condenser 
units, the heat exchangers installed costs, C,,, can be neglected. Assuming the same 
Guthrie's correlation coefficients as Equation 5.4, the economics performance index for 
the detailed model of an existing column can be expressed from Equation 5.3 as 2: 
Nc NS 
0.802 
CiHA, i(tf) - CfeedHfeed K, Ni K 
tf + t, 
3Vave 
where NS is the number of column sections in the multivessel system and V,,,, the average 
condenser vapour load over the processing time, given by: 
Vave = 
in tf V(t)dt / tf 
Optimal Operation 
(5.20) 
The optimal operation of the multivessel system based on the economics performance 
index (Equation 5.19) is determined and compared to the optimal operating policy based 
on minimum mean rate of energy consumption as described by Furlonge et al. (1999). 
The multivessel system consists of 10 trays in each of the three column sections (10: 10: 10). 
Table 5.11 gives the column specifications and operating conditions. The total batch feed 
2N . 802 An alternative for the capital cost correlation function is 
Ki s No This assumes the con- 
struction of a multivessel system as being similar to building 
Ns separate regular columns; 9'. e. resulting 
in much greater capital cost. 
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Batch set-up time, t, (s) 1800 
Operating pressure, P (Pa) 101 325 
Batch size, Hf eed (MOI) 100 
Reboiler, side vessels and reflux drum holdups (mol) 25 each 
Tray holdup, Htray (MOI) 0.12 
Column dimensions and flow coefficients as in Furlonge et al. (1999) 
Feed compositioni Xij eed (molf raction) 
Methanol, ethanol, n-propanol, n-butanol 0.25,0.25,0.25,0.25 
Product purity specifications, (molfraction) 
Reflux drum, xi(tf) 0.928 of methanol 
Vessel 1, X2(tf) 0.854 of ethanol 
Vessel 21 X3(tf) 0.914 of n-propanol 
Reboiler, X4(tf ) 0.970 of n-butanol 
Product price, Ci ($/M01) 0.035 for all 
Feed cost) Cfeed ($/rn0l) 0.001 
Table 5.11: Column specifications and operating conditions for case study I 
157 
is 100 mol of methanol, ethanol, n-propanol and n-butanol with the desired minimum 
purities of 92.8,85.4,91.4 and 97.0 mol%, respectively. 
The feed is distributed equally among the reboiler, two side vessels and reflux drum. An 
the holdups are kept constant throughout the operation which takes place under total re- 
flux (total reflux constant holdup policy, Table 5.10). The operating policy is divided into 
six control intervals of variable duration bounded between 12 and 5000 8 (Table 5.12). In 
addition, the reboiler capacity, Q(tz), is in the range between 0.75 and 5.5 kW. K, and K3 
are assumed to be 0.0663 and 1.5 based on hourly profit, respectively (Sharif et al., 1998). 
The optimal results are shown in Table 5.13. The optimal operation by Furlonge et al. 
(1999) gives a minimum mean energy consumption rate of 1478 W. Also, the optimal 
production rates were at the lower bounds of 0.209,0.225,0.221 and 0.213 mol/rain, 
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Decision Variables Bounds 
Ni, N2, N3 [2,20] 
Q(ti) [0.75 , 5.50] 
ti [12 
, 5000] 
Table 5.12: Decision variables bounds for the case study I 
respectively. By considering the performance index given in Equation 5.19, it is found 
that a better alternative to operating a column with the lowest energy consumption rate 
(1478 W) is to operate at maximum profit, i. e. to operate the column with a 40% in- 
crease in energy consumption rate (2065 W) with a reduction in operating time by 46% 
(5115 to 2774 s). For a production plant with unlimited demand, this would result in a 
greater number of batches and more than 2.5 fold increase in profitability (0.40 to 1.07 
$1hr). From the viewpoint of costs, the significant rise in revenue (1.69 to 2.56 $1h) can 
more than compensate for the rise in operating costs (0.28 to 0.47 $1h). The optimal 
production rates are also higher at 0.316,0.340,0.335 and 0.321 mol/min, respectively. 
As a further note, in the case where a plant is required to produce only a specified amount 
of product to fulfil a fixed demand, the operating policy of the senario based on optimal 
profitability remains the preferred choice due to the lower total energy required to sep- 
arate the same batch size (2065 Wx 2274 s=5.7 MJ compared to 1478 Wx 5115 S 
= 7.5 MJ). Unlike the unlimited demand scenario whereby the economic benefit seems 
to be garnered from higher productivity, the real benefit in this Emited demand scenario 
fies in the efficiency of the operation. 
The comparison highlights the disadvantage of using an objective function that focuses 
on a particular aspect of the batch distillation process, such as energy consumption, 
instead of an overall economics evaluation like profitability which accounts for optimal 
trade-off in production yield, batch time and energy consumption. The policy obtained 
in this study appears to be the "true" economics optimum and seems to be true for both 
unlimited and existing demand plant production scenarios. 
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Performance Index Mean Energy Profit, Profit, 
Consumption, PP 
Ef 
Column section configuration 
(top: middle: bottom sections) 
Total number of stages 
Mean energy consumption, E (W) 
Profit, P ($1h) 
Batch time, tf (s) 
10: 10: 10 10: 10: 10 11: 11: 9 
(fixed) (fixed) (optimal) 
30 30 31 
1478 2065 2148 
0.40 1.07 1.31 
5115 2774 2255 
Revenue ($1h) 1.69 2.56 2.89 
Operating cost ($1h) 0.28 0.47 0.54 
Capital cost ($1h) 1.01 1.01 1.04 
Constraints 
Purity I (molfraction) 0.928* 0.928* 0.928* 
Purity 2 (molfraction) 0.854* 0.870 0,876 
Purity 3 (molfraction) 0.914* 0.925 0.914* 
Purity 4 (molfraction) 0.970* 0.986 0.973 
Production rate 1 (mol/min) 0.209* 0.316 0.357 
Production rate 2 (mol/min) 0.255* 0.340 0.385 
Production rate 3 (mol/min) 0.221* 0.335 0.379 
Production rate 4 (mol/min) 0.213* 0.321 0.362 
t Furlonge et al. (1999); * on the lower bounds 
Table 5.13: Summary of optimal results for the case study I 
Simultaneous Optimal Design and Operation 
Next, the optimal number of trays for each column section, Ni= 11 2 and 3, were optimised 
in order to investigate how an optimal design would affect the overall performance of the 
system. The number of trays are allowed to vary discretely between 2 and 20 for each 
column section and hence, taking into consideration the capital investment cost trade-off. 
The results to the right in Table 5.13 show that, by investing in just one more tray 
(31 
instead of 30), i. e. a small increase in capital outlay, and by optimally 
distributing the 
trays in the column (11: 11: 9 configuration instead of 10: 10: 10 configuration), the prof- 
itability can be increased a further 22% from 1.07 to 1.31 
$1hr. The optimal multivessel 
system design increases the revenue of the process 
(2.56 to 2.89 $1hr) by reducing the 
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batch time further (2774 to 2255 s). 
This comparison shows how economical insight can be gained by considering both design 
and operating parameters concurrently during the design stage and the benefits of doing 
so. In this case study, it is found that the performance of the multivessel system and its 
overall profitability can be significantly improved by optimising the system configuration 
design. 
5.7.5 Design Scenario 11: Effect of Product Purity Specification 
Here, the effect of product purity specifications on the optimal design of the multives- 
sel system is presented. Although product purity specifications are expected to have a 
significant influence on the optimal multivessel system design, an investigation of such 
nature has yet to be performed prior to the study here. Table 5.15 fists the different 
purity constraint scenarios (cases A to F) for the separation of a 1000 mol quaternary 
and equimolar mixture of methanol, ethanol, n-propanol and n-butanol. The rigorous 
model (Table 3.1) utilised here to describe the column assumed negligible vapour holdup 
and constant tray liquid holdup (2.5 mol per tray), i. e. without pre-specified column 
tray dimensions for tray hydraulics, thus suitable for design study purposes. The mul- 
tivessel system consists of three column sections as well as the reboiler, two side vessels 
and a reflux drum where the four products are collected, respectively. To simplify the 
comparison, all products are assumed to be of equal value for all purity specifications 
(i. e. 35 $/krnol). The comparison is based on atmospheric operation. The cost of the 
feed is set at I $/kmol, the set-up time is 1800 s and the cost correlation coefficients 
in Equation 5.4 are assumed to be 1500,9500 and 180 for Ki, K2 and K3, respectively 
(Logsdon et al., 1990). The decision variable bounds are given in Table 5.14. 
The optimal multivessel system design results for cases A to F are presented in Table 
5.15 and Figure 5.9. The figure clearly illustrates that the optimal multivessel config- 
uration is highly influenced by different separation duties. The general trend confirms 
the intuition that, the higher the purity specification, the lower the profitability achieved 
(Table 5.15). This is due mainly to the longer batch processing time needed to achieve 
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Decision Variables Bounds 
Ni, N2, N3 
v 
tf 
[2 
, 20] 
[0-16 1-6] 
[100 3000] 
Table 5.14: Decision variables bounds for the case study II 
the higher specifications. For example, the profit obtained for case A with low product 
purities is 321 542 $/yr, whilst the profit for case D with higher purity requirements is 
considerably lower at 187 806 $lyr. The optimal total number of trays varies from 19 
trays for case A to 44 trays for case D for the range of combination of purity specifications 
investigated (between 70 to 95 mol%). 
The optimal multivessel configuration for case A (0.70,0.70,0.70,0.70) is 6: 9: 4 trays for 
the top, middle and bottom column sections, respectively. The intermediate components 
of ethanol and n-propanol are at their minimum specifications of 70 mol% which suggest 
that they are the limiting components in this particular case study example. This is also 
shown in case B (0.90,0.90,0.90,0.90) whereby the products collected in the intermedi- 
ate side vessels achieved only the minimum specifications of 90 mol%. 
When the minimum desired purities are increased from 70 mol% (case A) to 90 mol% 
(case B) for all four products, the optimal total number of trays needed increased by 
16 trays from 19 to 35 trays. In terms of the individual column sections, all of them 
increased in length from a 6: 9: 4 configuration to a 14: 12: 9 configuration, which indicates 
that the degree of increase (8,3 and 5 trays, respectively) are different despite the fact 
that the purity constraints were raised equally for all four products. The longest column 
section in case B is the top one compared to the middle one in case A. This shows that 
the optimal column sections length in relation to each other can change according to 
the purity specification (even though all four purity constraints were increased by the 
same magnitude). Nonetheless, both configurations displayed the same characteristic of 
satisfying the lower bounds of the product purities in the intermediate vessels. In the 
example, the overall profit of the process with higher purity requirement in case B is 
5. OPTIMAL DESIGN AND OPERATION OF BATCH DISTILLATION 162 
Case c 
Purity specification for 0.70, 0.901 0.901 0.90, 0.70, 0.95, 
each product 0.70, 0.903 0.70) 0.95, 0.70, 0.95, 
(molf raction) 0.70, 0.90, 0.70, 0.95, 0.95, 0.70, 
0.70 0.90 0.90 0.90 0.95 0.70 
Column configuration 
Stages in Section 1 6 14 10 18 4 17 
Stages in Section 2 9 12 4 14 17 201 
Stages in Section 3 4 9 7 12 12 4 
Total number of stages 19 35 21 44 33 41 
Constraints 
Purity 1 (molfraction) 0.81 0.95 0.90* 0.98 0.78 0.98 
Purity 2 (molfraction) 0.70* 0.90* 0.70* 0.95* 0.71f 0.95* 
Purity 3 (molfraction) 0.70* 0.90* 0.71f 0.95* 0.95* 0.80 
Purity 4 (molfrachon) 0.82 0.97 0.91f 0.99 0.99 0.88 
Profit, P ($/yr) 321 542 242 721 279 645 187 806 209 609 201 305 
Mixture of methanol, ethanol, n-propanol and n-butanol 
* on or t near the lower bounds; t on the upper bound 
Table 5.15: Summary of optimal results for case study II 
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25% lower than the profit achieved for the less demanding separation in case A. 
In case C, the purity specifications are 90,70,70 and 90 mol% for methanol, ethanol, 
n-propanol and n-butanol, respectively. Since the limiting components are the interme- 
diates ethanol and n-propanol, the middle column section, which most directly affects 
these products, was found to become shorter by two-thirds from 12 trays in case B to 
only 4 trays. As a result, again only the minimum product purities are achieved in the 
intermediate vessels. The number of trays in the top and bottom column sections also 
pivoted accordingly to obtain the minimum purities at the reflux drum and reboiler, re- 
spectively. 
From another viewpoint, the optimal configuration in case C can also be contrasted 
against that of case A. When higher product purities are required in the reflux drum 
and reboiler (90 mol%) with the specifications for the intermediate vessels the same as 
in case A (70 mol%), the optimal configuration displays an intuitive change (6: 9: 4 to 
10: 4: 7) where the trays in the middle column section are shifted to the top and bottom 
column sections to tackle the higher purity requirement in the reflux drum and reboiler. 
In total, only two extra trays are needed. Note that the purities of product 1 (81 mol%) 
and product 4 (82 mol%) (see Table 5.15), which were otherwise over-purified in case A, 
are now brought up to the required minimum specifications of 90 mol% (but no higher). 
Thus, all the products are separated to just their minimum purities because there is no 
economical gain in wasting valuable batch processing time to achieve higher purities than 
required. 
In case D, the purity specifications are 90,95,95 and 90 mol% for methanol, ethanol, 
n-propanol and n-butanol, respectively. With higher product purities now required in 
the intermediate vessels, the middle column section length increased more than three 
fold from 4 trays in case C to 14 trays. Although both the top and bottom column 
sections also increased in length, their increment is to support the purities of ethanol and 
n-propanol which again reached the lower Emit of 95 mol% in the intermediate vessels. 
Since the top and bottom column sections also directly affect methanol and n-butanol, re- 
spectively, as a result, their purities went way above the specifications (98 and 99 mol%). 
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Number 20 
of trays 18 
16 
14 
12 
10 
8 
6 
4 
2 
0 
Figure 5.9: Optimal column section configurations of the multivessel system for different 
product purity specifications 
The purity constraints in cases E and F are specified in such a way as to demonstrate 
how optimal design of the multivessel system configuration is strongly influenced by the 
separation duty (4: 17: 12 configuration for purity specifications of 70,701 95 and 95 Mo1% 
and 17: 20: 4 for 95,95,70 and 70 mol%). In case E, the top column section is the shortest 
whilst in case F, the bottom column section is the shortest. This highlights how each 
column section is affected by the products collected in vessels directly connected to it, 
thereby confirming the simulation results presented earlier. 
5.7.6 Design Scenario III: Optimal Initial Feed Distribution 
Unlike the regular column where the feed is charged wholly into the reboiler, the novel 
configuration of the multivessel system allows the feed to be distributed among the re- 
boiler, reflux drum and the vessels that are attached to each column section. In the pre- 
vious cases where equimolar mixtures were considered, the feed was equally distributed 
0.70, U. vu , 0.70, ku , zlU , (0.70,0 0.90 0.95, (0.95, 01 0.70) 
0.90; 
0.70,0.95 0.70,0.95, (n 
0.90) 0.95, E 
0.90) 0.70, CD 0 0.95) :5= Product purity 0.70) 0-0 0 
specifications !i 
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Case Base A B 
Feed compositiont 
(molfraction) 
0.25,0.25, 
0.25,0.25 
0.25,0.25, 
0.25,0.25 
0.25,0.25, 
0.25) 0.25 
0.30,0.10, 
0.40) 0.20 
Product specification 0.90,0.90,0.90) 0.90,0.95,0.60,0.90,0.90, 
(molf raction) 0.90,0.90 0.90,0.90 0.60,0.95 0.90,0.90 
Initial feed distribution 
Vessel 1 (mol) 
Vessel 2 (mol) 
Vessel 3 (mol) 
Vessel 4 (mol) 
(specified) 
250 
250 
250 
250 
(optimal) 
269 
227 
247 
257 
(optimal) 
182 
318 
318 
182 
(optimal) 
324 
45 
423 
208 
Column section configuration 14: 12: 9 11: 13: 10 13: 5: 6 11: 10: 9 
Total number of stages 35 34 24 30 
Profit, P ($/yr) 242 721 249 464 310 647 230 816 
Batch time) if (s) 1400 1350 1000 1600 
Constraints 
Purity 1 (molfraction) 0.96 0.91t 0.96 0.93 
Purity 2 (molfraction) 0.90* 0.91t 0.62 0.92 
Purity 3 (molfraction) 0.90* 0.90* 0.60* 0.91t 
Purity 4 (molfraction) 0.97 0.95 0.96 0.91t 
mixture of methanol, ethanol, n-propanol and n-butanol 
* on or t near the lower bounds 
Table 5.16: Summary of optimal results for case study III 
among the vessels. Here, the optimal initial holdups of the vessels, Mi(O), are treated as 
additional decision variables to be optimised (total reflux variable holdup policy 
in Table 
5.10). The same quaternary mixture of methanol, ethanol, n-propanol and n-butanol 
is 
used here as an example with the bounds for the vessel holdups Mi(O) set at 
[50,500 
mol] and governed by the constraint ENC Mi (0) = 1000 mol. 
Again, it is assumed that i=1 
the final holdups collected in all the vessels are desired products with equal selling price 
for all purities specified. 
The base case in Table 5.16 considers an equimolar 
feed with the same purity specifi- 
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Figure 5.10: Optimal feed distribution for different separation scenarios 
cation of 90 mol% for each product. The feed is split into four equal portions of 250 
mol, each charged into the reflux drum, intermediate vessels (vessels I and 2) and re- 
boiler, respectively. The optimised profit obtained is 242 721 $/yr. When the vessel 
holdups are optimised in addition to the other decision variables (case A), the optimal 
performance index of the multivessel system is increased by 3% to 249 464 $/yr. This 
is due to a slight redistribution of the holdups and a minor re-adjustment of the system 
configuration. Figure 5.10 illustrates how the holdups of vessel I and vessel 2, where 
the limiting intermediate components of ethanol and n-propanol are purified, have been 
reduced from 250 mol to 227 and 247 mol, respectively. Also, the total number of trays 
has been reduced by one from 35 to 34, and two trays in the top column section have 
been redistributed to the other two column sections. The combined effect causes the 
strain of separating the limiting intermediate components in the middle of the system 
to be reduced, and thus the reduction in both batch processing time and capital cost 
resulted in the slightly higher annual profit. 
The results obtained in cases B and C highlight the fact that the distribution of the 
feed or product holdups must be optimally determined for different separation scenarios 
in order to achieve the highest economical efficiency. In case B, it can be seen that the 
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amount of product for a particular component is directly related to its specification, i. e. 
318 mol for ethanol and n-propanol with their lower purity specifications of 60 mol% 
compared to 182 mol for methanol and n-butanol which has a tougher requirement of 
95 mol%. When a non-equimolar mixture (0-30,0.10,0.40,0.20 molfraction) is to be 
separated to a purity of 90 mol% each (case C), the optimal feed or product distribution 
also changes from the base case. Although this is fundamentally governed by the material 
balance which exists for a total reflux operation such as the one considered, the optimal 
distribution does not reflect the feed composition precisely, i. e. only 45 mol of ethanol- 
rich product is collected compared to its initial 100 mol in the feed whilst sightly more 
n-propanol-rich product is collected (423 mol) for the richest feed component (400 Mol 
in the feed). This observation is consistent with the result in case A which is slightly 
different from the base case due to the characteristic (i. e. the limiting conditions caused 
by, for example, the relative difference in relative volatilities) of each component. In 
this case (case C), ethanol is both limiting and exists in low purity in the feed, hence a 
lower recovery. For n-propanol, even though it is also a limiting component, the higher 
recovery is due to the fact that it exists in the largest quantity in the feed. 
5.8 Comparison of Regular and Multivessel Columns 
There are several works available which compare the optimal operation of the novel mul- 
tivessel system to that of the traditional regular column system (e. g. Hasebe et al., 1995; 
Hasebe et al., 1997 and Furlonge et al., 1999). Here, the optimal design of the two sys- 
tems is compared concurrently with the optimal operation for the first time. The column 
section lengths and configuration, as well as the operation decision variables, are taken 
into account simultaneously to provide a more comprehensive and objective comparison. 
The comparison in this work is based on the separation of 1000 mol equimolar feed of hy- 
drocarbon mixtures as detailed in Table 5.17. In the regular column, the feed is charged 
wholly into the reboiler whilst in the multivessel system, the feed is equally distributed 
among the reboiler, two side vessels and reflux drum. To simplify the comparison., all feed 
mixtures are assumed to be of equal cost regardless of the type or number of components 
(1 $/kmol). The purity constraints are set at 90 mol% for all products which also haý-e 
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Case Hydrocarbon Feed Mixture Feed Composition 
A pentane, hexane, heptane 0.33,0.33,0.33 
B pentane, heptane, nonane 0.33,0.33,0.33 
C pentane, hexane, heptane, octane 0.25,0.25,0.25,0.25 
D pentane, hexane, heptane, octane, nonane 0.20,0.20,0.20,0.20,0.20 
Table 5.17: Summary of optimisation cases considered for regular and multivessel 
columns comparison 
the same selling price of 35 $/kmol. Both the regular column and the multivessel system 
are assumed to have the same set-up time of 1800 s and cost correlation coefficients in 
Equation 5.4 of 1500,9500 and 180 for K1, K2 and K3, respectively (Logsdon et al., 1990). 
For the multivessel system, the decision variables and bounds are the number of trays 
in each column section, N, [2,20], the condenser vapour load, V [0-16,1.6 mol/s], and 
the total reflux time, tf [100,3000 s]. In the regular column, the first period of opera- 
tion consists of total reflux until the purity of the most volatile component reaches the 
specification of 90 mol%. The decision variables optimised include the total number of 
trays, N [2,60], the piecewise-constant internal reflux ratio profile, R(ti) [0.5,1.0], and 
the duration of each time interval after the total reflux period, ti [100,2000 s], whereby 
each of the two main product cuts is separated by a possible offcut period, t, [0,1000 8] 
(i. e. for a separation involving a mixture with NC components, there are NC -I product 
withdrawal periods plus Nc -1 offcut periods). 
The results in Table 5.18 shows that the use of a multivessel system is significantly more 
profitable than that of a regular column even for the simplest case of a ternary mixture 
(case A). The multivessel system gave a 28% higher annual profit, i. e. 277 672 compared 
to 217 229 $/yr for the regular column. The multivessel system requires two column 
sections of 8 and 9 trays each, and fewer total number of trays than the regular column 
(17 compared to 20, respectively3). Furthermore, the multivessel system 
is able to reduce 
the batch processing time by about a quarter that of a regular column 
(1787 to 1350 s). 
which, for a 24 hr production plant, means a higher number of 
batches can be processed 
3 The optimal profit achieved for the regular column with 
17 trays is 209 922 $/yr. The revenue, 
capital cost and operating cost are 2TI 673,60 
817 and 933 $/yr, respectively. 
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Distillation System Regular System Multivessel System 
Feed mixtures A B C D A B C D 
Column section 
configuration - - - - 8: 9 5: 6 6: 11: 10 6: 9: 14: 12 
Total number 
of stages 20 5 15 12 17 11 27 41 
Profit, P ($/yr) 217 229 293 347 154 552 68 526 277 672 318 617 264 596 235 044 
Batch time, tf (s) 1787 1274 2584 3783 1350 1100 1300 1400 
Vapour load, (mol/s) 1.40 1.40 1.57 1.60 1.48 1.41 1.60 1.56 
Revenue ($/yr) 282 536 333 681 215 919 125 623 340 403 369 748 345 893 335 084 
Operating cost ($/yr) 907 907 1011 1037 959 907 1037 1011 
Capital cost ($/yr) 64 400 39 426 60 355 56 061 61 772 50 224 80 260 99 029 
Constraints 
(molf raction) 
Purity 1 0.94 0.95 0.96 0.99 0.97 0.98 0.97 0.98 
Purity 2 0.90* 0.93 0.94 0.92 0.90* 0.91t 0.91t 0.91t 
Purity 3 0.91t 0.91t 0.90* 0.90* 0.95 0.95 0.90* 0.91t 
Purity 4 0.93 0.94 - - 0.95 0.90* 
Purity 5 - 0.95 - 0.96 
Purity constraints (0.90,0.90,0.90,0.90) 
* on or t near the lower bounds 
Table 5.18: Summary of optimal results for both regular and multivessel columns for 
different feed mixtures 
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Figure 5.11: Profitability of regular and multivessel systems for different separation mix- 
tures 
per year. The combination of lower capital investment incurred by the multivessel sys- 
tem (61 772 compared to 64 400 $/yr) and considerable increase in revenue (340 403 
compared to 282 536 $/yr) resulted in a net increase in profitability. 
As expected, the number of trays required to separate an easier separation (case B) is 
fewer than what would be required for a harder separation (case A). The regular column 
needs 15 trays fewer whilst the multivessel system needs 6 fewer (configuration 5: 6 instead 
of 8: 9 in case A). Thus, both regular column and multivessel system optimally designed 
for the easier separation, incur lower capital costs. In terms of optimal operation, both 
systems have lower batch processing time and higher revenue. Although, as a result, both 
systems show higher profits for the easier separation, the increase is greater (35%) for the 
regular column than for the multivessel system (15%). This implies that, in other words, 
the economical benefit of using the multivessel system in favour of the conventional batch 
rectifier becomes more prominent when dealing with harder separations. 
The results in Table 5.18 also shows that the economical benefit of adopting the multives- 
sel system over the regular column becomes more apparent for separating mixtures with 
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higher number of components (compare cases A with C and D). In this case study, the 
multivessel system increasingly out performs the traditional regular column by about 30, 
70 and 240% in terms of profit for the separation of a ternary, quaternary and five com- 
ponents hydrocarbon mixture, respectively. Although the profitability of both systems 
would diminish when used to separate mixtures with greater number of components, the 
performance index (profitability) of the multivessel system decreases only 5 and 11% 
compared to the higher decrement of 29 and 56% for the regular column (Figure 5.11). 
This can be explained by considering the contribution of the individual costs as shown 
in Figure 5.12. For the multivessel system, the number of column sections and the total 
number of trays increase with the number of components (17,27 and 41 trays of 8: 9, 
6: 11: 10 and 6: 9: 14: 12 configurations, respectively). Conversely, the optimised regular 
column designs display an inverse trend whereby the optimal number of trays decrease 
(20 to 12 trays 4) as the number of components to be separated increase. This trans- 
late into higher capital investment for the multivessel system or, in other words, the 
multivessel system becomes relatively more expensive compared to the regular column 
(Figure 5.12a). This economic aspect is thus the main drawback of the multivessel sys- 
tem. However, the main advantage of the multivessel system is its ability to maintain its 
revenue (Figure 5.12b) compared to the revenue of the regular column which deteriorates 
significantly as the number of components increase. This highlights the advantageous 
feature of the multivessel system which performs simultaneous separation regardless of 
the number of components in the mixture (see similar batch times for the multivessel 
system in Table 5.18). In contrast, the operation in the batch rectifier becomes more 
time consuming (1787 to 3783 s) as the number of product and offcuts increases. 
Note that both systems operate optimally at high condenser vapour load, V. For a spec- 
ified amount of distillate, the batch processing time is inversely proportional to V. Since 
the capital and utility costs increase with V by an economic factor of less than 1, columns 
would tend to have high vapour loading to favour higher production rate in the expense 
of capital and utility costs. 
4 As the number of operation intervals increase, the economical 
impetus towards reducing capital cost 
rather than increasing the revenue (since the greater number of offcut periods would not contribute 
to 
higher product yield) becomes more prominent. 
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Also note that in all the cases, only the minimum product purity was achieved for at 
least one or more of the components (on or close 5 to the lower bounds), indicating the 
governing task(s) for that particular optimal design and operation. 
5.9 Conclusions 
5.9.1 Optimal Batch Distillation System 
In this chapter, the simultaneous optimal design and operating policies of the batch distil- 
lation system has been presented, for regular column with single and multiple separation 
duties, as well as for the novel multivessel system. The problem consists of a nonlin- 
ear annualised profit objective function that encapsulates the various trade-offs between 
the design and control decision variables, between the production revenue, capital and 
utility costs as well as between the different mixtures. By considering a comprehensive 
economics performance index which takes into account all capital and operational cost 
trade-offs, instead of focusing on a specific performance criterion such as batch time or 
energy efficiency, the benefit of the multivessel system can be elicited and compared to 
the regular column more conclusively. 
Generally, this conceptual study indicates that the annual profitability achievable by 
adopting a multivessel system can be more than twice that of the traditional batch 
rectifier. When a mixture with many components is to be separated and for relatively 
more difficult separations, the economical benefit of using the multivessel system becomes 
more prominent. 
5.9.2 Optimal Design Practice 
The case studies highlighted the importance of considering all the design and operational 
degrees of freedom available in order to gain a comprehensive economical insight into the 
'Due to the stochastic nature of the genetic algorithm, the accuracy of the final constraint values were 
dependent on the convergence setting. Therefore, before decimal round-off, some of the purities achieved 
could be reasonably interpreted as being on-specification, rather than distinctly overpurified. 
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batch distillation process as optimal column design and operating policies depend highly 
on the design scenario, i. e. production time, capital costs, mixture characteristics, pro- 
cess allocation etc. Furthermore, it has been shown that the design of the multivessel. 
column section configuration, as well as the feed and product distribution, is strongly 
influenced by the separation duty, i. e. feed composition, relative volatilities and prod- 
uct specification. These decision variables should be optimised, and as a result of the 
optimisation, significant enhancement in the system performance can be achieved. The 
case studies in this work demonstrated significant reduction in batch time and energy 
consumption. This, in turn, means an increase in the number of batches per production 
period and a cut down on production cost per operation. 
As a further note, in terms of operation, the flexibility of the multivessel system allows 
additional degrees of freedom in terms of varying vessel holdups during the separation 
process. Several optimal control studies have indicated that the performance of the 
multivessel system can be improved by allowing the vessel holdups to be optimised (11 
to 43% in production rate, 12% in batch time and 21% in mean energy consumption 
have been claimed by Hasebe et al., 1997; Noda et al., 2000 and Furlonge et al., 1999, 
respectively). However, in practice, the implementation of the optimal holdup policy, 
although feasible, involved a much more complicated on-line control system (e. g. such as 
that proposed by Noda et al., 2000) than a simpler level controller needed for maintaining 
the holdup. This trade-off suggests that further comparative study should be conducted 
by the design engineer in order to evaluate whether a more complicated operating policy 
and its associated control system are indeed worthwhile; if the improvement is small, 
perhaps the constant holdup policy using level controller or the temperature controller 
proposed by Wittgens et al. (1996) would be more attractive. 
5.9.3 Optimal Design Tool 
The stochastic optimisation approach, genetic algorit hm- penalty function 
framework, 
used in this work to solve the mixed integer dynamic optimisation problem was 
found to 
be a robust and viable way to solve the batch design problem and can 
be used with a 
range of models with different complexity. The proposed algorithm 
is found to be robust 
compared to other deterministic approaches as it 
does not rely heavily on information 
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from previous iterations for the search direction or on the topography of the search space. 
The genetic algorithm-based methodology is also more robust in absorbing infeasible 
solutions. However, the genetic algorithm parameters have to be selected appropriately 
in order to fulfil the problem constraints as well as to avoid premature convergence. 
Chapter 6 
Optimal Configuration Design of 
Batch Distillation 
In this chapter, the automated determination of optimal batch distillation 
configuration, design and operation for a given separation duty is presented. 
The configuration design approach is based on a mixed integer dynamic opti- 
misation formulation similar to that posed in chapter 5, but with additional 
discrete variables for configuration selection, which is again solved using the 
genetic algorithm-penalty function approach. The key features of utilising 
rigorous models and a profitability index are retained to obtain an overall 
optimal batch distillation system. The feasibility of the approach is demon- 
strated for both binary separation and multicomponent separation scenarios. 
In the binary separation case study, the effect of feed composition for differ- 
ent binary mixtures on the optimal configuration, i. e. regular versus inverted 
columns, is investigated. Generally, the regular column was found to be more 
profitable for feeds with a high fraction of the light component whilst the 
inverted column is optimal for heavier feeds. However, the optimality of a 
particular configuration over another is case study specific, depending on, 
for example, different feed mixtures. In the multicomponent separation case 
study, the results obtained reiterated the superiority of the multivessel config- 
uration over the regular and inverted configurations as highlighted in chapter 
5. 
176 
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6.1 Introduction and Aims of This Work 
Traditionally, the batch distillation configuration design problem is seldom posed because 
the design engineer typically starts off the batch distillation design process with a batch 
rectifier, i. e. with a regular column configuration, in mind. However, in recent years, 
motivated by the drive for greater process performance and efficiency, the fundamental 
configuration of the batch distillation process itself is being exploited, resulting in the 
emergence of new unconventional columns such as the inverted, middle vessel and mul- 
tivessel columns. As a result, the design engineer is faced with the challenging task of 
determining the best configuration, design and operation for a given distillation duty. 
The performance of alternative batch distillation configurations has been actively re- 
searched through many comparative studies where the process operation in different 
configurations are compared either through parametric simulation or optimal control 
studies based on various performance indices (i. e. Chiotti and Iribarren, 1991; Mujtaba 
and Macchietto, 1994; Davidyan et al., 1994; Meski and Morari, 1995; Hasebe et al., 
1996; Sorensen and Skogestad, 1996; Noda et al., 1999; Furlonge et al., 1999 and Ruiz 
Ahon and de Medeiros, 2001) (details in chapter 2.4). Recently, Warter et al. (2002) 
compared the practicality of the competing configurations by conducting a pilot plant 
scale experimental study on the operations of the middle vessel and regular columns. In 
chapter 5, the simultaneous optimal design and operation of the multivessel and regular 
columns were compared for the first time, which provided a fairer and more conclusive 
comparison for batch distillation column configuration selection. 
In their effort to aid batch distillation column configuration screening by means of pro- 
viding insights into the behaviour of different column configurations, Kim and Diwekar 
(2000) performed the most comprehensive comparative studies to date where the perfor- 
mance of the column configurations, i. e. the regular, inverted and middle vesssel columns. 
based on various performance indices, were obtained via parametric simulations using sta- 
tistical sampfing of design and operation variables within specificed ranges. Due to the 
high number of simulations conducted in the study, a simplified model that assumes zero 
holdup in the column section, constant molal overflow and constant relative volatiEty 
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was used. Through an example, the work also demonstrated how the screening of col- 
umn configurations could be elicited through a sort of heuristic analysis of the trade-off 
among the performances indices of the competing column configurations. Despite the 
vast quantity of data obtained, which in turn provided many insights into the column 
behaviour, ultimately any guideline drawn up were limited by the range of the sampled 
parameters and could not serve as a conclusive mean for batch distillation column con- 
figuration determination for other separation scenario cases. 
As the number of possible batch distillation column configurations proposed in the litera- 
ture continues to increase, it becomes important to be able to choose the best one among 
them in an automatic manner without the need for manually considering each one of them 
separately. The aim of this work is to propose a configuration design methodology based 
on a mixed discrete dynamic optimisation formulation that can automatically generate 
the optimal configuration, design and operation for a given separation duty. Again, the 
use of a rigorous model and an overall profitability index are the key characteristics of 
this study. In the next section, the formulation of the optimisation problem is presented 
followed by the description of the model and the optimisation solution technique. The 
feasibility of the approach is demonstrated for a number of case studies which include 
several binary separation scenarios and a multicomponent separation scenario. In the bi- 
nary separation case studies, the effect of feed composition on the optimal configuration 
is also investigated. 
6.2 The Batch Distillation Configuration Design Problem: 
Optimisation Formulation 
The batch distillation configuration problem is more complicated than the decision- 
making involved in the batch distillation design trade-off problem illustrated in Figure 
5.1 (chapter 5). That is, in addition to determining the set of design and operation vari- 
ables which gives the optimal trade-off in capital and operational costs, the problem here 
is expanded to also explore configurational variables in an effort to further increase the 
profitability of a particular batch distillation process. Thus, the overall batch distillation 
can be based on the solution of a mixed integer dynamic optimisation problem. with a 
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profitability objective function similar to that defined in chapter 5.2.2. 
In batch distillation, the configuration of the system is primarily characterised by the 
location of the initial feed charge and the location of product withdrawal, thus giving 
rise to alternative column configurations (Figure 6.1). There is also the choice of the 
number of column sections and holdup vessels in the case of multicomponent distilla- 
tion, however, this configurational degree of freedom is proportional to the number of 
components, Nc, as discussed in chapter 5.7.2. Conceptually, the determination of the 
optimal configuration for a particular separation duty can be tackled by optimisation in 
the continuous domain, i. e. by optimising the initial feed holdup distribution, Mj (to), 
and the reflux ratio profiles, Rj (ti), for all control intervals, Ati, at all potential output 
locations, j, on a dynamic superstructure model. The maximum and minimum bounds 
of these continuous variables, Mj (to) E [0, Hf ced] and Rj (tz) E [0,1], correspond to the 
distinct column configurations known as the regular, inverted and multivessel columns as 
illustrated in Figure 6.1. However, the final solution would in all probability he within the 
continuous range in between the bounds, and thus, despite offering the highest possible 
degrees of freedom, result in none of the straightforward distinct column configurations 
(Figure 6.1) but in less practical configurations with complicated implementation. 
To obtain distinct structures, the configurational degrees of freedom must be treated in 
a discrete manner. For example, discrete decisions may be incorporated into the math- 
ematical model as a set of time-invariant binary variables yEf0,11, each representing 
the existence or non-existence of a particular connecting stream or a process unit (e. g. 
side vessels), or part thereof (e. g. accumulators at a particular task interval). Optimal 
streams between process units can easily be incorporated into the superstructure model 
by algebraic equations (see Sharif et al., 1998). The development of the dynamic su- 
perstructure model is by no means a trivial task because it needs to encompass all the 
different options available. Furthermore, the mathematical superstructure model formu- 
lation may have a significant impact on the robustness and efficiency of the numerical 
integration and optimisation solution techniques. For these reasons, to quote Oldenburg 
et al. (2002) - "considerable effort may be spent in defining ways to build superstructure 
models that are generic to the extent possible and provide favourable properties in con- 
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Regular Configuration Inverted Configuration 
withdrawal location 
major holdup location 
Figure 6.1: Schematic of different batch distillation column configurations 
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junction with especially designed numerical solution algorithms". In this work, the need 
for a superstructure model is avoided (see below and section 6.3). 
In this work, the discrete decision is characterised by disjunctions, where a disjunction 
represents the discrete decision as to whether the batch distillation process is to be 
operated in the regular, inverted or multivessel mode. For example, this could be achieved 
by using the boolean type variable, YEI Regular, Inverted, Multivessel 1 1, where a direct 
relationship is pre-estabfished between the discrete boolean variable, Y, and the grouped 
configurational variables and conditions, e. g. top and bottom streams and initial holdups 
conditions: 
Y Regularl Y Inverted} Y Multivessel} 
Mbottom (to) = Hf eed V 
Mtop (to) = Hf ced VA 
(to) = Hf eed 
INc 
RLB < Rt, p 
(ti) < RUB Rt, p =I 
Rj =1 
Rbottom RLB < Rbottom (4) < RUB Vi Ef top, sides, bottom} 
(6-1) 
Total reflux constant holdup policy considered, Rj =1 (see chapter 5.7.2). 
Mulfivessel Configurafion 
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In summary, the approach to batch distillation design in this work is based on a mixed 
integer dynamic optimisation problem, where the discrete aspect of the problem formula- 
tion includes the integer variable associated with the number of trays, N, and the logical 
boolean variable, Y, for the selection of distinct column configurations, in addition to the 
continuous variables Eke the time invariant boilup rate, V, and the reflux ratio profile, 
R(t). 
In mathematical terms, the optimisation problem is posed as follow: 
maxy, ud, u. P (6.2) 
subject to 
0 (6.3) 
X, (tf) > Xmin Vi = 1,.., Nc (6.4) i 
YE fRegular, Inverted, Multivessel} (6.5) 
nun << Umax (6.6) Ud 
- 
Ud d 
nun < UO < Umax (6-7) UO --0 
where the objective is to maximise the annual profit function, P 
(defined in chapter 
5.2.2), Ud is the set of design variables (i. e - Ud : -- 
f N}), u, the set of operating control 
variables (i. e. u, = fVR(tiffl, Equation 6.3 represents the 
batch distillation model, 
where x is the vector of state variables, u the vector of control variables and 
t is the 
process time. 
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6.3 Solution Methodology 
Recently, Oldenburg et al. (2002) proposed a deterministic gradient-based solution 
method to solve a mixed logic dynamic optimisation (MLDO) problem for the sepa- 
ration of a ternary mixture using two sequential batch distillation units operated either 
in the regular or inverted mode. Note that the discrete aspect of their optimisation 
problem consisted only of boolean variables, namely YEf True, False) signifying regu- 
lar and inverted configurations, respectively. The number of trays in each column were 
specified a priori. Hence, the problem is of the MLDO type which did not contain any 
integer variables. The tailored logic-based solution approach proposed in their study was 
based on the familiar decomposition strategy which consists of a primal subproblem and 
a master subproblem. The primal problem was formed as an ordinary dynamic optimi- 
sation problem with the conditions and constraints in those disjunctions for which the 
corresponding boolean variable, Y, is fixed as True, whilst the variables and constraints 
related to the other disjunctions were removed from the primal subproblem. The master 
problem was then obtained by linearising the objective function and constraints at the 
optimal solution of the primal subproblem and tranforming it into a mixed integer linear 
programming (MILP) problem by a reformulation using Big-M constraints (Yeomans and 
Grossmann, 2000) which is then solved using a branch- and- bound method. However, the 
study did not tackle the design issue, i. e. optimal number of trays. 
In this work, the mixed integer dynamic optimisation problem consists of continuous (e. g. 
boilup rate and reflux ratio profile), integer (e. g. the number of stages) and logical (e. g. 
column configuration) variables. The batch distillation DAE model and the profitability 
performance index are nonlinear with a nonconvex solution space. As in the work in 
chapter 5, here, the optimisation is solved by the stochastic method of steady state ge- 
netic algorit hm- penalty function framework (see chapter 3.6). One of the key advantage 
of this approach is that the framework can easily accommodate the continuous, integer 
and logical variables within its genome set without any modification to the adaptive 
search procedure (see chapter 3.7.2). In terms of implementation, the framework can 
also be applied to handle the logical disjunctions in a simple manner whereby the ge- 
netic algorithm program performs a directed call to the specific model file that contains 
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Genetic Algorithm 
[GAlib] 
Simulated Results 
Genome Set 
v Thermodynamics 
Boolean, Y Model [Multiflash] 
Model State Physical 
Properties 
Model Files 
[gPROMS] 
Y [Inverted] Y [Regular] Y= tMultivessell 
-------------------------------------------------------------- 
Figure 6.2: Schematic diagram of the batch distillation design optimisation implementa- 
tion 
the relevent conditions and constraints (Equation 6.1) that correspond to a particular 
genome's boolean variable, Y, i. e. regular, inverted or multivessel models (Figure 6.2). 
Hence, the need to develop a superstructure model is avoided. 
6.4 Mathematical Models 
The stochastic optimisation framework proposed in this study, can be utibsed in con- 
junction with any level of model abstraction and the choice is dependent on the level 
of detail or accuracy required versus the computational cost. Although many previous 
batch distillation studies commonly utilised simple and semi-rigorous models, the batch 
distillation design work here is conducted using a rigorous model. 
The models are constructed using the gPROMS modelling tool (Process Systems Enter- 
prise Ltd., 2000). The model equations are presented in Appendix A. Thermophysical 
properties (including density, enthalpy and fugacity) required in the rigorous model are 
calculated using the Multi ash (Infochem Com uter Services Ltd., 2000) physical proper- p 
ties package interfaced to gPROMS. The Soave-Redfich-Kwong 
(SRK) Equation of State 
is used for both the vapour and liquid phases. 
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Available annual production time, TA (hlyear) 
Batch set-up time, t, (s) 
Operating pressure, P (Pa) 
Major holdup (batch size), Hf eed (MOI) 
Minor holdup, Mrd or Mreb (MOI) 
Iýray holdup, Htray (MOI) 
8760 
1800 
101325 
3000 
45 
4.5 
Feed composition, X1, feed) X2, feed (molfraction) 
Cyclohexane, toluene varied 
Product purity specifications, (molfraction) 
First product, xl(tf) 
Second product, X2(tf) 
Cost, Ci ($/M01) 
Cyclohexane, C, 
Toluene, C2 
Feed) Cfeed 
0.99 of cyclohexane 
0.99 of toulene 
0.034 
0.034 
0.002 
Table 6.1: Specifications and operating conditions for the binary separation case study 
6.5 Optimal Configuration for Binary Separation 
In this section, the configurational design of optimal batch distillation processes is inves- 
tigated for the case of binary mixture separation. Previous works, e. g. by Sorensen and 
Skogestad (1996), have indicated that the optimal configuration, i. e. either rectification 
or stripping mode, is dependent on the separation duty, for example, the composition 
of the feed. In this study, the optimal batch distillation configuration, column size and 
operation conditions, i. e. constant boilup rate and reflux ratio profiles, for a given feed 
composition and product purity requirement will be automatically generated via an op- 
timisation program. 
Separation of a binary mixture of cyclohexane and toluene is considered in this case study, 
and the effect of different feed compositions on the optimal solution is investigated. A 
summary of the column specifications and operating conditions is given in Table 6.1. 
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Decision Variables Bounds 
Y f Regular 
, Inverted} 
N [4 
, 30] 
V (kmol/hr) [0.6 6.0] 
R(12)3) [0.4 1.0] 
At, (S) [0,2000] 
At2 (S) [0 
, 
10000] 
'ýý4 
(S) until purity achieved 
Table 6.2: Decision variables bounds for the binary separation case study 
The 3000 mol major holdup corresponds to the batch size, and the decision on its initial 
location, i. e. either in the reflux drum or reboiler pot, is optimised through the boolean 
variable, Y. Accordingly, the minor holdup occupies the vessel at the opposite end of 
the column. The batch distillation operation is separated into three task intervals, start- 
ing with a total reflux period followed by a first product withdrawal period and finally, 
an offcut period to purify the other product. Again, whether cyclohexane or toluene 
is withdrawn first, from the top or bottom of the column, respectively, depends on the 
disjunction represented by Y. The minimum product purity specifications are set at 99.0 
mol% for both cyclohxane and toluene. Similar to the case study in the previous chapter, 
the cost coefficients K1, K2 and K3 of the objective function were set to the values of 
1500,9500 and 180, respectively (chapter 5). 
The optimised decision variables are the column configuration, Y, number of trays, N, 
column constant boilup rate, V, and reflux ratio profile, i. e. the values of the normalised 
reflux ratio, R(ti) (except in the first task interval where R(ti) is set to 1 for total reflux), 
and the durations of each of the first two task intervals, At, and A12- In the final task 
interval, the duration, A6, is set corresponding to the minimum time needed to purify 
the remaining component (in either the reboiler pot or the reflux drum) to its required 
purity of 99.0 mol% (i. e. set as a termination condition during simulation). 
The bounds 
for each variable are given in Table 6.2. 
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Fixed Column Size (N = 10) Optimal Column Size 
Feed Composition Optimal Profit Optimal Optimal Profi 
(molf raction) Configuration ($/yr) Configuration Size, N ( $/yr) 
0.90,0.10 Regular 330 063 Regular 22 342 989 
0.75,0.25 Regular 185 963 Regular 21 203 953 
0.50,0.50 Inverted 163 602 Inverted 16 183 078 
0.25,0.75 Inverted 215 719 Inverted 20 224 953 
0.10,0.90 Inverted 343 999 Inverted 23 372 788 
Table 6.3: Summary of optimal results for the separation of the cyclohexane- toluene 
binary mixture 
6.5.1 Case 1: Effect of Different Feed Compositions 
The optimal results for the cases of different feed compositions are summarised in Table 
6.3. The results are illustrated in Figure 6.3 which highlights the optimal configura- 
tions and their associated objective function values for a range of feed compositions. 
The shape of the optimal profitability curve indicates that feeds with a relatively higher 
fraction of either component, i. e. towards both ends of the feed composition, achieved 
higher profitability. The figure clearly suggests that it is economically beneficial to con- 
sider alternative column configurations according to specific separation scenario. In this 
case study for example, the optimal column configuration varies, depending on the feed 
compositions. For a mixture with a higher fraction of the heavy component, the inverted 
column gave a higher profitability than the regular column, but the opposite is true 
for 
a mixture with a higher fraction of the light component. 
The results are in agreement with the findings of Sorensen and 
Skogestad (1996) who 
proposed that the reason why the inverted column configuration 
is better than the reg- 
ular column with small amounts of light component is that, when this 
light component 
is to be removed from the column at high purity, a very 
high reflux ratio must be used 
in order to meet the product specification in the conventional rectification mode. 
For 
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400000 
Profit ($ /yr) 
350000 
300000 
250000 
A 
200000 
150000 
100000 
-Optimal configuration (N = 10) Inverted column 
- Optimal configuration (N optimised) Regular column 
Cyclohexane-toluene mixture 
Figure 6.3: optimal profits and configurations for different feed compositions 
the inverted configuration, however, a large amount of heavy component is withdrawn 
very quickly from the bottom using a low reboil ratio, thus resulting in a relatively lower 
operating time and higher profit value. 
Figure 6.3 also displays the results for the cases where the column size, i. e number of 
trays, is fixed (N = 10) and where it is optimised. As expected, the profits were increased 
in all cases when the number of trays is optimised. The trend of the curve for the case 
where N is optimised matches the one obtained for fixed number of tray in terms of 
shape as well as the optimal configuration obtained for a particular feed composition. In 
Figure 6.4, it can be observed that the optimal number of trays for an the cases are above 
the previously fixed 10 trays, indicating that a favourable economic trade-off have been 
made whereby the performance gained from a bigger column, i. e. lower batch processing 
time, is worth the higher capital cost incurred. However, the magnitude of increase in 
the number of trays is not uniform across the cases, but appeared to establish a pattern. 
The optimal number of trays were 22 and 23 for feeds with 0.90 molfraction of either 
components, and slightly lower at 20 and 21 trays for feeds with a 0.75 molfraction 
v U. 2 0.4 0.6 0.8 
Composition (mol/mol) 
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Upper Number of Trays 
bound 30 1 
28 
26 
24 
22 
20 
18 
16 
14 
12 
10 
8 
Lower 
bound 
A 
D 
A 
A 
13 
E3 Regular column 
a Inverted column 
0 0.2 0.4 0.6 0.8 
COmpoSition (mol/mol) 
Cyclohexane-toluene mixture 
Figure 6.4: Optimal column sizes and configurations for different feed compositions 
(refer Table 6.3). The lowest increment in the optimal number of trays occurred for the 
equimolar feed. This observation can be explained by the fact that the opportunity to 
increase performance through minimising reboil or reflux ratios, i. e. higher production 
per unit time or lower batch time per fixed product volume, is greater for the separation 
of a mixture with a more asymmetrical molar ratio than for an equimolar mixture. 
To investigate the accuracy of the batch distillation design, the optimal results for fixed 
column configuration and column size (N = 10) were obtained for similar set of feed 
compositions (Table 6.4). The results are plotted in Figure 6.5 with the optimal con- 
figuration curve (dashed line) of Figure 6.3 (for N= 10) superimposed on it. For both 
the fixed regular and inverted column cases, it is demonstrated that the profitability 
curves were influenced to an unique extent for different feed compositions, and thereby 
there exists a point where the two curves intersect. This intersection at approximately 
0.69 molfraction of the light component for this study, is the location where the ad- 
vantage of one configuration over the other is flipped. It can be seen in Figure 6.5 that 
the optimal configuration profitabifity curve was able to trace closely the optimal path, 
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Fixed Column Size (N 
Feed Composition Fixed Configuration Profit 
(molf raction) ($/yr) 
0.90,0.10 Regular 329 113 
Inverted 255 162 
0.75,0.25 Regular 187 550 
Inverted 178 902 
0.50,0.50 Regular 137 982 
Inverted 162 164 
0.25,0.75 Regular 148 111 
Inverted 211 092 
0.10,0.90 Regular 208 556 
Inverted 336 176 
Table 6.4: Summary of optimal results for fixed column configurations and sizes 
that is, it closely matches the profitability curve of the inverted column to the left of 
the flip point where the inverted column is superior, and then followed accordingly the 
profitability curve of the regular column to the right of the flip point to take advantage 
of the rectification configuration. 
Location of The Flip Point 
It is interesting to note that in Figure 6.5, the location of the flip point is not at the 
symmetrical separation (Xi, feed = 0.50). This phenomenon has also been observed by 
Sorensen and Skogestad (1996) who put forward the explanation that the inverted col- 
umn is not the true inverse of the regular column since the feed and product are in liquid, 
and not vapour, phase. However, the optimal configuration for a particular separation is 
also determined by other factors depending on the feed mixture (see the following section 
6.5.2) and product purity specification. 
The exact location of the flip point can be estimated from the intersection of the prof- 
itability curves in Figure 6.5. Figures 6.6,6.7,6.8 and 6.9 show the percentage of the 
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400000 
Profit ($/yr) 
350000 
300000 
250000 
200000 
150000 
100000 
190 
Cyclohexane- toluene mixture 
Figure 6-5: Optimal profits for different column configurations and feed compositions 
Optimum Profit Optimal Genome 
($/yr) Yj N, V, R(tl)t, R(t2), R(t3)) Atl) At21 AW 
146 299 Inverted, 10, 1.667, 1,0.91,0.95,250,4100, - 
146 091 Regular, 10, 1.667, 1,0.81,0.92,150,5200, - 
145 814 Inverted , 10, 1.667, 1,0.91,0.95,200,4050, - 
145 064 Inverted, 10) 1.667, 1,0.91,0.94,200,4100, - 
144413 Regular, 10, 1.667, 1,0.81,0.92,250,5200, - 
144 192 Inverted, 10, 1.667, 1,0.91,0.94,250,4100, - 
143499 Regular, 10, 1.667, 1,0.81,0.93,300,5200, - 
142 844 Inverted, 10, 1.667, 1,0.91,0.95,150,4300, - 
141 369 Regular, 10, 1.667, 1,0.84,0.94,0,63501- 
141 154 Regular, 10, 1.667, 1,0.83,0.95,200,6100, - 
t set as total reflux, 
minimum duration to achieve the required purity of the the remaining component 
Table 6.5: Optimisation solution vectors for feed 69.2TnOI% cyclohexane (top 20 genomes) 
0.2 0.4 0.6 0.8 
Composition (mol/mol) 
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number of regular columns (white area) and inverted columns (shaded area) represented 
by all the genomes in each generation of the genetic algorithm for the cases of feed com- 
Position 2ý1, feed --- :: 69.0 mol%, 69.1 rnol%, 69.2 mol% and 70.0 mol%, respectively. For 
the case of feed composition 69.0 mol% of cyclohexane, the population of the first gener- 
ation (i. e. the one after the initial random population) consisted of an equal percentage 
of genomes representing the regular and inverted configurations, however, over the subse- 
quent generations the genomes representing the inverted configuration began to steadily 
dominate the population of best solutions (Figure 6.6). In contrast, Figure 6.9 shows 
that for the case of feed composition 70.0 mol% of cyclohexane, genomes representing 
the regular configuration dominates the population quickly, and by the 13th generation 
it is already clear that the regular column would emerge as the optimal configuration. 
Therefore, it can be surmised that the flip point is located between the feed composition 
69.0 mol% and 70.0 mo1% of cyclohexane, which confirms the approximation obtained 
from the intersection of the curves in Figure 6.5. Figures 6.7 and 6.8 demonstrate the 
characteristic of the genetic algorithm search in the vicinity of this flip point. Note that, 
in the case of feed composition 69.2 mol% of cyclohexane, the best 100 solutions in every 
generation over the course of the evolution consisted of both configurations. The best 
solution in each generation also switched between the regular and the inverted config- 
uration. In the final generation, the evolved population contained solutions for both 
configurations. Table 6.5 indicates that at the flip point, of 69.2 mol% cYclohexane, the 
regular and inverted column configurations give equal peformance (difference of 0.1%) in 
terms of economics, i. e. 146 091 and 146 299 $/yr, respectively. 
6.5.2 Case 11: Different Scenario 
In this case study, the optimal design is performed for another separation scenario, i. e. 
a different binary mixture of heptane and toluene, in order to investigate whether the 
mixture to be separated has any influence on the trend of results shown in case study I 
above (section 6.5.1). The vapour-liquid phase equilibrium relationships in Figure 6.10 
suggest that the distillation of heptane-toluene is more difficult compared to the previous 
case of cyclohexane- toluene separation. The specifications and decision variable bounds 
are similar to those of the previous case (given in Tables 6.1 and 6.2, respectively) ex- 
cept for the product purities requirement, which was set at 95 mol% of cyclohexane and 
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toluene. In addition, the upper bound for the number of trays variable, N, was raised to 
40. 
The optimal results for different feed compositions are presented in Table 6.6. For the 
range of feed compositions considered, the regular column configuration was found to be 
optimal in all cases. This is contrary to the previous case study (section 6.5.1) where the 
optimal column configuration changes at a flip point location. In this case study, there 
appeared to be no flip point. This is confirmed in Figure 6.11 where the results of the 
optimally designed fixed inverted configuration show lower profit values than those of the 
regular column configuration obtained from the configuration optimisation. The results 
obtained in this investigation highlight the complex dependence of the optimal economics 
and performance trade-offs on various factors such as feed composition, mixture type and 
product specification. 
It is also interesting to note the contrast between how the optimal design and opera- 
tion variables are affected by different separation scenarios. In the previous case studýý 
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Figure 6.11: Optimal profits and configurations for different feed compositions 
with cyclohexane- toluene mixture, greater optimal column sizes were needed for feed 
mixtures with a higher deviation from equimolar composition. For this case study of 
hept ane- toluene, the optimal number of trays for the symmetrical feed (50: 50 mol%) and 
for compositions with a higher disproportion (10: 90,90: 10 MoI%) were similar (N = 31), 
whilst for the intermediate compositions (25: 75,75: 25 mol%), the optimal column sizes 
are greater at 37 and 38 trays (Table 6.7). This observation implies a shift in the weight- 
ing of the economics trade-off, for examples, between capital costs and batch time - i. e. 
the justification of higher capital cost by lowering batch time might have been altered 
moving towards the composition edges for the case of a more difficult separation such as 
the case of the heptane-toluene mixture. 
A more detailed analysis of the configuration design outcome can be elicited by con- 
trasting it with the results for the optimal inverted column configuration, i. e. fixed 
Y=f Invertedl, as given in Table 6.7. For the equimolar composition (50: 50 Mol%), the 
more profitable configuration, i. e. regular column, had 1452 Mol of heptane-rich product 
withdrawn with 1520 mol of toluene-rich product remaining in the reboiler pot. whilst 
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for the inverted configuration, the toluene-rich product withdrawn and the heptane-rich 
product in the reflux drum were 1170 mol and 1368 mol, respectively. This compari- 
son revisits previous similar observations, e. g. obtained in the previous case study (case 
1) as well as by Sorensen and Skogestad (1996), that the regular configuration and its 
inverted form performed differently even at symmetrical feed composition, and goes on 
further to highlight that, for relatively more difficult separations, such as the heptane- 
toluene separation investigated here, the difference in performance could become more 
prominent (note the significant difference in total batch time, 17 192 S for the inverted 
compared to 11 295 s for the regular column) and unrecovered product (462 mol for 
inverted against 28 mol for regular). In the heavier feed scenario (e. g. 0.25: 0.1-5 Mol%) 
whereby the inverted configuration has generally been shown to be more favourable, a 
significantly smaller column (about half the size of the regular column) and lower reflux 
ratios resulted in lower capital cost and batch time (17 192 s to 8022 5). Despite a much 
lower capital cost and bigger percentage of reduction in batch time compared to the reg- 
ular configuration (53% against 38%), the inverted configuration still performed worse in 
terms of the overall profitability objective function, with lower yield (1057 mol of offcut) 
being the main cause. Thus, this work serves as an indication that, although the general 
guideline of "regular column for light feeds and inverted column for heavier feeds" is true 
for some cases (as shown in case 1), the exact location of the flip point is case specific and 
has to be determined. It is also dependent on factors Eke the mixture to be separated, 
as demonstrated here. In practice, although general heuristics gathered 
from this and 
previous works (e. g. heavier feeds for inverted column and vice versa etc. 
) can be used 
to predict the optimal configuration for a particular separation duty, the study 
highlights 
the need for a design methodology such as the one proposed in this work to analyse each 
case separately and in more detail. 
0 6.6 Conclusions 
In the preceding case studies, the simultaneous determination of optimal configuration. 
design and operation for different binary separation scenarios 
has been considered. The 
optimal configuration, i. e. regular versus inverted configurations, was 
found to be depen- 
dent on feed composition (section 6.5.1). Furthermore, 
in the second case study (section 
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Feed Composition 
(molf raction) 
Optimal 
Configuration 
Optimal 
Size, N 
Profit 
($/yr) 
0.90,0.10 regular 31 195 041 
0.75,0.25 regular 38 138 306 
0.50,0.50 regular 31 139 673 
0.25,0.75 regular 37 220 218 
0.10,0.90 regular 31 530 457 
Table 6.6: Summary of optimal results for the separation of the heptane-toluene binary 
mixture 
Feed Composition 
(molf raction) 
Optimal 
Size 
Reflux Ratio Task Duration 
(8) 
Batch Time 
(s) 
Separated Products 
(M01) 
N R(t2) R(t3 A At2 Atl + At2 Heptane Toluene Offcut 
I 
+At3 
0.90,0.10 31 0.80 0.93 0 8750 8818 2935 57 8 
0.75,0.25 38 0.85 1.00 600 9450 10932 2403 597 0 
26 0.97 0.98 300 10000 17008 2276 500 224 
0.50,0.50 31 0.91 0.99 300 9400 11295 1452 1520 28 
28 0.91 0.97 150 7800 17192 1368 1170 462 
0.25,0.75 37 0.93 0.96 450 3750 7048 454 2349 197 
18 0.80 0.70 50 5850 8022 1 1942 1057 
0.10,0.90 31 0.98 0.96 1300 1550 3060 54 2931 15 
Italicised: results for the inverted column, i. e. fixed Y= flnvertedl 
Note: all product cuts were at the minimum purity of 95.0 rnol% 
Table 6-7: Details of optimal results for the separation of the heptane-toluene binary 
mixture 
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6.5.2), it was shown that optimal column configuration is also dependent on conditions 
such as the difficulty of separation, i. e. the specific mixture to be separated. In short, it 
can be surmised that the choice of optimal column configuration is highly dependent on 
different separation scenarios. Thus, for different separation cases, it is important to de- 
termine the best configuration, design and operation for the most profitable performance, 
and the simultaneous approach proposed here could be used for doing so. 
6.7 Optimal Configuration for Multicomponent Separation 
In this final section, the optimal configurational design of a multicomponent batch dis- 
tillation system is investigated. The distillation involves the separation of a quaternary 
mixture of pentane, hexane, heptane and octane. There is a choice to set-up the process 
in either the rectification, stripping or multivessel configurations. The latter option would 
consist of a system with three column sections and four major holdup vessels including 
the reflux drum, two side vessels and the reboiler pot (see chapter 5.7.2). 
The case study specifications and operating conditions are listed in Table 6.8. The batch 
size or major holdup (600 mol) is charged wholly to either the reboiler pot or reflux 
drum in the cases of the regular and inverted configurations, respectively, or in the case 
of the multivessel configuration, the major holdup is equally distributed across the four 
vessels (150 mol in each)' - depending on the uptake of the optimised boolean decision 
variable, Y. The minimum product purity specifications were set at 90.0 MoI% for all 
four pentane, hexane, heptane and octane-rich cuts. The cost coefficients, Ki, K2 and 
K3, of the objective function were set to similar values of the previous case study, i. e. 
1500,9500 and 180, respectively. 
The optimised decision variables include the column configuration, Y, the number of 
trays in each column section, N1, N2 and N3, the constant boilup rate, V, and the 
reflux ratio profile, i. e. the values of the normalised reflux ratio, R(ti) (except in the 
first task intervals where R(ti) is set to I for total reflux), and the durations of each of 
'For the multivessel column, is it also possible to optimise the initial feed distribution on the vessels. 
Variable holdup and product withdrawal during the operation can also be considered. In this design 
study, the simplest total reflux constant holdup policy IS considered , Rj =1 
(see chapter 5.7.2)- 
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Available annual production time, TA (hlyear) 
Batch set-up time, t, (s) 
Operating pressure, P (Pa) 
Major holdup (batch size), Hf eed (MOI) 
Minor holdup, Mrd or Mreb (MOI) 
Tray holdup, Htray (MOI) 
8760 
1800 
101325 
600 
3.5 
3.5 
Feed composition) Xi, f eed (molf raction) 
Pentane) Xl, feed 0.25 
Hexane, X2, f eed 0.25 
Heptane, X3, f eed 0.25 
Octane) X4, f eed 0.25 
Product purity specifications, (molfraction) 
First product, xi(tf) 
Second product, X2(tf) 
Third product, X3(tf) 
Fourth product, X4(tf) 
0.90 of pentane 
0.90 of hexane 
0.90 of heptane 
0.90 of octane 
Cost, Ci ($/mol) 
Pentane, Cl 0.035 
Hexane, C2 0.035 
Heptane, C3 0.035 
Octane, C4 0.035 
Feedi Cfeed 0.001 
Table 6.8: Specifications and operating conditions for the multicomponent separation 
case study 
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Decision Variables Bounds 
y 
Ni, N2) N3 
V (kmol/hr) 
R(t2,3,4,5,6,7) 
Ati (S) 
lRegular 
, Inverted , Multivessell 
[2 
, 20] 
[0-6 6.0] 
[0.4 1.0] 
[0,2000] 
Table 6.9: Decision variables bounds for the multicomponent separation case study 
the first six task intervals, 1ýkh, 2,3,4,5,6. Task intervals A12,1ýkt4 and 'A t6 represent the 
withdrawal period of the pentane, hexane and heptane-rich product cuts, respectively, 
with At3 and At5 representing the intermediate off-cuts. In the final task interval, the 
durationAt7 is set corresponding to the minimum time needed to purify the remaining 
component (in either the reboiler pot or reflux drum) to its required purity of 99.0 mol%. 
The bounds for each variable are given in Table 6.9. The size of the single column in 
the regular and inverted configurations is taken as the sum of N1, N2 and N3. For 
the multivessel configuration, the simple total reflux constant holdup policy (see chapter 
5.7.2) is considered here, hence when the boolean variable Y= Imultivessell, the reflux 
ratios, R(ti), for the seven task intervals are ignored and set to total reflux, R(t, ) = 1. 
6.7.1 Optimal Result 
The result of the optimisation is presented in Table 6.10. In this case study, the optimal 
configuration was found to be the multivessel system with an optimal design structure 
of 7,11 and 12 trays in the top, middle and bottom column sections, respectively. For 
comparison, optimisation were performed with fixed Y= ýRegularj and Y=f Invertedl, 
and it is evident from the results that the optimal profits of these two configurations, 
45 339 and 50 489 $/yr, respectively, are significantly lower than that of the multivessel 
configuration (169 588 $/yr). The result obtained from the cconfiguration design opti- 
misation is in agreement with earlier findings in the previous chapter (section 5.8) which 
demonstrated the superiority of the multivessel system compared to the regular column. 
Note that, the optimal structure of the multivessel system (7: 11: 12 trays) is almost sim- 
ilar to the result obtained in section 5.8 (6: 11: 10 trays) for the same quaternarNý mixture 
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Optimum Optimal Configuration Optimal Design Optimal Operation 
Profit ($/yr) 
169 588 Imultivessel} Nj =7 
N2 =II 
N3 = 12 
NT = 30 
V 6.0 kmol/hr 
Ri 1.0 t 
tf 701 s 
Product purities: 
(0.99,0.90*, 0.91t, 0.96) 
optimum Configuration 
Profit ($/yr) 
Optimal Design Optimal Operation 
45 339 Y= fregularl N= 20 V 2.4 kmol/hr 
(fixed) Ri 1.0 f, Ati 24 S 
R2 0.87, At2 1501 s 
R3 0.91) At3 800 S 
R4 = 0.53, At4 350 s 
R5 = 0.83, At5 748 s 
R6 = 0.71) A4 150 s 
R7 = 1.0, At7 117 s 
tf = 3690 s§ 
Product purities: 
(0.93,0.94,0.96,0.90*) 
50 489 Y= finverted} N= 18 V 2.0 kmol/hr 
(fixed) Rl 1.0 t, At, 929 s 
R2 0.85,, At2 1950 s 
R3 0.92, At3 944 s 
R4 0.72, At4 952 s 
R5 0.74, A4 50 s 
R6 0.73,, At6 94 s 
R7 0.98, At7 0S 
tf 4919 s§ 
Product purities: 
(0.96,0.90*, 0.91t, 0.92) 
pre-set in di *unction; § tf = 
1: 7 Ati 
Si i=1 
on or t near the lower bounds 
Table 6.10: Summary of optimal results for the multicomponent separation case study 
6. OPTIMAL CONFIGURATION DESIGN OF BATCH DISTILLATION 202 
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1.0 
0.8 
0.6 
0.4 
0.2 
O. op 
0 
pentane in reflux drum --- hexane in reflux drum 
heptane in reflux drum ------ octane in reboiler 
(a) Regular column 
Composition (moVmol) 
1.0 
------------- 
0.8 
0.6 
0.4, 
0.2 
0.01 
0 1000 
octane in reboiler heptane in reboiler 
hexane in reboiler pentane in reflux drum 
(b) Inverted column 
Composition (moVmol) 
1.0 
0.8 
0.6 
0.4 
0.2 
O. OL---lý 
0 1000 
pentane in reflux drum --- hexane in side vessel 1 
heptane in side vessel 2 ------ octane in reboiler 
(c) Multivessel column 
"Jes for different bat ch distiHation configurations 
1000 2000 3000 4000 5000 
Time (s) 
2000 3000 4000 5000 
Time (s) 
2000 3000 4000 5000 
Time (s) 
6. OPTIMAL CONFIGURATION DESIGN OF BATCH DISTILLATION 203 
100% 
90% 
80% 
'7 0% 
60% 
50% 
40% 
30% 
20% 
lo% 
0% 
1- 0) 1-1 ff) V) ON -1 Ln r- oN -4 m Ln 
-4 1-4 04 cN 04 04 "mm 
Generation evolution 
Based on top 100 genomes in each generation 
Omultivessel column 
Oinverted column 
Eregular column 
Figure 6.13: Percentage of column configurations in each generation of the genetic algo- 
rithm 
of pentane, hexane, heptane and octane with the same feed composition and purity 
constraints (see case C, Table 5.18). The difference in the tray configurations may be 
attributed to the difference in the specifications in the two cases (i. e. feed amount and 
tray holdup) and/or the sensitivity of the optimisation itself. 
The composition profiles of the four components in the regular, inverted and multivessel 
configurations are presented in Figure 6.12. Compared to the separation of the regular 
and inverted columns where each product is purified and withdrawn in sequence, the 
multivessel arrangement performs the separation tasks simultaneously (in parallel), re- 
sulting in a significant reduction in processing time. 
The progress of the genetic algorithm search indicates that genomes bearing the gene, 
Y= fmultivessell, dominated the population from the first generation (Figure 6.13). In 
contrast, the total number of genomes representing the regular and inverted configura- 
tions were only 18,25 and 3 out of the top 100 genomes in the first. second and third 
generations, respectively. By the fourth generation, the multivessel configuration occu- 
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pied all the best 100 solutions in the population. The termination criteria was fulfilled 
in 37 generations (see chapter 3.7.8). 
6.8 Conclusions 
In this chapter, the automated simultaneous determination of optimal batch distillation 
configuration, design and operation was presented. The design approach was based on 
the solution of a mixed discrete dynamic optimisation problem with logical, discrete and 
continuous decision variables using a genetic algorithm and penalty function framework. 
The design was based on a rigorous column model. A comprehensive economics perfor- 
mance index that takes into account production revenue, capital and operational costs 
was utilised as the basis of the design. 
The separation of binary and multicomponent mixtures were considered. In the binary 
separation case study, the optimal configuration, i. e. regular versus inverted configura- 
tions, was found to be dependent on feed composition. The inverted column was found to 
be more profitable for feeds with high fraction of the light component whilst the regular 
column is optimal for heavier feeds, and for some separations, such as that investigated 
for the cyclohexane-toulene mixture, there exists a flip point where a switch in the most 
profitable configuration occurs. Through another case study, of a heptane-toluene mix- 
ture, it was shown that optimal column configuration is also dependent on conditions 
such as the difficulty of separation. 
In conclusion, the choice of optimal column configuration is dependent on different sepa- 
ration scenarios, thus the configuration design approach presented in this chapter serves 
as useful tool in the determination of the most economical configuration, design and op- 
eration for specific separation cases. 
The optimisation design procedure was also found to be feasible in the multicompo- 
nent separation scenario whereby the number of configurational, 
design and operational 
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decision variables are greater than that in the binary case. The configuration design 
result obtained provided a further demonstration of the superiority of the multivessel 
configuration over the regular and inverted configurations as highlighted in chapter 5. 
Chapter 7 
Conclusions and Directions for 
Future Research 
This chapter summarises the main contributions and findings that have been 
presented in this thesis. In the final section, some possible directions for 
future research are outlined. 
7.1 Main Contributions and Conclusions 
This thesis is concerned with the determination of the optimal configuration, design and 
operation of batch distillation systems. The conceptual study in this project involves the 
development of batch distillation models and appEcation of computer-aided optimisation 
techniques. The study also aims to determine the optimal batch distillation conditions 
under different separation scenarios, for both traditional and unconventional batch distil- 
lation systems, in order to gain further insights on their comparative performances that 
may serve as useful guidelines for batch distillation screening. 
In general, the overall work presented in this thesis is characterised by several key fea- 
tures which distinguish it to various degrees from previous batch distillation optimisation 
studies. These features include the use of rigorous and detailed models, the exploration of 
more degrees of freedom and the consideration of economics performance measurements. 
206 
CONCLUSIONS AND DIRECTIONS FOR FUTURE RESEARCH 207 
i. e. a profitability objective function. Over the course of this research project, three main 
areas of work have been conducted, namely, the optimal operation of extractive batch 
distillation for separating azeotropic mixtures, the simultaneous optimal design and op- 
eration for zeotropic mixtures, and finally, the optimal configuration design of the batch 
distillation system. A summary of the main contributions, findings and conclusions in 
these three areas are reviewed and discussed in the following sections. 
7.1.1 Optimal Operation of Extractive Batch Distillation 
The first major contribution of this thesis is the rigorous study of the optimal operation 
of the separation of an azeotropic system via extractive batch distillation (see chapter 4). 
The technology of solvent -enhanced extractive distillation in the batch mode has been an 
area of continuous research over the past decade, as highlighted in the literature review 
in chapter 2. The works ranged from initial feasibility studies to operational issues and 
lately, the potential of operation in alternative process configurations. The studies so 
far have mainly been focused on either graphical-based theoretical studies or sensitivity 
analysis via parametric simulations. Recently, the optimal operation of the extractive 
batch distillation process has begun to be investigated (see Mujtaba, 1999 and Ruiz Ahon 
and de Medeiros, 2001). 
The work in this research was conducted in response to the need for a more rigorous 
and comprehensive optimisation study leading to further understanding on the optimal 
operation of this complex batch process. The use of approximate models can lead to dif- 
ferent or suboptimal solutions when compared to the results obtained through a higher 
rigour of modelling (see Furlonge, 2000). For this reason, the use of simplified models was 
avoided and a detailed dynamic model that took into account variable vapour and liquid 
holdups, tray hydraulics and rigorous mass and energy balances were used as the basis for 
the study. The operations were optimised based on a profitability objective 
function and 
the dynamic optimisation problem was solved using a nonlinear programming technique 
based on control vector parameterisation. The work here provided the 
first comparison 
between extractive batch distillation operation in the regular and middle vessel configu- 
rations in different scenarios based on optimised performances. 
Furthermore, additional 
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degrees of freedom, such as feed distribution and liquid and vapour stream configurations 
at the middle section of the middle vessel column, were exploited via optimisation. 
Several new insights were gained from the case studies. Reboiler-fed low-reflux operation 
was found to be a more economical procedure than the widely proposed middle vessel 
steering policy (e. g. Safrit et al., 1995) where the whole feed is fed to the middle ves- 
sel and then steered towards the required product purity with concurrent high purity 
solvent recycling. Although this policy might be plausible from feasibility studies using 
simple models, it is not optimal due to a long processing time, as proven by the optimal 
results obtained in chapter 4. This finding has since been vindicated by newly published 
experimental works by Cui et al. (2002) and Warter et al. (2002) which also found long 
batch time as well as practical difficulties associated with high purity solvent recycling 
in the middle vessel configuration during the operation (this highlights the significance 
of using detailed models as advocated in this conceptual study). 
The study here also shows that the performance of the middle vessel column varies 
considerably depending on the liquid and vapour stream configurations at the middle 
section. Chapter 4 also describes how the performance of the middle vessel column 
can be improved by allowing the stream configurations to vary during the course of the 
process itself. By exploiting this additional degree of freedom, the performance of the 
middle vessel column can be higher than that of the batch rectifier; however, the degree 
of advantage gained is found to be dependent on factors such as the feed composition. 
7.1.2 Optimal Design and Operation of Batch Distillation 
A major contribution of this work is the development of a new methodology 
for the simul- 
taneous optimal design and operation of batch distillation systems 
(chapter 5). In this 
approach, a stochastic framework consisting of genetic algorithm and penalty 
function 
is used to solve the mixed integer dynamic optimisation problem. 
This is in contrast 
to previous works which attempted decomposed NLP and 
MINLP approaches. The ap- 
proach here is found to be practical and easy-to-use, and good results as well as multiple 
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solutions were available following the optimisation. Another major advantage of this 
approach is that it can also tackle more complex problems Eke batch distillation config- 
uration design (see the following section 7.1.3). 
Using the proposed solution approach, a comprehensive study of the simultaneous op- 
timal design and operation of batch distillation systems has been conducted. The key 
features of this work are again the use of rigorous models and the exploration of a wide 
range of degrees of freedom. The effect of different design scenarios, such as production 
time, capital costs, process allocation, objective function, product specification, relative 
volatility, number of components and feed composition, on the optimal designs and op- 
erations were investigated. The insights elicited from the results, as discussed in detail 
in chapter 5, constitute a significant contribution of this work. Furthermore, the optimal 
design of the unconventional multivessel system is studied here for the first time, and is 
compared to the regular column in a more conclusive manner. The multivessel system 
is found to offer higher efficiency than the batch rectifier. Insights on how the benefit is 
derived were obtained by analysing the individual component revenue and costs obtained. 
7.1.3 Optimal Confuguration of Batch Distillation 
In chapter 6, the problem of determining the best batch distillation configuration, de- 
sign and operation simultaneously for a specific separation scenario in a single optimi- 
sation problem is solved for the first time. This work highlights the potential for the 
process design engineer to simultaneously and automatically perform the tasks of con- 
figuration screening, column sizing and operation condition determination based on an 
overall objective function instead of the traditional methods of heuristic, simulation and 
correlation. The configuration design methodology proposed in this work is based on the 
solution of a mixed integer dynamic optimisation problem using the stochastic genetic 
algorit hm- penalty function framework. The discrete boolean variable and its associated 
set of disjunction conditions that represents the various options of batch distillation con- 
figurations were easily incorporated into the solution framework. This is due to the 
natural ability of the genetic algorithm to handle boolean variables in addition to inte- 
ger and continuous variables within its genome set and the use of direct calls to specific 
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model files representing the different configurations. The approach, which again is based 
on rigorous models, is found to produce good results when applied to several case studies. 
Several key findings were put forward from the case studies. In the binary separation case 
study, the location of the flip point (also found by Sorensen and Skogestad, 1996), where 
a switch in the optimal configuration occurs, depending on the initial feed composition, 
could be pin-pointed. The results also suggest that the optimal column configuration is 
highly dependent on other factors such as the difficulty of separation. Different mixtures 
also affect how the batch distillation column is optimally sized. In the multicomponent 
case study, the multivessel system was found, as expected, to dominate the population 
of solutions in the genetic algorithm from an early stage in the evolution, thereby re- 
iterating the economics superiority of this configuration over the regular and inverted 
configurations, as was also found to be the case in chapter 5. 
7.1.4 Summary of Main Contributions 
The optimal operation of the complex extractive batch distillation based on overall 
profitability have been successfully determined using a detailed model with vari- 
able holdups. By considering all the important operational variables simultaneously 
during the optimisation, the operating policies for both single product and multi- 
ple products cases have been obtained for the solvent-aided separation of a binary 
azeotropic mixture. The problem was solved by applying a NLP approach based 
on control vector parameterisation. 
The optimal operating policy for the extractive distillation process in the middle 
vessel column has been studied for the first time. The results obtained suggest 
alternative operating procedures that are different to the middle vessel-steering 
policy commonly associated with this column. The thesis also explored the opti- 
mal performances of middle vessel columns with different liquid and vapour streams 
configuration between the column and middle vessel. By allowing the middle section 
stream configurations to vary optimally during the process, the economic perfor- 
mance of the process was shown to improve significantly. 
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* In this thesis, the performances of the extractive distillation process in the regular 
and middle vessel were rigorously compared for the first time. The comparison was 
made based on optimal operations and the work demonstrated how their relative 
performances change according to the separation scenarios, i. e. different feed com- 
positions. 
A methodology for the optimal design of batch distillation processes has been pro- 
posed in this thesis. Due to the complexity of the dynamic optimisation prob- 
lem which require the consideration of integer variables and nonlinear functions, a 
stochastic solution framework based on genetic algorithm and penalty function has 
been presented and implemented with satisfactory results. 
Optimal designs and operating policies have been determined simultaneously for 
the traditional regular column with single duty, multipurpose column as well as 
unconventional columns including the inverted and multivessel columns. Through 
a number of case studies, the study has demonstrated how factors such as pro- 
duction time, capital cost, mixture allocation, relative volatility and performance 
index have a significant effect on the optimal design and operating policies of batch 
distillation. This thesis also provided for the first time, specific insights on the op- 
timal design of the multivessel system, for example how the structure (i. e. relative 
sizing of the column sections) adjusted itself optimally in accordance to different 
scenarios such as feed composition and product purity specification. 
Although the multivessel system has frequently been promoted by academic re- 
search as a more efficient alternative to the traditional batch rectifier, until now 
there has not been a more comprehensive comparison of the two configurations. 
In this thesis, the configurations are compared on the basis of their optimal de- 
sign and operation for a number of separation scenarios. The study showed that 
when a mixture with many components is to be separated, the economical benefit 
of choosing the multivessel system becomes more prominent. The reason 
for this 
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was explained in this study by considering the individual costs of capital outlay, 
operation and revenue. 
A methodology to tackle the batch distillation configuration design problem has 
been presented by expanding the genetic algorithm- penalty function framework. 
Thus, the optimal configuration, design and operating policy of the batch distilla- 
tion process have been obtained simultaneously and automatically for the first time. 
The automated configuration design methodology was successfully applied for both 
binary and multicomponent case studies. The case studies highlighted the influence 
of different separation scenarios like feed composition and ease of separation on the 
optimal configuration selection. In one case study, the configuration design results 
were verified by pin-pointing the location of the flip point where a switch in the 
optimal configuration occurs. In accordance to the comparative study conducted 
earlier, the optimisation also successfully identified the optimal configuration as 
being the multivessel system for the multicomponent case study. 
7.2 Directions for Future Research 
In this section, the limitations of this work and main recommendations for future work 
are discussed. Some broader future issues related to batch distillation research are also 
outlined. 
7.2.1 Extending This Research 
Batch distillation is a widely used separation unit operation in the fine and specialty 
chemical and biochemical processing industries, and is expected to remain a process of 
significant interest as long as these industries continue to expand. 
The overall scope of 
this research has demonstrated how advanced computer-aided modelling and optimisation 
tools can be utilised effectively to attain optimal performances and conceptual 
insights 
on such dynamic batch distillation processes. In this research, considerable progress 
has 
been made in the study of the optimal configuration, 
design and operating policy of 
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batch distillation processes in different separation scenarios. Nevertheless, there is scope 
for future work in the Mowing aspects: 
Greater Detail in Modelling 
The conceptual studies reported in this thesis were mostly based on first principle rigor- 
ous equilibrium models that took into account dynamic mass and energy balances in the 
column cascade. In the study of the complex extractive batch distillation process, the use 
of a detailed model that incorporates variable vapour and liquid stage holdups resulted in 
a more realistic and practical optimal operation of the process. There is scope to achieve 
an even more rigorous investigation by taking into account effects such as mass trans- 
fer rates (non- equilibrium), entrainment (to check flooding), weeping and downcomer 
dynamics. Additional assumptions such as perfect mixing and adiabatic operation may 
also be relaxed. The abstraction of modelling required for a particular optimisation study 
is basically dependent on the accuracy required, computational cost, the availability of 
data and the purpose of the study. For example, in chapter 4, the purpose of the study 
was to conduct a detailed optimal study of the extractive distillation process in a more 
practical scenario, whereas in chapter 6, the study was more concerned with the broader 
aspect of deciding the overall best batch distillation configuration, design and operation 
where specific data Eke internal column dimensions are yet to be decided. Thus, the 
models used reflect the purposes. Nonetheless, as mentioned in section 7.1 above, one of 
the feature of this research is the use of rigorous models in favour of simplified models 
which tend to be used in the majority of previous studies. A recent work by Greaves et 
al. (2003) proposed the use of artificial neural network process model for the optimal op- 
eration of batch distillation. This is an alternative approach to first principle modelling 
and which may prove to be more advantageous in terms of computational effort. 
Unexplored Degrees of Freedom 
In this study, a wide range of degrees of freedom was considered, culminating in the 
simultaneous consideration of configurational, design and operation variables 
in chapter 
6. For example, consideration of feed distribution and stream configuration 
in the middle 
vessel and multivessel systems led to greater insights into their performances. 
However, 
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certain possibilities still remain for further exploration. For instance, in the configuration 
design study in chapter 6, the option of withdrawal from the side vessels of the multives- 
sel column may be explored (note that this is considered in the middle vessel column in 
chapter 4). In addition to the determination of the optimal number of stages, it would 
be interesting to optimise the volume (holdup) of those stages (see Diwekar, 1988; Mu- 
jtaba and Macchietto, 1998). Although offcuts were considered in the case studies, the 
recycling of the offcuts has not been considered in this study. It is possible to incorporate 
the economics of recycling into the optimisation problem (see Christensen and Jorgensen, 
1987; Mujtaba and Macchietto, 1992 and 1993). 
The optimal design and configuration case studies in this work have been confined to 
zeotropic batch distillation. Nevertheless, the general modelling and optimisation ap- 
proach demonstrated in this study can also be applied to extractive, azeotropic or re- 
active batch distillation systems. The work in these areas are more challenging due to 
the more complicated thermodynamics and kinetics as well as the additional degrees of 
freedom to be considered like solvent feed and withdrawal locations. The use of uncon- 
ventional column configurations for these hybrid systems to tackle complex azeotropic 
separations is currently an active area of research (e. g. Warter et al., 2002, Skouras and 
Skogestad, 2002 and Rev et al., 2003). The development of an integrated approach to 
solvent selection and process design is one of the ultimate objectives of future work. 
Alternative Solution Techniques 
The optimal solutions presented in this thesis have been obtained using either the NLP 
(chapter 4) or genetic algorithm (chapters 5 and 6) techniques. However, it must be 
emphasised that these solution techniques cannot guarantee that the best solutions will 
be found. The NLP method used here has only local optimisation capability, and whilst 
the genetic algorithm approach has the potential for finding the global optimum, this can 
only be guaranteed when a very large population and a very tight convergence criterion 
is used. Nonetheless, from a practical point of view, if the solutions obtained are better 
that those that could be obtained using heuristic techniques, and can be generated auto- 
matically, for example in configuration design, then considerable progress has been made. 
However, as an extension of this work, it might be interesting to investigate the effect of 
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more complex genetic algorithm parameters tuning techniques (for example, parameter 
optimisation or adaptable parameters) on the computational efficiency, and quality of the 
solutions, of the algorithm. Furthermore, the gPROMS tool (Process System Enterprise 
Ltd., 2000) used in chapter 4 for dynamic optimisation has recently been extended to 
take into account discrete decisions using mixed integer dynamic optimisation (MIDO) 
(deterministic decomposition approach). By using this facility, it would be interesting 
(and easier) to conduct a comparative study on the two solution approaches in terms of 
computational performance and results obtained, with regards to the work in chapters 5 
and 6. 
The development of robust and efficient global optimisation techniques for mixed discrete 
dynamic systems is currently being pursued actively by various researchers (examples 
of published works include Smith and Pantelides, 1999; Adjiman et al., 2000; Liberti 
and Pantelides, 2003 and Bjork et al., 2003), thus there is a prospect of applying these 
emerging solution techniques to the batch distillation optimisation problem in the future. 
7.2.2 Broader Recommendations 
Experimental Work 
Although the optimal performance of unconventional batch distillation systems, as well 
as fairly complex processes such as extractive batch distillation, can now be analysed 
using quite rigorous conceptual optimisation study as demonstrated in this thesis, there 
is always a need for more practical experimental work. Although the use of rigorous and 
detailed models would encourage greater confidence in the solutions obtained, experi- 
mental data are required for the purpose of model validation and to verify the feasibility 
of the so-called "optimal" solutions. For example, by using a more detailed model 
in 
chapter 4, the process and economics limitation of the previously proposed middle vessel 
operating steering policy was elicited and this limitation was then indirectly confirmed 
by observations seen in the recent experimental works by Cui et al. 
(2002) and Warter 
et al. (2002) (see section 7.1.1). 
The results of this research point to the considerable benefits that can 
be achieved by 
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using unconventional configurations in cases whereby these systems are optimal. In 
addition to the conceptual optimisation work here, more pilot-plant studies on their 
practical implementation (e. g. Wittgens and Skogestad, 2000; Cui et al., 2002 and NAarter 
et al., 2002) and on-line control system (e. g. Noda et al., 2001) are needed in the effort 
to further encourage the industrial adoption of these novel configurations. 
Integrated Design 
In chapter 5, a case study of the optimal design of a multipurpose column based on overall 
economics was presented. This represents a way of tackling the issue of column flexibility 
in which the external uncertainty of changing product demand is taken into account. 
However, batch processes often encounter other internal operational uncertainties Eke 
disturbances caused by, for example, variability in feed composition or coolant flowrate, 
which must be controlled. Besides controllability, other operability issues include start-up 
and shutdown ability, safety concerns, environmental impact and maintenance. There- 
fore, it is desirable for future research to look into the integrated optimisation of batch 
distillation systems in an effort to realise not only economical, but also operable, pro- 
cesses. The integrated design of dynamic and nonlinear systems with both continuous 
and discrete variables such as batch distillation is a challenging milestone that requires 
sophisticated methodology and considerable computational power. 
Synthesis 
This thesis proposes a methodology for the simultaneous and optimal determination of 
batch distillation configuration, design and operating policy in single unit. If required, 
this may be expanded to consider a sequence of interconnnected units. The work by Sun- 
daram and Evans (1993) appeared to be the only significant attempt on batch distillation 
sequencing, until recently when the problem was revisited by Oldenburg et al. 
(2002) who 
proposed a mixed logic nonlinear programming approach for solving the problem. 
The 
ultimate aim in this area is to achieve simultaneous consideration of columns sequencing, 
design and operation. 
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Batch Versus Continuous Mode 
Although this thesis has been solely concerned with distillation processes in the batch 
mode, it is nonetheless acknowledged that the industry is also very much interested in 
the decision issues related to batch versus continuous operation. The choice of batch 
or continuous distillation should be made on both economics and plant operability (e. g. 
flexibility) grounds. Although the choice is naturally clear for certain plant capacities 
(e. g. continuous distillation for handling large volume in the oil refining sector, or a batch 
plant being suffice for processing less than 10 tons per year), there are situations whereby 
the choice should be determined case by case, based on economics. Hasebe et al. (1999) 
attempted the comparison of the batch (multivessel system) and continuous distillation 
system from an energy consumption perspective by using different performance indices 
for the multivessel system (production rate divided by vapour flowrate) and the continu- 
ous system (sum of product flowrates divided by the sum of vapour flowrates). However, 
it would be of interest for future work to consider a more comprehensive economics com- 
parison (i. e. by including all the relevent revenue, capital and operating costs, similar to 
the case studies in this thesis) and expand the comparison of the different batch systems 
(the objective of this thesis) to include the continuous system. 
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Nomenclature 
cross-sectional area 
Aholes total area of holes on a tray 
Ak cross-sectional tray liquid catchment area 
Areb cross-sectional area of reboiler drum 
C sigma multiplier 
Ccap main capital cost 
Cex installed heat exchanger cost 
Cf eed unit cost of feed 
Ci selling price of product i 
CP specific heat capacity 
CQ unit cost of heating 
Csh installed column shell cost 
C501 unit cost of solvent 
Cuty utilities cost 
D column diameter 
f corrected fitness of genome 
fave average fitness of population 
f 01 population standard deviation 
fS scaled fitness of genome 
fSUM total fitness of genome population 
F,, liquid withdrawal flowrate from middle vessel 
Fp packing factor 
m2 
m2 
m2 
m2 
$/Mol 
$/Mol 
J/molK 
s/i 
$/Mol 
m 
mol/,,; 
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Fr 
eb 
Fv R 
F,, l 
F,, 
Fw 
9 
h 
hj 
h vap 
hweir 
hI 
weir 
H 
HA, i 
HA, 
sol 
HD, i 
Hf eed 
Hf eed, i 
Hrd 
H make-up Sol 
Hs 
Htray 
K, 
K2 
K3 
lweir 
L 
Li 
Lmv 
L' 
mv 
m 
mmv 
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liquid withdrawal flowrate from reboiler M01/s 
vapour flowrate leaving the reboiler drum MOI/S 
solvent feedrate M01/s 
wall correction factor 
product withdrawal flowrate 
acceleration due to gravity 
specific molar enthalpy 
partial molar enthalpy of component 
specific latent heat of vaporisation 
weir height 
height of liquid above weir 
liquid holdup 
amount of accumulated product i 
amount of recovered solvent 
holdup in vessel i 
amount of feed 
amount of component i in feed 
liquid holdup in reflux drum 
amount of make-up solvent 
enthalpy difference between steam and liquid states 
liquid holdup in tray 
column investment cost coefficient 
reboiler and condenser cost coefficient 
utility cost coefficient 
liquid level 
weir length 
liquid flowrate 
reflux flowrate from vessel i 
reflux flowrate from middle vessel 
effective flowrate from middle vessel 
liquid holdup 
liquid holdup in middle vessel 
rnol/, q 
rn/82 
J/Mol 
J/Mol 
J/Mol 
rn 
m 
mol 
mol 
mol 
mol 
mol 
mol 
mol 
mol 
J/Mol 
mol 
m 
m 
mol/s 
mol/s 
mol/s 
mol/s 
mol 
mol 
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Mreb liquid holdup in reboiler M01 
n, number of constraints 
N number of trays 
Nb number of batches 
Nc number of components 
NJ number of control intervals 
N.. number of mixtures 
Npop number of genomes in one population 
NS number of column sections in multivessel system 
P penalty function power coefficient 
P pressure Pa 
P profit /objective function $ 
PA annual profit $/Yr 
PC probability of crossover % 
PM probability of mutation % 
PSS percentage of population overlap % 
q volumetric flowrate of liquid over weir M3 /S 
Q rate of heat transfer W 
QC rate of heat transfer in condenser W 
QMV rate of heat transfer in middle vessel W 
Qreb reboiler heat duty W 
QT total heat duty W 
R internal reflux ratio 
RB reboil ratio 
Rc random number generated for crossover operator 
RD2 liquid stream split ratio 
RD3 vapour stream split ratio 
R,,, random number generated for mutation operator 
Rs random number generated for selection operator 
t time 
t temperature K 
tf batch processing time S 
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ts batch set-up time 8 
T temperature K 
TA total processing time per year S 
U control variables 
Ud set of design decision variables 
UO set of operation decision variables 
V molar volume M3/, rnol 
V column vapour loading Mol/S 
WS mass vaporisation rate Mol/S 
x liquid composition MOI/MOI 
x differential variables 
XA, i mole fraction of main component in product i MOI/MOI 
XA, sol mole fraction of solvent in recovered solvent MOI/MO1 
Xf eed, sol mole fraction of solvent in solvent feed MOI/MO1 
XD, i mole fraction of main component in vessel i MO1/MO1 
Y algebraic variables 
Y boolean variables 
Greek Letters 
a tray vapour flow coefficient mollsPao .5 
aeration factor 
condenser vapour flow coefficient 
K penalty function 
A Wilson interaction parameter J/MO1 
A parameters of basis function 
V volume M3 
H recovery MOM 
P molar density MOI/M 
3 
0 fugacity coefficient 
OM fraction of production time allocated to mixture m S/S 
IP scale parameter 
IQ production sales revenue 
$ 
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Q objective function 
Subscripts 
A accumulator 
b batch 
BC base case 
C condenser 
cap capital 
D distillate/ divider 
ex heat exchanger 
f final 
f eed feed 
i1i component/ control interval/ constraint/ product/ column section/vessel 
k tray 
LB lower bound 
M mean 
MIM mixture 
MV middle vessel 
Q heating 
rd reflux drum 
reb reboiler 
sh column shell 
Sol solvent 
Stm steam 
T total 
UB upper bound 
Uty utility 
Superscripts 
zn 
L 
max 
inlet stream 
liquid 
specified upper bound 
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min specified lower bound 
out outlet stream 
vapour 
W withdrawal 
Appendix A 
Batch Distillation Modelling and 
Implementation 
The mathematical models used for the work as discussed in chapter 3 are presented. The 
submodels making up the batch distillation column include the reboiler, tray, condenser, 
pressure vessel, accumulator, divider and mixer (Figure A. 1). Sections A. 1.1 to A. 1.7 
Est both the detailed (used in chapters 4 and 5) and rigorous (used in chapters 5 and 
6) submodel equations. The connection of the submodels to form the overall batch 
distillation columns, as implemented in the gPROMS modelling tool (Process Systems 
Enterprise Ltd., 2000), is discussed in section A. 2. 
A. 1 Submodels 
Reboiler 
Detailed model key assumptions 
* Perfect mixing of both liquid and vapour phase 
* Phase thermodynamic equilibrium 
o Adiabatic 
* No liquid entrainment in vapour stream 
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MODELLING AND IMPLEMENTATION 238 
VI. nyhv 
c 
QC 
out L Pc Lc xc hc 
in in in Lx hL 
Pressure Vessel FReflux-j 
Model Drum 
out out out Lx hL 
------------ 
, 
ýn in 4n 
fl, x 
I- Condenser 
Column Model 
Model 
Tray k- I 
Vk L k--I Tray Model 
Tray k 00 0 
000Q 
v Liquid 0 LvI 
0000 
k k+I Catchment 
0( 
CAreuao 
Ak0 
Tray k+ 1 0000 
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Divider Model /T 
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............ .... ------------ 
weir 
Accumulator 
Model 
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h 
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Reboiler 
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In xt nj hinI -Q reb re , reb reb 
Figure A. 1: Batch distillation model 
Equations 
Molar balance on component i: 
dMi, reb _ in in pu - X' e-Y 
ýbVreb t=l,.., Nc 
dt ij bLreb - z, re 
Energy balance: 
dUreb 
in L"ll hv VR + Qreb (A. 2) 
dt = 
hreb 
reb - reb 
Liquid and vapour contributions to component holdup: 
L out V Mi, 
reb = Xi, rebMreb 
+ Yi, rebMý 
i=1,.., Nc (A-3) j 
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Liquid and vapour contributions to total internal energy: 
Ureb = hL ML reb reb + hv rebXb - Prebvreb (A. 4) 
Height of liquid in the reboiler: 
ML 
Ireb 
-L 
reb (A. 5) 
PRAreb 
Total volume constraint: 
Vreb ::::::: 
Mýb 
+ 
ML 
(A-6) Lv Preb Preb 
Equilibrium relationship: 
OY gut 
z, reb Y1, reb : -- 
OiL 
i., reb Xi, reb 
i 1, Nc (A. 7) 
Normalisation equations: 
NC Nc 
E y9ut Xi, reb i, reb 
(A. 8) 
In cases with withdrawal, Feb (chapter 4), was added to the balance equations accord- 
ingly: 
Molar balance on component i: 
dMi, 
reb _ in Tin _ 
Out Vi=1,.., Nc (A. 9) 
dt 'i, reb-LJreb 
Yi, reb reb - 
Xi, rebFreb 
Energy balance: 
dUreb 
h in L in - hv - hL (A. 10) dt reb reb rebVR 
+ Qreb - rebFreb 
Additional assumptions for the rigorous model 
9 Fast energy dynamics 
* Negligible vapour holdup 
Constant liquid holdup 
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Equations 
Molar balance on component i: 
dMi, 
reb x in ebL 
in 
bY z9, ruet 
Vr 
eb dt i, r reb 
V- 
Fast energy balance: 
in in Qreb = hrebL b- hv re reb Vreb (A. 12) 
Liquid contributions to component holdup (negligible vapour contribution): 
ML Mi, 
reb = Xi, reb reb 1,.., Nc (A. 13) 
Equilibrium relationship: 
OY gut Oý i, reb Yi, reb ': -- i, reb Xi, reb i I,.., Nc (A. 14) 
Normalisation equations: 
Nc Nc 
E Ygut (A. 15) Xi, reb i, reb 
Usual specifications 
Connection of liquid inlet stream (Lin reb) 
9 Connection or flowrate of outlet stream (Feb and Vreb) 
e Reboiler duty (Qreb) (detailed model) 
9 Reboiler boilup rate (Vreb) (rigorous model, chapter 6) 
* Operating pressure (P) (rigorous model) 
* Initial temperature T on the reboiler (detailed model) 
o Initial total liquid holdup ( mL b) 
9 Initial mole fraction of (Nc - 1) component in the liquid phase 
(Ii, reb) 
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A. 1.2 Sieve M-ay 
Detailed model key assumptions 
* Both liquid and vapour phases exist in all times 
* Perfect mixing of liquid and vapour 
* Phase thermodynamic equilibrium (Murphree plate efficiency = 1) 
* No entrainment of liquid or vapour phase 
* No weeping 
* The dynamics in the downcomer are neglected 
Equations 
Here, we consider the kth tray, counting downwards from the top of the column. 
Molar balance on component i: 
dMi, k 
':::::: Xi, k-, Lk-1 + Yi, k+lVk+l - Xi, kLk - Yt*, kVk 1,.. j Nc dt 
Energy balance: 
dUk 
=hL 
Lk-1 +hv V- hLLk - hvVk dt k-1 k+1 
k+1 kk 
Liquid and vapour contributions to component holdup: 
L Mi, k : -- Xi, kMkj + Yi, kMkV i=1,.., Nc 
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(A. 16) 
(A. 17) 
(A. 18) 
Liquid and vapour contributions to total internal energy: 
LML + hv - PkVk Uk = hk kk MkV 
Height of liquid in the tray: 
L 
lk h», + h' eir, k 
mk, 
Zwk Ak PR 
(A. 19) 
(A. 20) 
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Total volume constraint: 
Vk :: --:: 
MkL 
+ 
MkV 
(A. 2 1) Lv Pk Pk 
Equilibrium relationship: 
OiV, k Yi, k -= Ozý, k Xi, k I,.., Nc (A. 2 2) 
Normalisation equations: 
Nc Nc 
Xi, k Yi, k (A. 23) 
Liquid flowrate relationship using Francis weir formula (Perry and Green, 1984): 
L- hwez*r + h' - Oh "- 
3/2 
Lk :-1.7764 
lweirok wez'r, k) weir (A. 2-1) Fwl. 50 
where 0 is the aeration factor and F,,, the wall correction factor. 
Relationship between vapour flowrate and pressure drop across the tray (Perry and Green, 
1984): 
Pk+1 - -1 
)k --L k,,, j, + h' 
- 1/2 9ýoPk 
( 
weir, k)_ (A. 25) Vk+I --":: Pk+, Aholes apv k+1 
where a is the tray vapour flow coefficient and ýo the scale parameter. 
In the case of middle vessel and multivessel distillation models, the bottom tray and top 
tray submodel connected to the column sections (an array of tray submodels) requires 
extra terms in the balances to account for either the vapour and liquid flows, FVIL, from 
the side vessels: 
Molar balance on component i: 
dMi, k 
k-, Lk-1 +Yz», k+lVk+l -Xi, kLk -Yi, kVk- 
Y/LF VIL i=1. .. ý 
NC (A. 2 6) 
dt 
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Energy balance: 
dUk LL VIL VIL hk-, Lk-1 + hv v- hk Lk - hvVk F dt - k+l k+l k-h 
Additional assumptions for the rigorous model 
9 Fast energy dynamics 
" Negligible vapour holdup 
" Constant liquid holdup 
Equations 
Molar balance on component i: 
dMi, k 
: -- Xi, k-, Lk-1 + Yi, k+lVk+l - Xt', kLk - Yi, kVk i=1,.., Nc dt 
Fast energy balance: 
hL Lk-1 + hv V= hLLk + hvVk k-I k+l k+l kk 
Liquid contributions to component holdup (negligible vapour contribution): 
ML Mi, k -::::: -Ii, k k i=1,.., Nc 
(A. 27) 
(A. 28) 
(A. 29) 
(A-30) 
Flowrate balance: 
Lk-1 + Vk+l = Lk + Vk 
Equilibrium relationship: 
OzV Yi, k -= 
Oý X', k 1,.., Nc 
,ki, 
k z 
Normalisation equations: 
Nc Nc 
Xz*, k Yi, k 
(A. 31) 
(A 
.3 2) 
(A. 33) 
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Usual specifications 
* Tray geometry (Vk, hweir i lweir i Ak, Aholes) 
* Tray characteristics (ýp, Fý,,, ý, a) 
* Connection or flowrates of two inlet streams (Lk-1, Vk+I) 
9 Connection or flowrates of one outlet stream (Vk) 
* Operating pressure (P) (rigorous model) 
* Initial temperature T on the tray (detailed model) 
Initial total liquid holdup (ML) k 
* Initial mole fraction of (Nc - 1) component in the liquid phase (Xi, k) 
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A-1.3 Condenser 
Detailed model key assumptions 
* Total condensation 
* No pressure drop along the condenser 
* No subcooling 
* Molar balance 
Equations 
Molar balance on component i: 
Yi, c = Xi, c i=I,.., Nc (A-34) 
Molar balance: 
in L"t c 
Vapour flow relationship for a tray column (Perry and Green, 1984): 
Vin C 
OW: PC) 
where 7 is the condenser vapour flow coefficient. 
Energy balance: 
L out h, VVC" = hcLc + Qc 
Equilibrium relationship: 
OV -yi, C = OL XC i, c i, C i=1,.., Nc 
(A-35) 
(A-36) 
(A. 37) 
(A-38) 
Normalisation equation: 
Nc 
(A 
. 39) 
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Rigorous model 
-uin - The flowrate into the condenser, vCý is a specified degree of freedom. Hence, the equa- 
tions are similar to the detailed model above with Equation A. 38 dropped. 
Usual specifications 
C Connection of the inlet stream (Vin) 
* Condenser vapour flow coefficient (-y) (detailed model) 
* Condenser vapour loading (Vc") (rigorous model) 
* Condenser pressure (P) 
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A. 1.4 Pressure Vessel 
ut h out v 
Q 
----------------- 
Lw xwe 
---------------- 
ut out hL 
Figure A. 2: Pressure vessel 
Detailed model key assumptions 
* Both phases are perfectly mixed 
* Phase thermodynamic equilibrium 
o Adiabatic 
Equations 
Molar balance on component i: 
dMi 
XýnLin - x9'tLout + yinVin - qutVout i=1,.., Nc dt YZ 
Energy balance: 
dU 
hinLin - OutLout + hinVin - h'utVout dt LLvv 
Liquid and vapour contributions to component holdup: 
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(A. 40) 
(A. 4 1) 
M= XoutML + youtMV Nc 
(A. 42) 
izz 
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Liquid and vapour contributions to internal energy: 
U= h"tML + h"tMv - Pv Lv 
Total volume constraint: 
Height of liquid in the vessel: 
Equilibrium relationship: 
ML MV 
-+ Lv 
ML 
p LA 
Ygut Xgut IIi= 17, Nc 
Normalisation equations: 
Nc Nc 
Xgut Yý)Ut 
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(A. 43) 
(A. 44) 
(A. 45) 
(A. 46) 
(A. 47) 
This pressure vessel model is used for the middle vessel in chapter 4. It is also used for 
the reflux drum, in which case the vapour streams are dropped (Vln and Vout). In both 
the middle and reflux vessels, the outlet liquid flowrate is set equal to the inlet liquid 
flowrate (Lin = Lout). 
In the case where an additional liquid withdrawal stream, Lw, and heating, Q, is included, 
these are added to the balance equations: 
Molar balance on component i: 
dMi in in ! nVin = xi L X'j? 't Lout - y9utV'ut - xy'L' i=1,.., Nc (A. 48) dt +Xzz 
Energy balance: 
dU inLl' - h"tL"t + hinVin - h"tV"t - h'L' +Q 
(A. 49) 
dt = 
hL Lvv 
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Additional assumptions for the rigorous model 
o Fast energy dynamics 
* Negligible vapour holdup 
* Constant liquid holdup 
Equations 
Molar balance on component i: 
dMi 
- x"Lin - x? 'tL"t i=l,.., Nc (A. 50) dt Z. Z 
r- 
I-ast energy balance: 
h inL" = h"tL"t LL 
Liquid contributions to component holdup (negligible vapour contribution): 
Mi= XqutML i=lj ... N 
(A. 52) 
zc 
Equilibrium relationship: 
y1put Xgut i=1,.., Nc (A. 53) 
Normalisation equations: 
Nc Nc 
Xgut Ygut (A. 54) 
The rigorous pressure vessel model is used for the reflux drum as well as the intermediate 
vessels in the multivessel column model. Again, the outlet liquid flowrate is set equal to 
the inlet liquid flowrate (Lln = Lo't) for both cases. 
Usual specifications 
* Connection of the inlet streams (Lln, Vin) 
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* Flowrate of outlet liquid (L") 
* Initial temperature T in the vessel (detailed model) 
* Initial total liquid holdup (ML) 
* Initial mole fraction of (Nc - 1) component in the liquid phase (x9't) 
A. 1.5 Accumulator Model 
The model of the accumulator is similar to that of the pressure vessel model, except that 
there is no flows leaving the unit, i. e. L'ut = Vout = 0. 
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A. 1.6 Stream Divider 
Model key assumptions 
No change in temperature and composition 
No pressure drop through the divider 
Equations 
Molar balance: 
Split ratio definition: 
Fin = F"t + F"t 12 
Fout 
Fin 
(A. 55) 
(A-56) 
Inlet and outlet relationship: 
pin = pout pout 12 
Tin = Tout Tout 12 
hin = hj 't = 
h2 ' 
1-2 
Xýn = X(? Ut = X(? Ut Nc 3 3,1 3,2 
Usual specifications 
in, pin in, xiyl Connection or specification of the inlet stream (F ,Tj 
(A-57) 
(A. 58) 
(A. 59) 
(A-60) 
e Split ratio (R) 
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A. 1.7 Streams Mixer 
This submodel is used to introduce solvent into the batch distillation column (chapter 
4). 
Sol Sol 1 Fy wo 
pn Xin gn 
Solvent 
lut out out Fo xh 
Model key assumptions 
o Perfect mixing 
Figure A. 3: Stream mixer 
9 No pressure drop through the mixing 
Equations 
Molar balance: 
F"tx'? ut = Finxin + F"1201 (A. 6 1) ti2 
Energy balance: 
F"th"t = Finhin + F"lh"l (A. 62) 
Normalisation equations: 
Nc Nc 
XýUt Sol I X1 . 
(A. 63) 
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Outlet pressure: 
pout = Pin 
Usual specifications 
(A-64) 
Connection or specification of the inlet streams (Fin, pin, Tin, xip; Fs", Psol, 3 
Xý01 T"' 
73 
A. 2 Batch Distillation Model Development 
The model is implemented using the gPROMS modelling tool (Process Systems Enter- 
prise Ltd., 2000). The overall batch distillation column model is constructed by using 
the instances of the reboiler, tray, condenser, pressure vessel, accumulator, divider and 
mixer submodels and connected accordingly depending on the configuration needed. As 
an example, the schematic of the batch distillation model used in the study of extractive 
distillation in the middle vessel configuration in chapter 4 is shown in Figures A. 2. The 
rectifying, extractive and stripping column sections are arrays of the tray submodel. 
The mathematical model for a batch distillation column forms a set of ordinary differ- 
ential and algebraic equations (DAEs). For integration of the DAE system, a consistent 
set of initial conditions is required. For each tray, reboiler, reflux drum and accumulator, 
there are NC +I differential variables which arise from NC dynamic component material 
balances plus a dynamic energy balance. By choosing an appropriate set of specifications, 
the resulting DAE system is of index 1, and the number of initial conditions must be 
NC +I for each unit. A practical and consistent set of initial conditions includes initial 
values for the mole fractions of NC -1 components in the liquid phase, the total 
liquid 
holdup and the temperature in each unit. In the rigorous model, the dynamic energy 
balance is replaced with the simpler fast energy balance, thus, the need to specify as 
initial temperature in each unit is eliminated thus making the model independent of the 
sensitive variable and more robust during initialisation. The decision variables 
involved 
in batch distillation are discussed in section 1.3 (chapter 1). 
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Figure A. 4: Schematic of extractive batch distillation in a middle vessel column 
Appendix B 
General Dynamic Optimisation 
Problem Statement 
The general form of the dynamic optimisation problem for batch distillation is outlined. 
B-1 Model 
The mathematical model describing batch distillation operations (section 3.1), and used 
for the purposes of optimisation, has the general form: 
(x (t), 4t), y(t) , u(t) ývý t) =0 Vt C 
[0, tfl (B. 1) 
x(t) and y(t) are the differential and algebraic variables respectively, both of which are 
functions of time t. Typically, x(t) represents component molar holdups and internal 
energy while y(t) represents compositions, flowrate, temperature and pressure. The con- 
trol variables u(t) represent time-dependent decision variables (e. g. reflux ratio) while v 
are time-invariant parameters that may represent, for instance, reboiler heat duty if it is 
kept constant throughout the operation. 
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B. 2 Initial Conditions 
The initial conditions required for initialisation of the DAE system are of the general 
form: 
-;. (0), y(0), u(0), v) =0 (B. 2) 
The values of the initial holdups, temperatures and compositions throughout the column 
may represent suitable initial conditions. All of these are algebraic variables in our case. 
Therefore, the initial conditions used are of the simpler form: 
Xo) - ýo 
=0 (B -3) 
where ý represents a subset of the algebraic variables y, and ýO are given initial values. 
B. 3 Constraints 
There are usuaRy different types of constraints which need to be satisfied 
straints, which hold at all times, may generally be represented as: 
u (t), v, t) :ý0 Vt E [O, tf] 
Path con- 
(B. 4) 
For instance, the liquid holdup in the reboiler drum must not exceed the maximum level 
(to avoid over-filling) nor fall below a minimum level (for instance to prevent 
damage to a 
heating coil) at any time throughout the operation of the column 
(for example, Equation 
4.9 in chapter 4). 
Constraints which hold at a particular instant in time, tA, are referred 
to as point con- 
straints, and these have the following general 
form: 
9(X(tA), ý(tA)j Y(tA)j U(tA), Vý 
W<0A=1,2j.. (B. 5) 
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Of particular interest are constraints that hold at the final time, tf. ( "end-point- con- 
straints) such as specifications imposed on the purities and quantities of the products 
(for example, Equation 4.5 in chapter 4): 
k(x(tf),. -ý(tf), y(tf), u(tf), v, tf) <0 
BA Bounds 
(B. 6) 
There are also bounds on the control variables and on the time-invariant parameters, 
which define the optimisation search space: 
U nun < U(t) < Umax Vt E [Oitf] (B. 7) 
v min <V< vmax (B. 8) 
For instance, the internal reflux ratio must lie between 0 and 1 (0 < R(t) < 1). 
There may also be limitations on the batch processing time: 
tnun < tf < tmax (B. 9) i-f 
B. 5 Objective Function 
The objective function is generaHy of the form: 
min (b (x (tf ), -ý 
(tf ), Y(tf ), u(tf ), v, tf ) (B. 10) 
Some problems of practical interest involve objective 
functions expressed in terms of 
integrals of the form: 
10 tf 
xp(x(t), i(t), y(t), u(t), v, t)dt 
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However, these can always be reduced to form (B-10) by defining a new variable -, (t) ý'ia 
the differential equation: 
Cý = IF (x(t) 7 jý(t) 7 Y(t), U(t) 7 V, t) ; W(O) =0 
which allows the above integral to be replaced by w(tf ). 
B. 6 General Optimisation Problem Statement 
(B. 12) 
The general dynamic optimisation problem formulation for batch distillation may be 
summarised as follows: 
min (D (x(tf),, ý, (tf), y(tf), u(tf), v, tf) (B. 13) 
subject to 
f (X (t) ý 4t) ý Y(t) , u(t) ,v, t) =0 
I(x(O), 40), y(0), u(0), v) =0 
h(x(t), ý(t), y(t), u(t), v, t) <0 
g(X(tA), y(wý u(tX)l vý tx) <0 
k(x(tf ), ýb(tf ), y(tf ), u(tf ), v' tf )<0 
U min < U(t) < Umax 
v min <V< Vmax 
tmin < tf < Imax f--f 
vt C [0, tf] (B. 14) 
(B. 15) 
Vt G [0, tfl (B. 16) 
(B. 17) 
(B. 18) 
Vt C [0, tfl (B. 19) 
(B. 20) 
(B. 2 1) 
Appendix C 
Genetic Algorithm Parameters 
Tuning 
CA Tuning Procedures 
This appendix presents a sensitivity analysis in order to investigate the effect of different 
genetic algorithm parameters on the performance of the genetic algorit hm- penalty func- 
tion framework as used in the batch distillation optimisation in chapters 5 and 6, and 
shows how suitable values for these parameters can be obtained. The investigation of 
the parameters sensitivity below is based on design case study I (the details of the case 
study are presented in chapter 5.6.1). 
One of the major drawbacks of genetic algorithm is the need to determine the algorithm 
parameters in order to obtain an acceptable performance, i. e. in terms of efficacy in 
obtaining better results, and efficiency for faster convergence. A survey of the open fiter- 
ature suggests that theoretical considerations have been carried out in order to link the 
population size with the number of variables of the optimisation problem, and a huge 
amount of experimental work has been done to better tune mutation and crossover rates. 
Nonetheless, the tuning operation cannot be made once and for all, but in principle it 
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needs to be conducted ad hoc for each specific problem at hand, e. g. the batch distilla- 
tion design problem in this research where the genetic algorithm approach has not been 
apphed before. 
The general procedure is to firstly obtain good initial guesses for these parameters based 
on general heuristics and rules of thumb (Golberg, 1989), or from experience of similar 
chemical engineering applications (e. g. Marriott et al., 2000 etc. ). For example, most 
of the applications in various fields, including outside chemical engineering problems, 
points to high crossover rates and low mutation rates, e. g. above 70% and below 20%, 
respectively, which in a sense mimic the natural biological conditions from which the 
algorithm is based upon. This should be followed by proper tuning of the parameters and 
this process is conventionally achieved either through a sensitivity analysis, as presented 
in this study, or parametric oPtimisation, which is more complicated. 
C. 2 Population Size and Overlap Percentage 
Lewin et al. (1998) found the genetic algorithm to be insensitive to the population size 
provided that it is not very small. Garrard and Fraga (1998) also studied the effect of 
population size and overlap percentage and for the range considered, Np,, p E [10,100] 
and P,, E [25%, 75%], respectively, there was very little effect on the average of the best 
solutions based on a number of runs. The higher the population size and percentage 
overlap, the better is the standard deviation from the optimum solution value in each of 
the runs, but at a higher computer cost. Hence it can be concluded that the decision is 
basically a trade-off between the quality and reliability of the solution and the computer 
cost, so long that a critical mass of population size is established. Figure C. 1 shows the 
effect of varying the population size with all the other parameters fixed (fixed at values 
given in Table C. 2). The figure clearly indicates that for the batch distillation design 
problem, a critical population size is required to support the algorithm. A population 
size less than 100 will result in suboptimal solutions, e. g. the fitness function solution 
for a population size of 50 (33692 $/yr) is around 60% lower than the optimal solutions 
obtained using population sizes 100 and 150. This is despite the fact that the same 
number of generations are needed for convergence (228,237 and 232, respectively). 
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Figure C. I: Best fitness function and number of iteration for different populatioii sizes 
C. 3 Penalty Function Coefficient 
The penalty function is an approach used to handle constraints whereby the severity 
of the penalty placed on violated constraints has to be chosen a priori. Table CA and 
Figure C. 2 show the effect of the penalty function coefficient, pi, on the handling of 
the constraints. If the coefficient is set too low, the genetic algorithm produces a batch 
distillation design that does not statisfy the separation duty, e. g. a constraint violation 
of 44% when pi is set to 1. The overall violation (taken as the sum of the constraints 
Penalty Function 
Coefficient, pi 
Purity Achievedt 
(mole fraction) 
Constraints Violation Overall 
Violation 
Generation 
Converged 
1 [0.518] [0.855] [0.979] [-42.1] 0-9] 1-1] -44.1 27 9 
6 [0.8911 [0.857] [0.980] 0.4] 0.7] 1.0] -2.1 229 
7 [0.895] [0.863] [0.989] [0 110 11- 0.11 -0.1 228 
8 [0.897] [0.863] [0.988] [+ 0.2] 0] [- 0.2] 0 219 
9 [0.898] [0.858] [0.990] [+ 0.3] 0.6] [0] -0.3 131 
20 [0.894] [0.877] [0.992] 0.1] [+ 1.6] [+ 0.2] +1.7 124 
constraints specification [0.895,0.863,0.990] 
Table CA: Effect of penalty function coefficient on the handling of constraints 
C. GA Tu. NING 262 
160000 
140000 
120000 
1 ooooo 
80000 
(n 
Z 
LL 60000 
40000 
20000 
0 
-- - -- - ----------------------- --- --- ---------- - 
Pi =1 
-Pi =1 
Pi =6 
-Pi =7 
-Pi =8 
. Pi =9 
. Pi = 20 
Pi 9 Pi 8 
Pi 20 
Pi =7 
Pi =6 
0 50 100 150 200 250 300 
Generation 
Figure C. 2: Fitness function evolution for different penalty function coefficient values 
violation) is reduced as the penalty function coefficient is increased. On the other hand, if 
the coefficient is set too high, the genetic algorithm converged prematurely on any feasible 
solution it can find, e. g. when pi is set at 20, the algorithm converges prematurely at 
the 124th generation, compared to more than 200 generations for pi set at 8 and lower. 
From this analysis (i. e. this case study problem), a coefficient of 8 is found to be the 
right balance for sufficient constraint checking and global solution. 
CA Mutation and Crossover Rates 
The fitness function evolution profiles of Figure C. 3 clearly illustrate the effect of the 
mutation rate on the performance of the genetic algorithm for a fixed crossover rate of 
75% (Lewin et al., 1998 and Garrard and Fraga, 1998). High mutation rates (e. g. P, 
= 90% or P,,, = 100%) reduces the power of the algorithm and basically causes 
it to act 
like a random search. On the other side of the spectrum, a genetic algorithm with no 
exploration capability at all (e. g. P, = 0%) causes it to be trapped in the 
local area of 
the best solution found and to converge early to a sub-optimal value. In this particular 
analysis (see Figure C. 3), a mutation rate of 10% is found to give the 
best performance as 
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Figure C. 3: Fitness function evolution for different mutation rates 
it returns the highest fitness function value from a fewer number of population evolution 
(compared to mutation rates of 20% and 30%). 
C. 5 Conclusions 
Based on the sensitivity studies presented above, a general guideline is now available for 
appropriate algorithm parameter values in batch distillation optimisation. The values of 
the parameters used in this work are as listed in Table C. 2. Note that the sensitivity 
trials presented above were based on a single batch distillation problem (case study I 
of section 5.6.1), hence further parameter values adjustment may be needed when the 
size or complexity of the batch distillation problem itself varies widely from case to case. 
Nonetheless, of the six genetic algorithm parameters concerned, the population overlap, 
Pss, mutation rate, P, crossover rate, P, and termination criterion, Pconverge, are rel- 
atively less critical in terms of fine-tuning compared to the population size, Np, p and 
penalty function coefficient, pi. This is because the values of P,,, P,, P, and Pconverge I 
as listed in Table C-2, are typical values which have been used and shown to be effec- 
tive in most genetic algorithm applications on a wide range of problems including those 
50 100 150 200 250 300 350 400 Generation 
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Population size, Np, p 
Population overlap, P,, 
120,150 (in chapter 5 and 6, respectively) 
70% 
Penalty function power coefficient, pi 8 to 15 (various cases) 
Mutation probability, P,, 10% 
Crossover probability, P, 75% 
Convergence percentage, Pconverge 95% and 90%t (in chapter 5 and 6, respectively) 
T to population average and to the population best of the previous 30 generations 
Table C. 2: Genetic algorithm parameters used in this work (chapters 5 and 6) 
outside of the chemical engineering field. This has also been confirmed by the sensitivity 
analysis conducted in this study for the batch distillation problem. In contrast, the pop- 
ulation size, Np, p and penalty function coefficient, pi, parameters are more specific to a 
particular problem, and therefore should be specified more carefully. For example, the 
population size, Np, p, was increased to 150 (see Table C. 2) in chapter 6 where the optimi- 
sation problem was enlarged to include configurational variables. The penalty function 
power coefficient, pi, was adjusted accordingly for cases with a higher purity (hence, 
tighter) constraints specification. Therefore, in this study, some ad hoc decision-making 
is retained despite the sensitivity analysis. A simple guideline for obtaining the genetic 
algorithm parameters is given in Figure CA. 
As a suggestion for future work, a possible approach for more rigorous tuning of the 
algorithm parameters is to try to automate the adaptation of the parameters to the 
specific problem at hand and one of the approaches that have been proposed to this end, 
is self-adaptation (Wick and Schutz, 1996). This self-adapting mechanism updates the 
parameters periodically over a fixed period of progress of the search. 
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Set at -- 120% of Nc POP 
Set Penalty Function Coefficient, pi 
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at high values 
----------------------------- 
Final parameter values 
---------- 
ain 
--------------- 
Figure C. 4: General guideline for genetic algorithm parameters determination 
Appendix D 
Optimisation Computational 
Statistics 
Here, a sample of computational statistics on the solution of some of the optimisation 
problems addressed in this thesis are presented. Both nonlinear programming and genetic 
algorithm data are considered. All the computations reported were performed on an IBM 
RISC System/6000 computer workstation with 128 Mb of RAM running under the AIX 
4.3.3 operating system. 
D. 1 Nonlinear Programming Computational Considerations 
The computational statistics for the oPtimisation runs in Case I of chapter 4 are sum- 
marised in Table D. I. The computational times required for the solution of this sample 
of optimisation runs is in the order of 1.5 hrs to 4 days. The difference in computational 
effort is due to the number of optimisation variables, the size of the underlying DAE 
model and the initial guesses of the decision variables supplied to the NLP algorithm 
at the start. Note that the statistics recorded in Table D. 1 is for the final run of the 
optimisation - in cases where optimisation failure occurred, the optimisation is restarted 
using the last point before the failure as the initial guess for the new run and this is 
repeated until an optimal solution is reached. The total solution time may therefore in 
some cases be much longer. 
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Column Regular Middle Vessel 
Feed location a a b C 
Number of Optimisation Iterations 53 511 42 7 
Number of Line Search Steps 170 >999 204 19 
% CPU Time Spent on State Integration 55.3 66.5 64.9 41.1 
% CPU Time Spent on Sensitivity Integration 44.7 33.5 35.1 58.9 
CPU Ratio of Sensitivity and 
State Integration/ State Integration 3.6 3.9 3.7 5.5 
Computational Time (hrs) 7.7 94.7 8.0 1.5 
Table D. I: Sample summary of computational statistics for NLP optimisation cases 
D. 2 Genetic Algorithm Computational Considerations 
Table D. 2 shows the computational statistics for the stochastic optimisation run of the 
case study scenario I in chapter 5.6.1. Note that 188 generations with 15 912 func- 
tion evaluations, i. e. model integrations, were required to achieve convergence. The 
mean fitness, i. e. the objective function, of the population increased from 61 239 ($/yr 
loss) to 97 230 ($/yr profit). Figure DA shows that the progress of the algorithm is 
rapid initially with both the best and mean fitness of the population climbing steeply. 
However, the progress became slow towards a steady state. The optimisation duration is 
about one week with the majority of the computation time spent on function evaluations. 
In contrast, the optimisation duration for each run of case study scenario III in chapter 
5.6.3 is less than one day on the same machine used in case study I. This is due to faster 
simulation associated with the simpler model as well as faster convergence (< 25 gener- 
ations) compared to case study scenario I above. 
Generally, the computational times for the genetic algorithm runs for all cases covered in 
chapters 5 and 6 is in the order of 1 to 7 days depending on the number of optimisation 
variables, the size of the underlying DAE model and the parameters used in the genetic 
algorithm (see Appendix C), in particular the population size and termination criterion. 
The CPU time spent on the genetic algorithm is negligible compared to the M. ' time 
spent on the model integration, thus the size and complexity of the underlying 
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Number of generations 
Number of genome evaluations 
Mean fitness in initial population 
Maximum fitness in initial population 
Mean fitness in final population 
Maximum fitness in final population 
188 
15 912 
-61 239 
3088 
92 372 
97 230 
Table D. 2: Sample summary of computational statistics for a GA optimisation case 
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Figure D. I: Fitness function evolution 
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model is the predominant factor affecting computational cost. The genetic algorithm 
technique offers the opportunity for parallel processing to reduce computational time, 
however, this was not considered in this work. 
Appendix E 
Simulation of Extractive Batch 
Distillation 
A simulation test of extractive distillation in a regular column with operation steps similar 
to the ones given by Lang et al. (1994) has been undertaken (see Table EA for the case 
study information): 
1. Operation under total reflux (R = 1) without solvent feeding (Fol = 0). 
2. Operation under total reflux (R = 1) with solvent feeding (F,, l = 0.05 mol/s). 
3. Operation under finite reflux (R = 0.9) with solvent feeding (F,, l = 0.05 mol/s). 
Acetone product cut is obtained overhead. 
4. Operation under finite reflux (R = 0.9) without solvent feeding (F,, l = 0). Methanol- 
rich cut obtained overhead while the solvent is concentrated in the reboiler. 
The first two steps were operated for a duration of 1000 s each. The third step was 
terminated when the acetone product purity fell below 0.95 mol%. The operation is then 
stopped when the purity of the solvent in the reboiler drum reaches 0.99 MoM 
The 
reboiler duty was set at 5 kW and there was no subcooling in the condenser operating 
at atmospheric pressure. 
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Lang ef al. (1994) 
(Pilot Plant) 
This Work 
(Simulation) 
Column diameter 
Number of trays 
Feed charge 
Solvent flowrate 
Reboiler volume 
Reboiler duty 
97 mm 50 mm' 
32 2 301 
91 ? -li 150 mol* 100 mol 
2.0 llhr ý-ý 0.03 mol/s* 0.05 mol/s 
12 1 ý-0 0.012 M3* 0.015 m3 
1.5 kW 5 kll, '- 
Batch operation time (hr) 4 
Acetone product purity (mol%) 96.0 
Acetone product recovery (mol%) 82.0 
2.4 
95.0 
92.3 
1 based on our laboratory column ;2 bubble cap trays; * Sl units estimation,, 
Table E. I: Scale comparison of an experimental work and this work 
As can be seen in Figure E. 1a (after 1000 s), by the end of the first total reflux step the 
distillate composition reaches that of the binary azeotrope (78 Mo1% of acetone). With 
the introduction of the solvent, the concentration of methanol decreases rapidly in the 
distillate composition due to the adsorptive effect of the water. At the end of this second 
step (1000-2000 s), the acetone purity reaches its maximal value (above 0.95 Mol%). Col- 
lection of the high purity acetone is conducted during the third step (2000-5282 s). In the 
final step (5282-8574 s), methanol is withdrawn leaving high purity solvent in the reboiler. 
The temperature profile of the column as shown in Figure E. 1b is similar to the pilot 
plant observations of Lang et al. (1994). It can be seen that after the start of solvent 
feeding at the beginning of step two, the bottom temperature is lower than the temper- 
ature of the extractive trays. This is because as the solvent is introduced at the 
6th tray, 
the concentration of solvent increases more rapidly on these trays as they are nearer 
to 
the solvent feed point and their holdups are much smaller than the 
holdup in the reboiler. 
The switch from step 3 to step 4 (at 2000 s) of the operation 
is determined by the dete- 
rioration of the distillate quahty (below 0.95 mol%). 
As can been seen, the approaching 
decrease of distillate quality is indicated in advance by the steep rise of 
the temperatures 
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Figure E. I: Simulated distillate composition and column temperature profiles 
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of the extractive plates, firstly the tray at the bottom, followed by the 28th and 12th tray. 
This indication can be used for the prediction of the end of the third step production 
period, e. g. for control purposes. 
In conclusion, the general behaviour of the column profiles (Figure E. 1) and simulation 
results (Table E. 1) is verified with the pilot-plant experimental observation by Lang (t 
al. (1994) (a rigorous validation of the model against real process data is beyond the 
scope of this study). 
Appendix F 
Additional Results for Chapter 4 
The product and solvent purities obtained for the different cases considered in chapter 4 
are presented in the following tables: 
Column Regular Middle Vessel 
Feed Location a 
La 
b c 
Acetone 
Solvent 
93.0 
99.0 
93.0 93.0 
99.0 
93.0 
Table F. 1: Product purities (mol%) obtained for case study I (see Table 4.7) 
Column Configuration Regular Middle Vessel 
A B C D Optimal 
Acetone 93.0 93.0 93.0 93.0 93.0 93.0 
Methanol 93.0 93.0 93.0 93.0 93.0 93.0 
Solvent 99.0 99.0 99.0 99.0 99.0 99.0 
Table F. 2: Product purities (mol%) obtained for case study 11 (see Table 4.8) 
Colurrm Regular Middle Vessel 
Simple Configuration 
Middle Vessel 
Optimal Configuration 
Feed composition t 0.25, 0.50, 0.75, 0.25, 0.50, 0.75, 0.25, 0.50, 0.75, 
(molf raction) 0.75 0.50 0.25 1 1 0.75 0.50 0.25 1 1 0.75 0.50 0.25 
Acetone 93.0 93.0 93.0 93.0 93.0 93.0 93.0 93.0 93.0 
Methanol 93.0 93.0 93.0 93.0 93.0 93.0 93.0 93.0 93.0 
Solvent 99.0 99.0 99.0 99.0 99.7t 99.0 99.0 99.0 99.0 
texceeds specification 
Table F. 3: Product purities (mol%) obtained for case study III (see Table 4.9) 
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In almost all the cases, the results above indicate that optimal operations of extractiý'e 
batch distillation involve the products and solvent being purified to just their required 
minimum specifications, i. e. 93 mol% for the products acetone and methanol and 99 
mol% for the solvent (water). This is in concordance to economics expectation whereby, 
in order to maximise the profitability objective function, no operational effort (in terms 
of higher reflux or longer batch processing time) is wasted to produce products above the 
required minimum purities. 
Appendix G 
Derivation of Objective Function 
for Batch Distillation Design 
Economical design is a trade-off between lower capital and operating costs against higher 
production revenue, thus the objective function must be formulated to encapsulate all of 
these costs. 
In this work, the production sales revenue for each batch is given by: 
Nc 
T CiHi(tf) - CfeedHfeed (G. 1) 
where Ci and Cf eed represent the unit costs of product 
i and feed, respectively, and H, 
and Hf eed the quantity of on- specification of product 
i collected and feed, respectively. 
The revenue per unit time is obtained by dividing the batch processing time, tf, plus the 
set-up time for each batch, t, as follows: 
Tt = 
(EýcjCjHj(tf) 
- CfeedHfeed TA (G. 2) 
tf + ts 
where TA is the total time available for processing per year, thus 
Tt is revenue per annum. 
The total annual costs associated with a batch distillation column 
includes installed 
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equipment capital costs and operational utilities cost. Using Guthrie's correlations (Dou- 
glas, 1988), the installed cost of a distillation column shell can be written as: 
Csh :: --:: Csh, BC 
(N)0.862 (D)1.066 
(G 
-3) NBC DBC 
where N is the number of trays, D is the diameter of the column and BC represents 
the base case column from which the Guthrie's correlation is obtained. Assuming the 
column diameter varies as the square root of the column vapour loading, D 0C VIV- 
(Douglas, 1988), Equation G. 3 can be written as: 
Csh " Csh, BC 
(N)0.802 (V)0.533 
(G. 4) 
NBC VB C 
Apart from the column shell, the column reboiler and condenser would also contribute 
significantly to the installed equipment cost of batch distillation. 
Guthrie (Douglas, 1988) proposed that the annual installed costs of a heat exchanger be 
written as: 
Cex 
-::::: 
Cex, BC 
(A)0.65 
ABC 
(G-5) 
whereby the heat exchanger area, A, can normally be calculated from the equation: 
VCpAt = UAAT, (G. 6) 
where At is the temperature difference of the reboiler or condenser 
fluid and AT, is the 
mean temperature difference across the heat exchanger apparatus. 
Assuming constant 
values of heat capacities, Cp, and overall heat transfer coefficient, 
U, substituting .4 in 
Equation G. 5 with G. 6 gives: 
Cex ý::::: Cex, BC 
VAtATm, BC 
0.65 
(G. 7) (VBCAtBCA, 
Tm) 
If the stream temperatures are fixed, a simple model 
for the heat exchangers costs in 
terms of flows can be obtained: 
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Cex 
--:: 
Cex, BC 
(v)0.65 
(G VB C 
The main operating cost in batch distiflation is utilities cost, e. g. steam for the reboiler 
and cooling water for the condenser. In the simplest case, the following correlation can 
be used: 
Cstm ::::: Cstm, BC- 
ws 
(G-9) 
WS, BC 
Then from a heat balance we find 
VCPAt = WSAHS (G-10) 
where WS is the mass vaporisation rate and AHS is the enthalpy difference between the 
steam and liquid. Substituting G. 10 into G. 9 and similarly, for fixed temperatures: 
Cstm Cstm, BC 
V (VBC) 
(G. 11) 
The cooling water utility cost, C,,,, can be correlated is a similar way, and the total utility 
cost can be represented by: 
Cuty ::::::: Cuty, BC 
V 
(G 
- 
12) 
(VBC) 
Equations G. 4, G. 8 and G. 12 can be written respectively as: 
Csh = KiN 
0.802VO. 533 (G. 13) 
Cex = K2 VO. 
65 (G. 14) 
C,, ty = 
K3V (G - 15) 
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where the value of the correlation coefficients K1, K2 and K3 can be calculated according 
to a base case column: 
Csh, BC (G. 16) K NO. 802T/, 0.533 BC " BC 
Cex BC K2 ýý'65 (G - 17) VBO *C 
K3 _ 
Cuty, BC 
(G-18) VB C 
The objective function of the simultaneous batch distillation design and operation prob- 
lem is set up as profit per unit time, i. e. given by the production sales revenue minus the 
total capital cost and utility cost. Mathematically, the objective function can be written 
as: 
Tt - (Csh + Cex) - Cuty 
(G. 19) 
Substituting Equations G. 2, G. 12, G. 14 and G-15 into G-19: 
c 0.802V0.533 VO. 65 1 
CiH'(tf) - CfeedHfeed p. i=l Z 
tf + t, 
) 
TA - 
(K1N + K2 )- K3 V (G. 2 0) 
if 
Elm W. -ýT-qg 
